
On-site Pure Hydrogen Production 
in a Catalytic Membrane Reactor 
by Ethanol Steam Reforming

Doctoral Thesis

Ali Hedayati
POLYTECHNIC UNIVERSITY OF CATALONIA
ECOLE DES MINES DE NANTES
Barcelona, 2016



Universitat Politècnica de Catalunya BarcelonaTECH 
Institut de Tècniques Energètiques 

On-site Pure Hydrogen Production in a Catalytic 

Membrane Reactor by Ethanol Steam Reforming 

Doctoral Thesis 

Ali Hedayati 

Supervised by: 

Dr. Jordi Llorca Piqué 

Dr. Olivier Le Corre 

Dr. Bruno Lacarrière 

SELECT+ Erasmus Mundus Joint Doctoral Program 

http://www.upc.edu/?set_language=en
http://inte.upc.edu/




 

 

 

 

 

 

 

 

 

 

 

 

 

My heartfelt thanks go to my beloved parents and sister for believing in me and for their 

unconditional support through all the years that I have been away from home for my 

studies.  

 

To them, I dedicate this work. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



Acknowledgments 

  

I would like to express my greatest thanks to the following persons and organizations for 

their contribution:  

 

The SELECT+ EMJD Doctoral Program for the scholarship and making it possible for me 

to pursue my academic career through a PhD. 

 

My supervisors, Professor Jordi Llorca at Universitat Politècnica de Catalunya, Professor 

Olivier Le Corre and Professor Bruno Lacarrière at Ecole des Mines de Nantes, for giving 

me the opportunity to work with the interesting subject of pure hydrogen production in a 

catalytic membrane reactor. I greatly appreciate your patience, availability, openness and 

the quality of your advice and comments to my various questions. I remain ever grateful to 

you.  

 

I would like to thank Professor Ignasi Casanova and Professor Bruno Lacarrière for all your 

constructive advice. Special thanks for organizing the opportunity for me to work at 

Universitat Politècnica de Catalunya and Ecole des Mines de Nantes via SELECT+ 

program. 

 

Dr. Albert Casanovas, Dr. Lluís Soler, Dr. Núria J. Divins, and Dr. Adrian Miguel Schifer, 

for your friendly help. Without your guidance, especially during difficult times, I would 

have not been able to put this work together.  

 

Thanks to all the people in the Institute of Energy Technologies (INTE) in Universitat 

Politècnica de Catalunya for contributing with your great spirit: Núria, Albert, Lluís, Raúl, 

Alejandra, Ander, Adrian, David, Raquel, Lourdes, Sara, Dani, and Pablo. My appreciation 

also goes to all the people at the Institute of Energy Technologies (INTE) in Universitat 

Politècnica de Catalunya and The Department of Energy Systems and Environment in 

Ecole des Mines de Nantes for creating a pleasant working environment.  

 

Ali Hedayati 

Barcelona, March 2016 

 

 

 

 

 

 

 

 



 



Abstract 

As an alternative to fossil fuels, hydrogen is considered as a clean energy carrier that can be 

converted to electricity by fuel cell with high efficiency. Usually, to be economically 

feasible, hydrogen needs to be liquefied, compressed, or adsorbed in metallic hydrides in 

large scale prior to delivery. This requires very high pressure or very low temperature, 

which make a very high risk during transfer and storage. Hence, it is highly beneficial to 

produce and consume pure hydrogen at the same place/time. The use of renewable biofuels 

such as bio-ethanol as a source of hydrogen is highly beneficial due to the higher H/C ratio, 

lower toxicity, and higher safety of storage that distinguish ethanol over other substrates. 

Among the reforming processes, steam reforming of ethanol delivers the highest amount of 

hydrogen per mole of converted ethanol. Noble metal-based catalysts are well known for 

very high reactivity in terms of ethanol conversion and hydrogen selectivity together with 

nearly zero carbon deposition over the surface of the catalyst. Ethanol steam reforming 

(ESR) over noble metal-based catalysts can be considered as an efficient and reliable 

method for hydrogen production. The application of membrane reactors (MR) – in which 

production and separation of hydrogen (pure hydrogen production) occurs in the same 

reactor vessel – is highly beneficial to omit costly and complicated unit processes for 

hydrogen purification. Besides, by removal of one of the products (hydrogen) via 

permeation through the membrane, equilibrium limitations are overcome even at 

unbeneficial operating conditions, leading to higher production of hydrogen and higher 

efficiency of the process. In case of a palladium-based membrane, highly pure hydrogen is 

obtained, suitable for feeding a low-temperature fuel cell online. 

In this work, in-situ production of pure hydrogen via catalytic ethanol steam reforming 

(ESR) in a membrane reactor (MR) was investigated. A mixture of pure ethanol and 

distilled was used as the fuel. ESR experiments were carried out over Pd-Rh/CeO2 catalyst 

in a Pd-Ag membrane reactor – named as the fuel reformer – at variety of operating 

conditions regarding the operating temperature, pressure, fuel flow rate, and the molar ratio 

of water-ethanol (S/C ratio). The performance of the catalytic membrane reactor (CMR) 

was studied in terms of ethanol conversion, pure hydrogen production rate, hydrogen yield, 

and hydrogen recovery. 

Thermodynamic evaluation of the CMR was presented as a complement to the 

comprehensive investigation of the overall performance of the fuel reformer. Exergy 

analysis was performed based on the experimental results aiming not only to understand the 

thermodynamic performance of the fuel reformer, but also to introduce the application of 

the exergy analysis in CMRs studies. Exergy analysis provided important information on 

the effect of operating conditions and thermodynamic losses, resulted in understanding of 

the best operating conditions. The exergy efficiency of the CMR was evaluated considering 

both an insulated reactor (without heat loss), and a non-insulated reactor (with heat loss). 



The simulation of the dynamics of hydrogen production (permeation) was performed as the 

last step to study the applicability of the fuel reformer. The simulation presented in this 

work is similar to the hydrogen flow rate adjustments needed to set the electrical load of a 

fuel cell, if fed online by the studied pure hydrogen generating system. A static model for 

the catalytic zone was derived from the Arrhenius law to model the production rate of the 

ESR species (CO, CO2, CH4, H2O, and H2). The permeation zone (membrane) was modeled 

based on the Sieverts’ law as the physical definition of hydrogen permeation through the 

membrane, and a block box model as a function of the fuel flow rate and the reactor 

pressure. Finally, a dynamic model was proposed under ideal gas law assumptions to 

simulate the dynamics of pure hydrogen production rate in the case of the fuel flow rate or 

the operational pressure set point adjustment (transient state) at isothermal conditions.  

 



Abstract 

Com a alternativa als combustibles fòssils, l’hidrogen es considera un vector energètic net 

que es pot convertir a electricitat amb una gran eficiència en una pila de combustible. 

Normalment, per ser econòmicament atractiu, cal liquar, comprimir o adsorbir en metalls 

l’hidrogen a gran escala per a transportar-lo. Això requereix pressions molt altes o 

temperatures molt baixes, cosa que suposa riscos en el seu transport i emmagatzematge. Per 

aquest motiu resulta molt interessant el produir i consumir l’hidrogen al mateix lloc i en el 

mateix moment. L’ús de biocombustibles renovables com el bioetanol com a font 

d’hidrogen és molt avantatjós donada la seva relació H/C elevada, baixa toxicitat i elevada 

seguretat en l’emmagatzematge, aspectes difícils de trobar en altres substrats. D’entre els 

processos de reformació, la reformació amb vapor d’aigua d’etanol origina la màxima 

quantitat d’hidrogen respecte l’etanol convertit. Els catalitzadors que contenen metalls 

nobles mostren una alta activitat en la conversió d’etanol i alta selectivitat a hidrogen al 

temps que eviten la deposició de carboni a la seva superfície. Així, la reformació catalítica 

d’etanol (ESR) fent ús de catalitzadors que contenen metalls nobles es pot considerar un 

mètode eficient i robust per a produir hidrogen. L’ús de reactors de membrana (MR) en els 

que la producció i separació d’hidrogen té lloc en el mateix reactor resulta especialment útil 

a l’hora de simplificar i abaratir la purificació de l’hidrogen que es produeix. A més, 

mitjançant la separació d’un dels productes de la reacció a través de la membrana, 

l’hidrogen, es superen els límits termodinàmics i es pot treballar en condicions més suaus 

de reacció, el que comporta una producció més alta d’hidrogen i una millor eficiència del 

procés. En el cas d’utilitzar membranes basades en pal·ladi s’obté un corrent d’hidrogen 

ultrapur capaç d’alimentar directament una pila de combustible de baixa temperatura. 

En aquest treball s’investiga la producció in situ d’hidrogen pur per reformació catalítica 

d’etanol amb vapor d’aigua (ESR) en un reactor de membrana (MR). El combustible 

utilitzat ha estat una mescla d’etanol pur i aigua i els experiments s’han dut a terme amb un 

catalitzador Pd-Rh/CeO2 i una membrana Pd-Ag (reformador) sota diferents condicions 

d’operació de temperatura, pressió, cabal de combustible i relació molar d’aigua-etanol 

(relació S/C). El comportament del reactor catalític de membrana (CMR) s’ha avaluat en 

termes de conversió d’etanol, producció d’hidrogen pur, rendiment d’hidrogen i 

recuperació d’hidrogen. 

La investigació exhaustiva del comportament del CMR s’ha complementat amb un estudi 

termodinàmic. S’ha dut a terme una anàlisi detallada de l’exergia en base als resultats 

experimentals amb la intenció, no només d’entendre el comportament del reformador, sinó 

també com a eina en l’estudi, per primer cop, de reactors catalítics de membrana. L’anàlisi 

exergètica ha donat lloc a informació innovadora sobre les condicions de treball del CMR i 

les pèrdues termodinàmiques del sistema, cosa que permet entendre quines són les millors 

condicions d’operació. L’anàlisi exergètica s’ha dut a terme considerant un reactor aïllat 

(sense pèrdues de calor) i un reactor no aïllat (amb pèrdues de calor). 



Per últim, s’ha modelat i simulat la dinàmica en la producció d’hidrogen (permeació) com a 

darrer pas en l’estudi de l’aplicabilitat del reformador. La simulació realitzada permet 

ajustar l’alimentació d’hidrogen pur d’una pila de combustible necessària per a garantir el 

subministrament elèctric en una aplicació. S’ha construït un model estàtic per a la zona 

catalítica del CMR a partir de la llei d’Arrhenius per a modelitzar la producció de les 

espècies de la ESR (CO, CO2, CH4, H2O i H2). La zona de permeació del CMR (membrana) 

s’ha modelitzat, bé amb la llei de Sieverts’ en base al fenomen físic de transport d’hidrogen 

a través de la membrana, o bé amb un model de “caixa negre” tenint en compte la 

producció d’hidrogen i la pressió. El model dinàmic s’ha realitzat assumint gasos ideals per 

a simular la dinàmica en la producció d’hidrogen pur quan hi ha canvis en l’alimentació de 

combustible o canvis en la pressió del CMR en condicions isotermals. 
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Chapter 1 
 
 

Introduction and general overview 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Abstract  
 
In this chapter, a general overview of the environmental concerns of the world energy 
demand and power production is given. The importance of clean energy production and 
the solutions for on-site energy supply especially in the case of the buildings are discussed 
briefly. Finally, the objectives and scope of this thesis together with the outlines are 
presented.  
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1.1  Background and general overview 
 
It is proven that the increasing rate of energy consumption and high dependency of energy 
production on fossil fuels has caused obvious negative environmental consequences of 
climate change. According to the intergovernmental panel on climate control (IPCC), 
growing concentration of greenhouse gases in the atmosphere - mostly by burning of fossil 
fuels for power generation processes - is the main reason of climate change and global 
warming [5]. Svante Arrhenius was one of the first who mentioned global warming 
probability due to the increasing concentration of CO2 in the atmosphere [6]. He suggested 
that the mean temperature of the earth would probably increase due to the emission of 
carbon dioxide originating from human activities. Now the atmospheric concentrations of 
CO2 have increased from natural mean value of 280 ppm to 379 ppm in 2005 and it is 
estimated to exceed 400 ppm by 2030 [7]. It is expected that the worldwide energy 
consumption will be increasing rapidly so that the yearly CO2 emissions from energy 
production sectors will reach 33.8 Gt in 2020 and 42.4 Gt in 2035 [8]. According to the 
IPCC, a 50–85% reduction in total CO2 emission by 2050 is mandated to limit the 
anticipated rise in global temperature to within 2˚C [9].  
 
Besides, energy conversion is a key factor for the development of human society so that 
living without energy supply – mainly electricity – is not possible in the modern world. 
Thus, as development continues with an aim to eradicate poverty and enhance quality of 
life, energy consumption by all the sectors of the society is unavoidable [10,11]. A rapid 
shift towards efficient and cost effective sources of energy is obviously required. These 
facts have forced human to start serious movements towards clean energy production and 
energy saving strategies.  

Among different sectors of the society, it is indicated that in the modern world more than 
40% of the total produced energy is demanded by buildings, mainly in the form of 
electricity [12]. Consequently, a big share of emission of greenhouse gases can be 
attributed to the buildings so that according to the reference scenario 2013 by European 
Union, 11% of total CO2 emission belongs to only residential buildings [1]. European 
electricity demand is estimated to increase from 3081 TWh in 2012 to 3250 TWh in 2020 
[13]. The CO2 emission by sector is given in Fig. 1.1.  CO2 emission from buildings 
originates from on-site energy generation and burning fuels for heat in buildings or cooking 
in homes. CO2 emission from electricity use in buildings is included in the Power 
generation/District heating sector.  
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Fig. 1.1 CO2 emission by sector in EU [1] 

As determined by EU, to meet the electricity requirements together with clean energy 
production targets, the share of renewable resources in power generation should be 35, 43, 
and 50% in 2020, 2030, and 2050, respectively. Particularly in the electricity generation 
sector, the share of renewable electricity must reach 45% in 2030 and 53% in 2050. The net 
electricity production by the type of fuel for EU is given in Fig. 1.2. 

 
Fig. 1.2 Electricity generation by fuel type in EU [1] 

Renewable energy resources are now considered as the fastest and most feasible solution to 
achieve the targets of clean electricity production. Nevertheless, one of the most important 
challenges is the dependency of availability and utilization of renewable sources on the 
geographical and local conditions and infrastructures. Besides, inevitable CO2 emission and 
most importantly, transmission of produced electricity to the end users remain among the 
challenges to be encountered. In this regard, on-site electricity production to lower the 
dependency of different sectors of the society on gridded power sources has been 
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investigated recently. Hence, new solutions such as small scale on-site energy generation 
units in buildings may open a new era to harness available clean energy sources efficiently 
at the place/time where needed.  

The concept of Zero Energy Building (ZEB) has recently received significant attention as a 
realistic solution to electricity and power generation for the building sector applications 
independent from gridded power. Although Zero Energy Buildings (ZEB) concept does not 
have a commonly agreed and clear definition, it is in general referred to a building which is 
able to provide itself with the required energy demand; in any form needed (i.e. electricity, 
heating, cooling, lighting. etc) [14,15]. A sub-definition of ZEB is the theory of Net Zero 
Energy Building (NZEB) denoting a ZEB, which is connected to the grid. In this case, the 
building is capable of supplying the grid (when the building produces energy more than it 
needs) with the same amount of energy that it has obtained from the grid (when the energy 
produced by the building is lesser than the requirements). According to Marszal [14] and 
Sartori [15], the quantity of energy taken out from the grid, is equal to the quantity which is 
sent back to the grid by the building, considering normally a duration of one year. 
Moreover, if a building total energy production over a specific period exceeds its needs and 
requirements, so that the excess energy is given to the grid, it is defined as a Positive 
Energy Building.  

Currently, serious worldwide attempts are under way by the researchers and policy makers 
for development and commercialization of ZEBs. EU policies indicate that buildings should 
be nearly Net Zero Energy Building by 2020 [12] and also the US Department of Energy 
(DOE) has the strategy of achieving commercial ZEBs by 2025 [16]. In view of the 
explanations of ZEBs, the idea of on-site production of clean energy is a key factor for 
ZEBs to develop. Although renewable sources seem the first option, as mentioned before, 
issues such as economical and feasibility aspects of solar and wind energy for small scale 
(home scale) applications, and the dependency of these resources upon geographical and 
local climate conditions must be taken into account.   

Among different methods and technologies tested for small scale on-site electricity 
production – mainly to be used in the buildings and light transportation sector -, fuel cells 
technology has shown proven potentials for different tasks and can be applied in sub-MW 
size at any condition independent from local factors. Being compatible with modern energy 
carriers such as hydrogen, fuel cells are considered as the energy convertors of the future 
power generation systems [17]. In a fuel cell, chemical energy of a fuel (mainly hydrogen) 
is converted into electricity via a chemical reaction of positively charged hydrogen ions 
with a source of oxygen, which is air. The products of such a conversion are electricity, 
water, and heat. To summarize, the advantages of fuel cells can be listed as:  

• Reduced harmful emissions: in the case of utilizing pure hydrogen as fuel, the 
emission (of the fuel cell stack) is supposed as zero (excluding the emissions for the 
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H2 production). This is considered as the most important advantage of fuel cell 
technology over the heat engines and conventional power cycles. 

• High efficiency: up to 60% efficiency has been reached, and in the case of high 
temperature fuel cells, considerable amount of heat can be recovered. 

• Modularity: the power output of the fuel cell can be adjusted easily by 
adding/removal of the stacks. 

• Prompt load flowing: thanks to the instant nature of the electrochemical reactions, 
the dynamic behavior of fuel cell in responding to the load change is reliable. 

• No noise pollution: fuel cells are static apparatuses and due to absence of 
mechanical moving parts, no noise pollution is caused. 

• Fuel flexibility: not only the pure hydrogen, but also some carbonaceous fuels such 
as light alcohols are directly used in the fuel cells as the source of hydrogen. 

Pure hydrogen is used as the main fuel for fuel cells to produce electrical power (plus lots 
of recoverable heat from high temperature operating types) via electrochemical reactions. 
While the combustion of hydrogen produces very clean energy, its conversion to electricity 
and heat by means of fuel cells is known as the highest efficient energy producing process 
[3]. The high efficiency of the fuel cells is attributed to the single-step energy conversion 
pathway during which chemical energy is converted to electrical energy [17]. This is 
comparable to the complicated conventional power generation cycles where chemical 
energy is converted to thermal energy, then to the mechanical energy and finally to the 
electrical energy considering the thermodynamic losses occurring in each process.  

Apart from pure hydrogen, several research works has been focused on direct application of 
methanol, ethanol, and ethylene glycol mainly for prevention of pure hydrogen production 
units. A comprehensive review on the fuel cells has been published by Sharaf and Orhan 
[17]. The case of Direct Ethanol Fuel Cells (DEFC) is briefly discussed due to the 
similarities between this concept and the concept of this PhD work. The necessity of pure 
hydrogen production can be a matter of question while some liquid fuels can be directly 
used in fuel cells. The idea of DEFC was first developed and investigated in 1995 when 
ethanol steam reforming in a Molten Carbonate Fuel Cell (MOFC) was simulated and 
studied [18]. DEFCs are one type of the Direct Alcohol Fuel Cells (DAFSc) in which a type 
of alcohol – mainly methanol or ethanol – is used directly in the electrochemical process 
[19]. DEFCs operate at very high temperatures with efficiency between 20% and 40%, 
however, the development and technology approval of this kind of fuel cell stays at early 
stages [17].  

Some positive points such as ease of transport and delivery of ethanol, and higher energy 
density of ethanol compared to hydrogen, cause DEFSc to compete in efficiency and price 
with Proton Exchange Membrane Fuel Cells (PEMFCs, as the most commercial type of 
fuel cells for car and building applications). However, some challenges are hindering the 
commercialization of DEFSc. Very high sensitivity to carbon monoxide, low performance 
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in C-C bond breakage due to low temperature (considered as the main feedback), acetic 
acid formation and inability of the oxidation of this specie, and permeation of ethanol 
through the membrane are the most important challenges to be conquer for the optimization 
and further development of DEFCs [20]. According to Leone et al. [21], DEFCs operating 
at 700˚C and higher still suffer from carbon deposition. Additional water in the feed may 
hinder carbon formation to some extent, but on the other hand lowers the current density of 
the fuel cell. As the open literature presents, there is not a lot of study performed on the 
development and investigation of DEFCs, although since 2007 the amount of research work 
has increased notably. A comprehensive literature review on DEFCs was presented in the 
work by Kamarudin et al. [19].  

According to the discussion above, the application of DEFCs is not technically approved 
and has a long way to be optimized and developed to enter the market and compete the 
commercial and well-developed types of fuel cells – mainly PEMFCs.  

Although fuel cell technology is among the cleanest techniques to produce energy, the main 
challenge remains unresolved. How to produce and deliver pure hydrogen in a sustainable, 
safe, applicable, and efficient way? Conversion technologies for pure hydrogen production 
and most importantly the saving and transportation of pure hydrogen are still a concern. To 
be economically feasible and comparable, hydrogen needs to be liquefied or compressed 
(high risk of high pressure), or adsorbed in metallic hydrides in large scale prior to the 
transfer (very low temperature or huge masses of metallic hydrides). Hence, it can be 
concluded that it is highly beneficial to produce and consume pure hydrogen at the same 
place/time.  

Hydrogen can be obtained by different techniques such as electrolysis of water, catalytic 
reforming of alcohols, catalytic conversion of methane, photochemical splitting of water, 
and biological conversion of waste biomass. To reach the cleanest way, it is inevitable to 
convert a renewable source to hydrogen. 

Ethanol itself as a beverage has been in used for thousands of years and has been produced 
via fermentation of natural resources. However, this especial organic chemical has been in 
use broadly for various applications such as a solvent, an antifreezing agent, disinfecting 
agent, and most importantly as a fuel. Ethanol is a hydrogen rich fuel with hydrogen to 
carbon ratio of 3. Besides, there are ethanol distribution infrastructures in many countries. 
Ethanol is not considered as a toxic liquid, is safe to reserve at ambient temperature and 
pressure, not explosive, and its special molecular structure makes it easier for C-C breakage 
in reforming processes.  

Bioethanol is referred to the ethanol produced via biological conversion of biomass 
(fermentation or enzymatic catalysts) [22] and is also applied for the alcoholic liquid 
products obtained by the mentioned fermentation process. The molar alcohol to water ratio 
of such products is between 1:7 and 1:12. If ethanol is considered as a fuel, further 
distillation for water removal is necessary which means highly energy consuming and 
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costly processes. Instead, the mixture of water and ethanol in the form of bioethanol 
directly can be used as a feedstock for reforming processes. This leads to significant 
reduction in global energy consumption and the costs of the process by omitting the 
additional alcohol purification unit operations [23]. Depending on the availability of the 
biomass, the source of hydrogen differs from region to region through the world. For 
example, sugar cane is used in Brazil and grains like corn are used in US. In 2012, Brazil 
and US as the largest ethanol producers, produced around 86% of ethanol used globally 
[24]. In Europe, the leaders of bio-ethanol production are Germany, Spain, France and 
Sweden, mostly from beet and wheat [25]. The price of the edible plants as a source of fuel 
ethanol has increased recently resulting in a conflict between using them as a source of fuel 
or a source of food. Besides, the increasing trend of the universal need of food has resulted 
in recent researches in the use of non-edible natural resources such as grasses and straw to 
produce bioethanol, although the bioethanol production process from these kind of 
resources is more complicated due to the complex molecular structures [22].  

Noble metal-based catalysts are well known for very high reactivity in terms of ethanol 
conversion and hydrogen selectivity together with nearly zero carbon deposition over the 
surface of the catalyst [22,26,27]. Among noble metals, Rh, Pt, Pd, Ru, and Ir have been in 
the center of attention during last 10 years [28]. Ethanol steam reforming (ESR) over noble 
metal-based catalysts can be considered as an efficient and reliable method for hydrogen 
production. The application of membrane reactors (MR) – in which production and 
separation of hydrogen (pure hydrogen production) occur in the same reactor vessel – is 
highly beneficial to omit costly and complicated unit processes for hydrogen purification. 
Besides, by removal of one of the products (hydrogen) via permeation through the 
membrane, equilibrium limitations are overcome even at unbeneficial operating conditions, 
leading to higher production of hydrogen and higher efficiency of the reforming system [2]. 
In the case of a palladium-based membrane, fuel cell grade hydrogen can be obtained, so 
that a fuel cell can be fed online as pure hydrogen is generated (permeated).  

1.2 The objectives of the PhD work 

The main objective of this thesis is to perform a comprehensive investigation on a pure 
hydrogen generating system – named as the reformer – in which ethanol steam reforming is 
performed over noble metal-based catalysts in a membrane reactor for on-site production of 
fuel cell grade hydrogen. The specific scopes are: 

• To perform ethanol steam reforming (ESR) over Pd-Rh/CeO2 in a membrane 
reactor (MR) containing Pd-Ag membranes to observe the performance of the MR 
in the ESR atmosphere at several different operating conditions aiming to introduce 
the best operating conditions in terms of hydrogen production and recovery 

o Experimental study of the performance of a Pd-Rh catalyst in ethanol steam 
reforming (ESR) atmosphere at different operating conditions regarding 
temperature, pressure, flow rate of the ethanol-water mixture (fuel), and 
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different molar ratios between ethanol and water (S/C ratio), in terms of 
ethanol conversion, hydrogen and byproduct selectivity, the permeation rate 
of hydrogen through the membrane, hydrogen yield and hydrogen recovery. 

o Comparison between the CMR (presented in this thesis) and the Staged 
Membrane Reactor configuration (SMR) [2,3]  reported in the literature to 
emphasize the enhancements and benefits of the CMR. 
 

• To perform a thermodynamic analysis on the performance of the reformer at 
different operating conditions in terms of energy and exergy efficiency to 
understand the most favorable operating conditions based on the exergy efficiency, 
and to obtain detailed information on the sources of thermodynamic losses and to 
introduce the possible ways to optimize the reforming system thermodynamically. 

o Exergy evaluation of the reformer based on the experimental results. 
o Investigation of the sources of exergy loss and exergy destruction. 
o Analysis of the heat losses and potential resources of recoverable exergy to 

give relevant solutions to increase the exergy efficiency of the reformer 
aiming to optimization of its thermal performance.  

o Comparison between the CMR (presented in this thesis) and the Staged 
Membrane Reactor configuration (SMR) [2,3] in terms of exergy evaluation 
factors based on the experimental results. 
 

• To model and simulate the reformer presented in this thesis at steady and transient 
states regarding the production rate of ESR products and the permeation rate of pure 
hydrogen aiming to model a system capable of regulating the pure hydrogen 
production rate according to the modifications needed to adjust the electrical load of 
a fuel cell, when fed online.  

o Simulation of the production rate of different species – especially hydrogen 
– as the main products of the ESR process in the catalytic membrane reactor 
(CMR) at tested operating conditions. 

o Simulation of pure hydrogen production both based on the Sieverts’ Law 
and a black box model, as an essential step for dynamic modeling of the 
reformer. 

o Simulation of the dynamic performance of the reformer in terms of pure 
hydrogen production rate and its variations in the case of pressure or fuel 
flow rate set point modifications  

 
1.3 Outline of the thesis  

 
In the second chapter, an introduction to hydrogen energy is given followed by a 
comprehensive literature survey on the production of hydrogen via catalytic reforming of 
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ethanol. Moreover, the state of the art is given regarding the catalytic steam reforming of 
ethanol in membrane reactors.  
 
In the third chapter, the experimental results of the ethanol steam reforming (ESR) over the 
Pd-Rh/CeO2 in a membrane reactor (MR) containing Pd-Ag membranes are given. The 
experimental results include the selectivity of the ESR products (H2, CO, CO2, and CH4), 
hydrogen permeation rate (pure hydrogen production rate), hydrogen yield, and hydrogen 
recovery. The effect of the operating conditions (pressure, temperature, fuel flow rate, and 
the composition of the fuel, i.e. the molar ratio of water to ethanol) on the mentioned 
evaluation factors are discussed in details. Finally, a comparison between the reforming 
system presented in this thesis (CMR) and the Staged Membrane Reactor (SMR) 
configuration reported in the literature [2,3] is given.  
 
Chapter 4 is devoted to the comprehensive thermodynamic analysis of the CMR based on 
thermal and exergy efficiency using the experimental results. Exergy factors such as exergy 
destruction, unused exergy, and exergy efficiency are discussed and the results are 
presented via several figures and tables. The sources of exergy loss and the possible ways 
of the exergy recovery and optimization of the reformer in terms of the exergy efficiency 
are given. The advantages of the exergy analysis over the traditional thermodynamic 
analysis (based on thermal efficiency) are stated. This chapter also includes the 
thermodynamic analysis of the Staged Membrane Reactor (SMR) base on the experimental 
results reported in the literature for this configuration in ESR environment at similar 
operating conditions. A comparison between the CMR and the SMR also is presented.  
 
The results of the modeling and simulation of the reformer (the CMR) are presented in 
chapter 5. The methodology to develop the static models and dynamic simulation is 
discussed. Static models to calculate the molar production rate of ESR products, together 
with the calculation of the permeation rate of hydrogen through the membrane are given. 
Arrhenius’ law based formulation is used to model the molar production rate of ESR 
products. In the case of the pure hydrogen production rate, two models, i.e. a black box 
model and a model based on the Sieverts’ law are presented. The dynamic simulation 
model of the hydrogen permeation rate (transient state) is developed based on ideal gas law 
assumptions by using a first order function solved by Ordinary Differential Equation 
(O.D.E) solver.  

Two appendixes are given in this thesis. The first appendix (appendix A) is devoted to the 
analysis of the errors and uncertainty of the experimental measurements and exergy 
analysis. Appendix A is presented to support the data given via tables and figures and to 
demonstrate the range of the validity based on the maximum errors.  
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The second appendix (appendix B) is devoted to the full results of the modeling of the 
molar flow rate of the ESR species (H2, CO, CO2, CH4, H2O) in the CMR. The formulation 
of the models and the parity plots are presented and are supported by tables of the fitting 
parameters for the species.  

An introduction to the hydrogen production via catalytic reforming processes, and the 
membrane reactors, together with a comprehensive literature review on the hydrogen 
production over common catalysts in the membrane reactors are given in the next chapter. 
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Chapter 2 
 
 

Hydrogen production and membrane reactors 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Abstract 
 
The previous chapter provided a general overview and a short history of the world energy demand 
and probable solutions for clean energy production, together with the objectives and scope of this 
thesis. In this chapter, an introduction to the hydrogen production is given. A short history about 
using hydrogen as an energy carrier together with the current considerations of hydrogen as a 
renewable source of energy is presented. The introduction and definition of a membrane reactor 
(MR) is followed by the review of the production of hydrogen via catalytic steam reforming of 
ethanol in membrane reactors (MRs). The state of the art on the production of hydrogen in catalytic 
membrane reactors (CMRs) via steam reforming of ethanol over noble metal based catalysts is 
presented.  
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2.1 Hydrogen 
 
The first ideas of using hydrogen as a source of energy appeared and revived around two 
centuries ago, when for the first time the French writer Jules Verne talked about the future 
when humankind will heat himself using water splitted into hydrogen and oxygen [29,30]. 
In the 20th century, the idea of hydrogen energy was brought to the scientific and 
engineering level and developed rapidly by many research groups worldwide and finally in 
1974 The Clean Energy Research Institute of Miami University (USA) established the 
International Association for Hydrogen Energy (IAHE). Soon after, the IAHE started to 
publish the International Journal of Hydrogen Energy (IJHE), which is one of the most 
well-known references of the scientific research literature on hydrogen-related research 
works. 

Concerning the attempts to achieve the clean energy production targets, hydrogen as an 
energy carrier can serve the energy production sector with the necessary requirements. In 
short, the advantages of hydrogen as energy carrier over other energy sources are [31]: 

• If hydrogen is combusted with air, heat is released and pure water is produced as the 
only product; hydrogen is the only carbon-free fuel available for combustion 
engines. 

• It is produced via conversion of biofuels – for example bioalcohols – as promising 
replacements to the fossil fuels. 

• It is used in centralized or remote applications with reduced impact of energy 
production. 

• Thanks to commercially available fuel cells, hydrogen is the main fuel of fuel cells, 
as electricity producer devices with numerous advantages. 

• In the future, on-site hydrogen production can be possible (transportation 
infrastructure not needed).  

However, there are challenges and obstacles to be overcome for the utilization of hydrogen 
as a reliable energy carrier for comprehensive applications in the society. Although a lot of 
researches have been done recently to investigate the techniques and methods of production 
of hydrogen, no authoritative position compared to other clean energy resources is seen yet 
in the energy policy frameworks [32]. The European energy policy framework does not 
ignore hydrogen energy systems as carbonless sources of energy. But on the other hand, it 
has been sufficed to mention the importance of regulations and infrastructures development 
for hydrogen applications in the energy sector [33]. This can be attributed to some issues. 
First, hydrogen and fuel cells are in the early stage of entering the market commercially. 
Second, requirements of special infrastructures for distribution of hydrogen makes it 
complicated to utilize hydrogen and fuel cells. In conclusion, more supportive policies are 
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needed to push hydrogen technology and systems toward an existing option for the energy 
sector. 

Regarding the attempts for introducing the hydrogen energy systems, the concept of 
hydrogen economy has recently defined. Hydrogen economy in general aims to serve the 
human with hydrogen for its energy demand, considering the point that hydrogen is an 
energy carrier, not a source of energy [34]. The same challenges facing the production of 
hydrogen will face to the hydrogen economy. There is no point in investments on hydrogen 
infrastructures for distribution and refueling, if there is no market for hydrogen. Again, the 
high cost of fuel cells and hydrogen production from renewable resources adds another 
challenge to the future of hydrogen economy. Nevertheless, according to McDowall and 
Eames [35] there are 4 major drivers of a hydrogen economy: climate change, energy 
security, local air quality, and competitiveness.  

In the light of EU energy policies and by knowing the fact of taxation exemption of 
hydrogen energy, the effort to introduce hydrogen as a competitive and reliable energy 
carrier must be continued [32]. The key factor to success in hydrogen technology 
development is to receive the governmental supports via energy policies set mainly by the 
two main powers i.e. EU and U.S.A. The economic, technological and institutional 
challenges of introduction of hydrogen in the energy systems in Europe are addressed by 
The European Hydrogen Energy Roadmap, known as HyWays [36]. The HyWays aims to 
open an eye and give ideas on how to receive the political support and overcome the 
barriers that hydrogen energy encounters. According to HyWays, 80% of the light duty 
vehicles and city buses should be supplied by clean hydrogen by 2050. Consequently, 
several initiatives such as ‘Fuel Cells and Hydrogen Joint Technology Initiative’ and 
‘Hydrogen and Fuel Cell Program Plan’ were started in Europe and U.S.A, respectively 
[34].  

2.2 Hydrogen Production  
 
As previously stated, the production of hydrogen is dependent on the technological 
advancements, policymaking, and even the price of fossil fuels as the main sources of 
energy. Apart from this, according to Ros et al. [37] at least 75% of the produced hydrogen 
will be used in the transportation sector. Until 2030, the main hydrogen production 
technologies are anticipated to be methane steam reforming and electrolysis of water, both 
accompanied with carbon capture and sequestration (CCS) processes. But figures for 2050 
perspective show that the hydrogen production would be mainly dependent on natural gas 
reforming and biomass conversion [38]. Again, the hydrogen production is claimed to be 
supported by CCS techniques. In this regard, and having in mind that CCS technology is 
not approved for the large scale and worldwide scale applications, the concept of CO2-free 
hydrogen production rises. Although renewable energy sources such as solar and wind can 
be utilized for production of electricity needed for electrolysis of water [37], the challenge 
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of renewable resources still exist. Electrolysis of water will require huge amount of 
electricity, which makes it unavoidable to be supplied by a clean electricity source, and on 
the other hand, natural gas reforming will result in enormous amount of CO2 production 
that needs to be supported by CCS.  

In general, the so-called renewable hydrogen can be produced by electrolysis or 
thermolysis of water (as long as the required electricity is supplied by wind or solar power 
plants), thermochemical and biological conversion of biomass, and photolysis of water 
[39]. However, all these technologies are in the development and research stage and need to 
access renewably produced electricity.  

2.2.1 Catalytic conversion of ethanol 

Hydrogen is directly produced from ethanol by three main catalytic conversion routes i.e. 
steam reforming (ESR), partial oxidation (POX), and autothermal reforming (ATR). The 
main difference between the three ways refers to the converting coreactants used in each 
process. The pros and cons of each process are briefly discussed.  

The highest amount of hydrogen is obtained by steam reforming of ethanol so that 
theoretically (complete conversion of coreactants to carbon dioxide and hydrogen) 6 moles 
of hydrogen is formed per one mole of ethanol in the feed. Ethanol can catalytically be 
converted to hydrogen and carbon dioxide in the presence of steam via the following 
reactions [24]: 

C2H5OH → H2 + CO + CH4        2.1 

CO + H2O ⇆ H2 + CO2        2.2 

CH4 + 2H2O ⇆ 4H2 + CO2        2.3 

-------------------------------------------- 

CH3CH2OH + 3H2O ↔ 2CO2 + 6H2       2.4 

(𝛥𝛥𝛥𝛥0
298 K = 173.3 kJ/mol) 

Equation 2.4 represents the overall ESR reaction. The mechanism is presented by reactions 
2.1 to 2.3 that accounts for ethanol decomposition, water gas shift (WGS) reaction, and 
methane steam reforming (MSR), respectively. As reported in the literature, other chemical 
species such as ethylene, acetaldehyde, and dimethyl ketone can be formed during catalytic 
reactions depending on the catalysts used [40–42]. The stoichiometric molar steam to 
ethanol ratio (S/E) is 3; however, higher amounts can be used. The bioethanol produced by 
fermentation of biomass has S/E ratio of 7-12 that can directly be used for the ESR process.  

The main drawback of ESR is the endothermicity. In one hand high energy input is needed 
for running the reaction and evaporating the liquid fuel, and on the other hand, the 
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hydrogen formation is limited by thermodynamic equilibrium due to the nature of the 
reactions. The thermodynamic equilibrium limit can be overcome at S/E ratios higher than 
20, leading to 5.5 mole hydrogen per mole of ethanol at 773-873 K [22].  

At any rate, much higher energy input is needed at high S/E ratios for evaporation of water. 
Another disadvantage of this process is the formation of CO, which can poison the 
electrocatalysts of the PEMFCs and makes it inevitable to purify the produced hydrogen 
prior to feed the fuel cell. Water gas shift reaction promotion is one of the most investigated 
methods for CO removal together with preferential oxidation of CO.   

In partial oxidation of ethanol (POX), ethanol is reacting with oxygen for production of 
hydrogen and carbon dioxide. Thus, the disadvantages of ESR are overcome but the 
hydrogen yield drops to three moles of hydrogen per mol ethanol (eq. 2.5).  

CH3CH2OH + 𝟑𝟑 
𝟐𝟐
O2 → 2CO2 + 3H2       2.5 

(ΔH0
298 K = −552 kJ/mol) 

 
The advantages of POX process over ESR can be summarized as [22]: 

• POX is a self-sustaining process and no external heating is required. Consequently, 
not only the energy consumption is decreased, but also the process plan is 
simplified and more compact. 

• There is no equilibrium limitation resulting in operating at temperatures as low as 
473 K.  

• The chemical reactions are faster and the reactor scale needed for POX process is 
smaller than the one needed for ESR. 

Apart from this, oxygen is a gaseous coreactant that does not need evaporation, and the 
presence of oxygen hinders the carbonaceous species to be formed and the lifetime of the 
catalyst is extended.  

The drawbacks of the POX lie on the nature of oxidizing process in presence of oxygen 
because the total oxidation (combustion) of ethanol and hydrogen is thermodynamically 
favored. Both reactions (combustion of ethanol and hydrogen) are highly exothermic and 
competing with the partial oxidation of ethanol. This may cause low hydrogen selectivity. 
Besides, the mixture of ethanol and oxygen at high temperature in gas phase raises the risk 
of explosion.  

ATR reaction is a combination of ESR and POX so that the reforming process is performed 
in presence of water steam and oxygen aiming to utilize the heat released by POX for ESR. 
For this reason, the concentration of oxygen and steam must be adjusted to be near the 
stoichiometric values to take the advantage of a thermally neutral process. Also by correctly 

29 
 



adjustment of oxygen content in the fuel, the disadvantages of POX can also be avoided 
and the process can be operated at lower temperatures rather than ESR. The presence of 
water steam can decrease the risk of explosion and the competitiveness of combustion 
reactions.  

The disadvantage of ATR is the complexity of the process and the difficulty of adjustments 
for a steady state operation.  

In general, the energy demand per mole of hydrogen produced during reforming processes 
follows the trend of ESR ≥ ATR > POX. The highest hydrogen yield belongs to the ESR, 
despite being endothermic. As a result, major share of research has been devoted to the 
investigation and technological maturity of ESR.  

2.2.2 Side products of reforming processes 

The main reaction pathway of ethanol reforming starts with the decomposition of ethanol to 
two important intermediates i.e. acetaldehyde and ethylene according to the following 
reactions: 

CH3CH2OH → CH3CHO + H2       2.6 

CH3CH2OH → C2H4 + H2        2.7 

The presence of these two species has been reported by some researchers [43,44]. Ethylene 
and acetaldehyde are formed prior to formation of carbon oxides. Ethylene plays an 
important role in coke formation, which is one the most important factors leading to 
catalyst deactivation. On the other hand, acetaldehyde further promotes the formation of 
hydrogen. Both intermediates undergo steam reforming resulting in the formation of carbon 
oxides, hydrogen, methane and ethane [22,44]. Lu et al. [44] reported the observation of 
ethane formation that could be a result of ethylene hydrogenation: 

C2H4 + H2 → C2H6          2.8 

(ΔH0
298 K = 14 kJ/mole) 

 
The reactions in presence of water are endothermic (except WGS) and lead to more 
hydrogen production. Methane generation mechanisms are exothermic and are favored at 
low temperatures leading to less hydrogen production.   
The formation of coke in reforming processes is common [45]. Coke formation is a result 
of several complex reactions. In this regard, the formation of ethylene has an important role 
of the deposition of carbon on the surface of the catalyst: 

C2H4 → polymeric chains → 2C + 2H2        2.9 
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According to the open literature, numerous catalysts have been investigated for the ESR 
process and, among them noble metals have shown superior catalytic reactivity in terms of 
higher hydrogen production (higher ethanol conversion) and robustness of the performance 
(durability) at different operating conditions [46,47]. Further, the formation of undesired 
chemical species is almost zero when noble metal-based catalysts are used for ESR process. 
This is considered as one of the main advantages of noble metals over other catalysts that 
may compensate to some extent the relatively higher price of these catalysts compared to 
conventional ones.  

2.3 Ethanol steam reforming in the literature 
 

A catalyst must maintain special properties to be appropriate for the ESR process. The most 
important characteristics of catalysts can be named as ability to dissociate the C-C band 
preferably at low temperature, high reactivity toward CO conversion, and durability under 
catalytic reaction conditions [22]. Before 2007, Rh and Ni were the most commonly tested 
catalysts for hydrogen production via ESR [46,48]. After 2007, Co and other noble metals 
such as Pd, Pt, and Ir, and bimetallic active phases attracted a lot of attention due to 
enhanced reactivity and robustness in the ESR environment. The catalytic activity depends 
both on the selection of the relevant support and the preparation method. Thanks to special 
characteristics that favor ethanol dehydrogenation but inhibit dehydration, supports such as 
MgO, ZnO, CeO2, La2O3, promoted Al2O3, and promoted ZrO2 were introduced as suitable 
supports for Ni and Ru in terms of hydrogen production and long-term stability [28]. 
Additionally, the development of bimetallic catalysts results in higher hydrogen production 
and catalyst stability. The promoted ethanol conversion and hydrogen selectivity in the case 
of the development of bimetallic catalysts have been reported by several researchers [49–
53]. Investigations on the performance and applicability of the catalysts for ethanol steam 
reforming can be divided into two groups: catalysts without noble metals, and catalysts 
containing noble metals.  

2.3.1 Ethanol Steam Reforming over catalysts without noble metals 
 

Cobalt and nickel are among the most tested catalysts for ESR process. Cobalt is a cheap 
catalyst able to convert ethanol at temperatures as low as 623 K so that WGS reaction is 
enhanced and CO concentration is kept low. Besides, methane is not formed as an 
intermediate, leading to higher hydrogen yield. Co supported on Al2O3 and SiO2 was tested 
by Batista et al. [54] and complete conversion and selectivity of 65% were shown at 673 K. 
The concentration of CO in the gaseous mixture dropped to 800 ppm in the case of 
Co/Al2O3 with 18% Cobalt. The authors reported that the produced CO reacted with water 
(water gas shift reaction) or with hydrogen (methanation), which resulted in higher 
conversion over Co catalyst. Co/Al2O3 showed superior activity in terms of CO removal. 
Lucredio et al. [55] tested cobalt catalysts supported on Al2O3 and SiO2 in the ESR 
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environment. The catalysts were prepared using a Co precursor dissolved in methanol. The 
Co/SiO2 showed the highest selectivity towards hydrogen. The carbon formation over the 
catalyst surface after the reaction was characterized by means of Raman spectroscopy. The 
Raman results of the samples after the catalytic tests showed that the type of carbon formed 
was affected by the particle size. Co-based catalysts over several supports such as ZnO, 
MgO, Al2O3, SiO2-TiO2, V2O5, La2O3, CeO2, and Sm2O3 were prepared by Llorca et al. 
[56,57] and tested at 573-723 K in the ESR environment. The best catalytic activity was 
shown by Co/ZnO so that at 100% ethanol conversion, selectivity up to 73.8% to H2 and 
24.2% to CO2 was obtained. After the reaction, Co particles were covered by disorder 
carbon. Carbon deposition was found on the surface of the ZnO support as well. In another 
study by the same authors [58], they prepared Co catalysts by coating the micromonolithic 
support with Co3O4-ZnO. They reported more than 73% volume of hydrogen in the gaseous 
product at 773 K and S/C=3. Cobalt supported on CeO2 has shown superior activity and 
hydrogen yield compared to other commercial supports of similar particle size at 673-773 
K [59–61]. The greater performance of Co/CeO2 nanocubes is attributed to improved metal 
dispersion, increased reducibility, and higher oxygen mobility [59]. Li et al. [62] studied 
the synergic effect of ZrO2 and CeO2 (to suppress the methanation of the ZrO2) on ethanol 
conversion promotion. The Co/CeZrO2 showed higher activity than Co/ZrO2 so that ethanol 
conversion of 100% and hydrogen yield of 82% (4.9 mol H2/mol ethanol) at 723 K was 
reached.  

Co/Mg/Al hydrocalcite catalysts over ceramic honeycombs were tested by Espinal et al. 
[63] for ESR and it was reported that the hydrocalcite with a Co:Mg:Al molar ratio of 1:2:1 
showed the best catalytic performance with very small coke formation. Dominguez et al. 
[64] used cobalt talc doped with iron for ESR process and reported that at 673 K and 2 bar, 
1.04 lN H2 per ml of ethanol is obtained at steam to carbon ratio of 3 (S/C=3). In another 
study, Espinal et al. [65] studied the effect of the addition of potassium to catalytic 
regarding the activity and stability of Co/Mg/Al hydrocalcite catalysts for ESR process. 
Very low carbon deposition together with presence of oxidized cobalt as an active species 
was observed. As mentioned by Llorca [66], cobalt catalyst doped over K+ was tested 
successfully for bio-ethanol conversion during 300 hours without carbon formation, which 
is an advancement in ethanol conversion over cobalt-based catalyst. Dominguez et al. [40] 
tested a catalytic membrane reactor consisting of cobalt talc (Co3[Si2O5]2(OH)2) supported 
on cordierite. The experiments were performed in a Pd-Ag metallic membrane to separate 
hydrogen from produced gases. The test was done in two ways. First, honeycomb catalysts 
were placed in series, and second, the membrane was covered by small pieces of the 
catalyst and a superior reactivity in terms of pure hydrogen production was reported.   

Nickel-based catalysts are used due to their known and approved high capability of C-C 
bond cleavage [67]. Ni is normally supported on alumina for better endurance in the 
reaction conditions but still having the disadvantage of being prone to carbon deposition 
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[22]. Consequently, other elements are added to Ni-based catalysts as a promoter to the 
catalytic activity. Supports such as MgO, SiO2, CeO2, Al2O3, Al2O3 – La2O3, and ZrO2 
have been tested and in all cases improved activity, durability and resistance against coke 
formation has been reported [68–72]. Ni/Al2O3 catalyst mixed with CeO2 was tested by 
Laosiripojana and Assabusrungrat [73]. The results showed that while the selectivity of the 
catalyst toward hydrogen was lower compared to pure Ni/Al2O3, the resistance against 
carbon formation was considerably higher. Chen et al. [74] used perovskite-type 
oxides La1−xCaxFe0.7Ni0.3O3 as an improved catalyst for ESR process capable to resist 
against carbon deposition. They found it promising to regulate the redox ability of the 
perovskite-type oxides for carbon deposition prevention. Many other additives such as 
copper, lanthanide, molybdenum, calcium, and magnesium in combination with nickel have 
been investigated and reported in the literature [22,75–78]. Adding elements such as La and 
Mg decreased the formation of C2H4 and increased the activity of the catalyst and the 
selectivity towards hydrogen [79,80]. Hernandez et al. [81] added W to Al2O3 to stabilize 
the Ni-based catalyst. The surface area of the catalyst decreased and the pore volume of the 
mesoporous materials increased. Hydrogen selectivity of around 70% was reached at 823 K 
on alumina with Ni-W. Complete conversion and selectivity of 70% over NiAl2O4 spinels 
was  reported by Barroso et al [82]. Ni/MgAl2O4 was doped with Ce and in this case the 
selectivity was slightly improved and increased to 74% at 923 K after 10 h [83]. Biswas 
and Kunzru studied the adding of Cu and Ca to Ni supported on CeO2-ZrO2 and reported an 
enhancement in catalyst activity and promotion of the WGSR [84]. Ca was the best dopant 
in terms of hydrogen production. ZrO2 played the role of stabilizer in Ni-based catalysts. 
The high activity was ascribed to the high dispersion of Ni and intimate contact between 
the metals, which resulted in carbon formation prevention on the catalyst surface [85]. 
Souza et al [86] studies Co, Mo, and Zn prepared in Ni-based hydrotalcite catalyst at 673-
873 K and concluded that lower reaction temperatures favored the dehydration and 
dehydrogenation of ethanol, while synthesis gas was produced mainly at higher 
temperatures . Co-, Mo- and unmodified samples presented higher selectivity towards H2 
and CO at higher temperatures, while samples modified with Co, Mo and Zn showed 
higher activity at intermediate temperatures [86].   

2.3.2 Ethanol Steam Reforming over noble metal-based catalysts 

As discussed before, one of the major problems of catalytic steam reforming of ethanol is 
carbon deposition on the catalyst leading to the severe deactivation. It is proven that noble 
metals not only are able to highly convert ethanol due to their significant reactivity, but also 
hinder carbon from deposition on the active sites [47,87]. This distinctive property has 
attracted the attention of a lot of research groups toward noble metals for ESR application 
so that according to Llorca et al. [22] nearly 40% of the published works talked about Rh-
based catalysts and other 30% corresponds to the evaluation of Pt-based ones.  
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According to the literature, CeO2, ZrO2, and Al2O3 are among the most used supports for 
the noble metals. The catalytic activity of Pt supported by Al2O3, ZrO2, and Al2O3-ZrO2 
was investigated by Domok et al. [88] in terms of the performance of catalyst in conversion 
of ethanol and CO. Ciambelli et al. [89] also tested Pt/CeO2 catalyst for ESR at 573K and 
reported total conversion of ethanol and very low production of CO. CeO2-supported Pt/Ni 
catalyst for conversion of biomass derived ethanol was synthetized and tested by Palma et 
al. [90]. The study was done at 523-873 K and very high selectivity of catalyst was reported 
leading to very low coke formation even at stoichiometric ratio of ethanol/water. The 
catalyst selectivity improved by increasing the amount of water in the feeding fuel.  

Goula et al. [91] used commercial Pd/γ-Al2O3 for production of hydrogen rich gas via ESR 
and they obtained hydrogen selectivity up to 95% at 873 K. Complete ethanol conversion 
reached at even low temperature and the selectivity hydrogen and CO2 decreased with S/C 
ratio. The same catalyst was tested by Auprêtre et al. [92] and hydrogen selectivity of 55% 
was reached at 973 K and atmospheric pressure under stoichiometric reaction conditions 
(S/C≈1.5). Chen et al. [93] studied Pd/ZnO-Al2O3 at 723 K and concluded that 
acetaldehyde and hydrogen were the main product of ESR reactions and coke formation 
was not hindered by Pd promotion. Ethanol conversion of 65% together with hydrogen 
selectivity of 65% were reached, which are considerably lower compared to similar 
reported studies. Other authors mentioned that Pd/CeO2-Y2O3 stabilized by ZrO2 showed 
good initial activity but significant deactivation was observed [94]. Complete ethanol 
conversion was reached at 873 K where hydrogen selectivity was 67-74%. Ru/Pd/Ag 
supported on CeO2/YSZ was used for ESR experiments and the Ru-based one showed the 
superior activity. Positive effect of CeO2 on preventing the carbon deposition plus metal 
selectivity of catalyst to syngas was mentioned as the main reason of the good performance 
of the mentioned catalyst. Scott et al. [52] found that the bimetallic catalyst 0.5%Rh-
0.5%Pd is able to break the C-C bond of ethanol at 400 K. This catalyst showed maximum 
ethanol  conversion (nearly complete) and hydrogen selectivity (64%) at 773 K. Pd/HZSM-
5 catalyst with 5%wt Pd and prepared by wet impregnation method was tested by Lie et al. 
[95]. The best performance was reached at 973 K and S/C=9.2, where the hydrogen 
selectivity was 58.1-84.3%. Frusteri et al. [96] reported the selectivity of 70% for Pd/MgO. 
The selectivity towards CO2 decreased drastically because of catalyst deactivation, which 
consequently increased the selectivity towards CO. Acetaldehyde, and ethylene were both 
detected (15% and 6%, respectively). The study of the temperature effect on the 
performance of Pd-Ru/Nb2O5-TiO2 in terms of hydrogen production in the ESR 
environment showed the maximum performance at 573 K [97]. The presence of H2, CO2, 
CH4, CO, C2H4, C2H6, C2H4O and (C2H5)2O was reported at 300-723 K.  

More investigations on Rh can be found in the literature compared to Pt or Pd. For ethanol 
steam reforming reactions, Rh-based catalysts are very active and well known for the high 
selectivity towards hydrogen. Hydrogen selectivity of 73.5% at 873 K over Rh/Al2O3 
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catalyst was reported by Auprêtre et al. [92]. The activity of Ni-based catalyst was 
compared to Ru-based one and it was reported that although Ni-based catalyst gave higher 
hydrogen yield, its selectivity towards CO2 was lower. In the case of CexZr1−xO2 mixed 
oxide-supported 1 wt.%Rh catalysts, the best performance in terms of the highest hydrogen 
yield and the lowest coke deposition belonged to the Rh/Ce0.5Zr0.5O2 at 873 K [98]. At all 
operating conditions (temperature and S/C ratio); the ethanol steam reforming yielded a 
large amount of methane, which reduced the hydrogen production. The formation of 
methane was ascribed to the CO hydrogenation. Roh et al. [99] focused on a support 
prepared by a co-precipitation method having composition of Ce0.8Zr0.2O2. The best 
performance in terms of hydrogen yield was reported at 723 K in the case of a 
2%Rh/Ce0.8Zr0.2O2 catalyst, prepared via impregnation without pre-calcination of support. 
The high activity of this catalyst (100% ethanol conversion and 4.3 mol hydrogen per mol 
ethanol at 723 K) was ascribed to the strong interaction between Rh and Ce0.8Zr0.2O2 and 
the high oxygen transfer rate favoring reforming of acetaldehyde instead of methane 
production.  Rh-based catalysts were prepared by co-precipitation of aqueous solutions of 
Ce and Zr (and/or Pr and Y) nitrate and tested at 723 K and pressure up to 15 bar in the 
ESR environment [100]. According to the reaction pathway of ESR over Ru, the selectivity 
towards methane reaches an equilibrium leading to high selectivity at higher pressures.  
Huang et al. [101] studied CeO2-supported catalysts for low temperature (573 K) ethanol 
steam reforming using a multi-channel reactor. The addition of Co to Rh/CeO2 results in 
decreased catalytic selectivity towards CO and CH4. Catalyst deactivation was seen 
probably due to catalyst sintering, metal oxidation and coke deposition during ESR. Wu 
and Kawi [102] studied Ru-based catalysts based on several  supports at 923-1073 K. 
Ru/Y2O3 produced the highest hydrogen rate via ethanol steam reforming due to the 
synergic effect of electron-accepting Y2O3 electron donating Rh. Thanks to the strong 
ability of Y2O3, the hydrogen of ethanol was oxidized to produce gaseous hydrogen and 
reduced the hydrogen from water. In general, the order of reactivity was Rh/Y2O3 > Rh/ 
CeO2 > Rh/La2O3 > Rh/Al2O3. For the first time a novel iron promoted Rh-based catalyst 
(Rh–Fe/Ca–Al2O3) was prepared by Chen et al. [103] to produce a CO free hydrogen rich 
gas via ethanol steam reforming at low temperature (623-673 K). The iron oxides in the 
vicinity of Rh sites reduce the CO adsorption on Rh sites resulting in high hydrogen 
selectivity of 66% at 623 K. Iron oxide promoted the WGSR via which CO is converted to 
CO2. In another study, it was shown that addition of Ni to Rh-Y2O3-Al2O3 wildly improved 
the catalytic reactivity correlated to increase in the methane steam reforming activity [104].  

Rh supported on CeO2 was tested by Da Silva et al. [105]. They used both low and high 
surface area ceria and concluded that despite the deactivation of the catalysts, no carbon 
formed on the catalyst. Rh/CeO2/Al2O3 catalyst at temperature range of 673-873 K was 
tested by Peela et al. [106] for ESR and they found that when ceria was added to 2% 
Rh/Al2O3, the catalytic activity was improved. The test was done using two configurations 
of packed bed reactor and microchannel reactor. It was shown that although the hydrogen 
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yield of microchannel reactor was slightly higher, the overall reactivity stayed the same for 
both configurations. The coke formation decreased by 3.5 times. Wanat et al. studied Rh 
and Rh-Ce catalyst in water gas shift and steam reforming of ethanol reactors [107]. More 
than 99% conversion and methane selectivity of less than 1% were obtained with Rh–Ce 
catalyst at 1073 K. Very high hydrogen selectivity (98%) was obtained by coupling the 
steam reforming reactor with combustion Pt-based catalyst (Pt-Ce). Rh and Rh-Co catalysts 
supported on ZrO2, Al2O3, MgO, and Mg-Al showed high catalytic activity and carbon 
formation was lower specially on the bimetallic noble metal catalysts [108,109].  

Gucciardi et al [110] used Rh/Al2O3 for both bio-ethanol and DME steam reforming at 
atmospheric pressure and temperature range of 823-923 K. They studied the catalytic 
activity and stated that the catalyst was less prone to coking in case of DME. Rh and Co-
based catalysts supported on MgO, Al2O3, and Mg-Al oxides were evaluated for the ESR 
by Moura et al. [108]. In terms of the hydrogen yield, ethane selectivity, and specific 
surface area during the reaction, Mg-Al supported Rh and Co catalysts were introduced as 
the best ones. Lopez et al. [2] evaluated the performance of Pd-Rh/CeO2 for ESR by using a 
membrane reactor for online hydrogen purification. The effect of different operational 
conditions was studied and the best performance was obtained at 923 K and pressure of 9-
11 bar. The same catalyst was tested by Divins et al. [41]. The microchannels of the silicon 
micromonolith were coated with Pt-Rh/CeO2 and were tested for ESR process at 873 K 
using bio-ethanol with S/C of 2. Up to 3.8 moles hydrogen per one mole of ethanol was 
obtained and a significant improvement in the reactivity was cited compared to the 
conventional cordierite monoliths. In another work by Cobo et al. [111] Pt-Rh bimetallic 
catalyst supported on La2O3 was selected for ESR process. Temperature of 873 K together 
with the S/C of 7 was chosen for the experiments. 99% of the ethanol was converted and 
small carbon deposition was detected that was attributed to the formation of Rh-Pt-Rh2O3 
sites. Cavallaro [112] used Rh/Al2O3 catalyst for ESR at 323-923 K and reported that at 
923 K no carbon deposition was detected and the reactivity of the catalyst was maintained 
for several hours. Complete ethanol conversion was reached at S/C ratio of 4.2. A range of 
noble metals including Rh, Pd and Pt was evaluated by J.P. Breen et al. [113] for ESR 
process at 673-1023 K. They used CeO2, ZrO2, and Al2O3 as the supports and concluded 
that Rh and Pt, when supported on CeO2/ZrO2 showed the best activity of 100% ethanol 
conversion at around 923 K. Co, Ni, Rh, Rh-Co or Rh-Ni supported on mixed Zr-Ce oxides 
for redox characteristic enhancement were tested by Sarria et al. [114]. They mentioned 
that the stability of cobalt catalyst together with resistance against carbon formation was 
remarkably improved by addition of small amount of Rh. The enhanced activity of Ni/CeZr 
catalyst for ESR process was reported thanks to the addition of Rh. D.K. Liguras et al. 
[115] comprehensively studied the active metallic phases of Rh, Ru, Pt and Pd over 
different supports of Al2O3, MgO and TiO2 for ESR process at 873-1123 K. They reported 
that Ru/Al2O3 was able to fully convert ethanol with a hydrogen selectivity of 95%. 
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Idriss et al. [87] showed that Rhodium in presence of Platinum or palladium is able to 
completely convert ethanol to gaseous species. Besides, they reported very stable activity 
with no sign of carbon deposition after three weeks of operation for ESR process. The 
reported results clearly represent the advantages of noble metal-based catalysts and the 
possibility of overcoming the major challenges of ESR process i.e. coke formation, and 
catalytic durability. The robustness of noble metals under the operational conditions can be 
considered as compensation to the high price of these materials. 

Regarding the application of ceria, still, better results belong to the combination of Rh and 
Pd supported on ceria. It has been proved that high oxygen storage capacity (OSC) together 
with the properties such as easy reducibility via facile CeIII ↔ CeIV equilibrium, makes 
ceria a very durable material at high temperatures and very active during 
reducing/oxidizing processes [116]. 

2.4 Catalytic Membrane Reactors (CMRs) 

The reaction temperature is an important operational parameter when conducting alcohol 
and bio-alcohol reforming reactions. High temperatures are necessary for bond cleavage, 
but moderate temperatures are preferred for the WGS equilibrium to favor the formation of 
hydrogen and CO2 at the expense of CO and water, thus maximizing the production of H2 
and avoiding the requirement of bulky WGS units at the reactor outlet. For that reason, the 
use of catalytic membrane reactors (CMRs), where the generation and separation of 
hydrogen take place simultaneously (extractor membrane), appears as a very attractive 
approach to strongly simplify alcohol reformers. In addition, the shift effect that occurs in 
CMRs results in even higher hydrogen yields because the presence of a membrane selective 
to the hydrogen permits attaining very high conversion values in comparison with the 
traditional reactors operating under the same conditions [27]. In fact, the continuous 
removal of one of the reaction products, the hydrogen, promotes the reaction conversion 
beyond the equilibrium values. With respect to a classical configuration consisting of a 
reactor unit in series with a separation unit, CMRs represent a modern configuration in 
which an integrated reaction/separation unit has many potential advantages: reduced capital 
costs, improved yields and selectivities and drastically reduced downstream separation 
costs [117,118]. In addition, the reject gas from the membrane can be used as a fuel source 
for a catalytic combustor to provide a self-sustainable operation [119,120]. 

If hydrogen is intended to feed a low-temperature fuel cell based on proton exchange 
membranes (PEMFC), it needs to be purified in addition to WGS by means of further 
processes like pressure swing adsoprtion (PSA), CO preferential oxidation (COPrOx) or 
membrane separation. In this context, membrane reactor technology plays an important role 
as an advanced solution to conventional systems based on in series reactors, offering the 
opportunity of combining the reforming process for producing hydrogen and its separation 
in the same device (Fig. 2.1). 
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Fig. 2.1 Scheme of alcohol reforming using a catalytic membrane reactor for generating 
hydrogen (B) compared to a conventional system based on in-series reactors (A). 

 

Fig. 2.2 Scheme of a catalytic membrane reactor 

Retentate refers to the reaction side of the membrane. Hydrogen permeates through the 
membrane, a process that is usually assisted by a sweep gas. Among CMRs, palladium-
based membrane reactors fulfill the requirements to obtain an ultra pure hydrogen stream 
(full hydrogen perm-selectivity) suitable for low-temperature fuel cell feeding (Fig. 2.2). 
The hydrogen permeation through dense Pd-based membranes follows the transport 
mechanism called solution-diffussion [121]. It involves five different activated steps [122]: 
dissociation of molecular hydrogen from the reformate at the gas-metal interface, 
adsorption of atomic hydrogen on the membrane surface, dissolution through the 
membrane, recombination of atomic hydrogen at the permeate side of the gas-metal 
interface to form hydrogen molecules, and desorption of molecular hydrogen. Each of this 
steps may control the permeation of hydrogen through the membrane depending on 
temperature, pressure, reformate composition, and membrane thickness [117]. The 
hydrogen flux permeating through the membrane, JH2, can be expressed as: 

JH2=PH2(pn
H2,r-pn

H2,perm)/δ        2.10 
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PH2 is the hydrogen permeability, pH2,r and pH2,perm are the hydrogen partial pressures in the 
retentate and permeate sides of the membrane, respectively, and δ is the membrane 
thickness. The thiner the membrane the higher the hydrogen flux. However, to ensure 
mechanical resistance and strenght of the membrane, thicknesses greater than 5 μm are 
commonly required. Assuming that the solid-state diffusion of hydrogen is rate-
determining, and that hydrogen atoms form an ideal solution in the metal, the hydrogen 
pressure exponent (n) is equal to 0.5, which corresponds to the Sieverts’ law: 

JH2=PH2(p0.5
H2,r-p0.5

H2,perm)/δ        2.11 

Then, a relatively large difference in the partial pressure of hydrogen between the reaction 
and separation sides is necessary for promoting hydrogen separation. Deviations from the 
Sieverts’ law (n>0.5) may be attributed to the accumulation of impurities on the membrane 
surface or pinholes or microcracks in the membranes, or it may be attributed to mass-
transport resistance. On the other hand, the hydrogen permeability dependence on the 
temperature can be expressed by a classical Arrhenius equation. Therefore, when the 
Sieverts’ law is valid, the hydrogen flux can be expressed as: 

JH2=P0
H2[(exp(-Ea/RT)](p0.5

H2,r-p0.5
H2,perm)/δ      2.12 

which is known as the Richardson’s equation. P0
H2 is the pre-exponential factor and Ea the 

apparent activation energy. The hydrogen permeation through the membrane is very 
sensitive to Ea. 

As stated by Al-Mufachi et al. [123] , a variety of commercial dense metal membranes such 
as vanadium (V), niobium (Nb) and tantalum (Ta) have been studied to have the highest 
hydrogen permeability. The major drawback of such metals is their tendency to form stable 
oxide layers under ambient conditions. Palladium-based membranes are favorable in this 
regard (Pd) showing relatively high hydrogen permeability and are the suitable alternatives 
as a dense metal membrane.  

Pd-based membrane is able to dissociate molecular hydrogen into monatomic form ready 
for fast diffusion through its lattice. Besides, in 1866, Thomas Graham discovered that Pd 
is capable of absorbing approximately 600 times its own volume in hydrogen whilst 
maintaining its physical properties and structural integrity [123]. Commercial applications 
of Pd-based permeators for producing very pure hydrogen have been studied for more than 
fifty years (i.e. in the fuel cycle of nuclear reactors). In fact, palladium membranes are 
among the oldest membranes studied for gas permeation and separation applications and 
are still the membranes with the highest hydrogen permeability and selectivity [124]. They 
are receiving renewed attention because of the prospect of the hydrogen economy. PEMFC 
require high-purity hydrogen for operation, with less than ca. 20 ppm of CO. The most 
critical issue for practical applications of Pd membranes in CMRs for hydrogen production 
is the chemical stability of the metal membranes (poisoning effects of the reaction mixture 
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on hydrogen permeation, carbon deposition on the membrane, etc.). The poisoning through 
exposure to hydrogen sulphide affects negatively Pd membranes, which can be destroyed 
irreversibly. This may be particularly important for reforming reaction of bio-alcohols, 
where H2S traps may be necessary. The presence of CO in the reformate can cause the 
decrease of the hydrogen permeation at low temperature because CO molecules adsorb on 
Pd and displace adsorbed hydrogen, blocking the hydrogen adsorption sites (competitive 
adsorption). Water also blocks hydrogen permeability through the adsorption of oxygen 
atoms that form on the Pd surface during recombinative desorption of adsorbed water 
molecules. Coke affects negatively the hydrogen permeation by covering the membrane 
surface and lowering the hydrogen permeating flux. In addition, carbon atoms penetrate 
into the Pd lattice causing membrane failure owing to the concomitant expansion of the Pd 
lattice. 

For a better chemical stability (poisoning) and physical stability (mechanical stress, 
hydrogen embrittlement), membrane reactors do not use pure Pd but various different types 
of Pd alloyed with other metals such as silver, copper, nickel, iron and platinum. Most Pd 
alloy membranes studied are of binary components, with a few of multicomponents. Pd-Ag 
(23 wt% Ag) and Pd-Cu (38-42 wt% Cu) alloy membranes are nowadays widely employed 
in CMRs for hydrogen production. The Pd-Ag is a plastic alloy with a specific hydrogen 
permeability of PH2=3.4 nm3·mm·m-2·h-1 MPa-0.5 at 873 K [125]. The permeation rate of 
hydrogen through the membrane is a function of the membrane properties, and also the 
driving force, which is given by the difference of the square root of the hydrogen partial 
pressure on each sides of the membrane (Sieverts’ law). The hydrogen permeation via a 
dense Pd-based membrane follows the mechanism of solution-diffusion transport. The 
membrane thickness plays an important role in the permeation rate, but on the other hand 
the mechanical strenght of the membrane must be taken into account. Membranes are 
generally deposited onto porous supports such as SiO2, Al2O3, B2O3 and porous stainless 
steel (PSS), the later being advantageous because it has mechanical durability, a thermal 
expansion coefficient close to that of Pd, and ease of gas sealing. Unfortunately, PSS alloys 
the Pd at high temperatures, leading to lowering of the hydrogen permeability. This is 
usually solved by using an intermediate inert layer.  

Pd membranes have been prepared by a variety of methods such as cold-rolling, 
evaporation, sputtering, spray pyrolysis, chemical vapor deposition, electroplating, and 
electroless plating [126]. During the rolling, a dense film without any pinholes and cracks 
can be maintained to the level of the appropriate thickness because the film is mechanically 
formed from the corresponding dense metal lump [127]. In the other methods a thin film is 
formed by rebuilding metal atoms and clusters, so that a considerable effort is required to 
avoid pinholes. Via cold-rolling and diffusion welding, robust Pd-based thin wall tubes less 
than 0.05 mm wall thickness have been systematically produced and their complete 
hydrogen selectivity and durability have been demonstrated in long term tests of CMRs 
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[128]. Today, numerous catalytic membrane reactors designs are available containing a 
bundle of Pd-based tubes or fingers [26,125]. These devices are capable for producing high 
hydrogen throughputs and can be used in compact reforming systems. 

Pd alloy membranes have been used in catalytic membrane reactors mainly for WGS and 
steam reforming reactions of methane and methanol [117], but their use in the steam 
reforming of ethanol and higher alcohols is relatively new [129]. The main aim of the 
researchers involved in this field is oriented to emphasize the role of the membrane by 
analyzing the performances of the reaction system in terms of alcohol conversion, hydrogen 
yield and hydrogen recovery, that is, the amount of hydrogen collected in the permeate side 
vs. the total hydrogen produced during the reaction. 

2.4.1 Ethanol steam reforming in CMRs 

A large piece of work on ethanol steam reforming (ESR) with Pd-Ag membranes (wall 
thickness of 50 μm) using sweep gas has been carried out by Basile’s group at the 
University of Calabria, Italy. Gallucci et al. [130] studied ethanol steam reforming over 
Ru/Al2O3 catalyst in three different Pd-Ag membrane reactors. The highest conversion 
attained at 723 K was about 50% in counter-current mode, which was significantly higher 
than that attained in a traditional reactor. However, in the CMR coke deposition occurred to 
a large extent with consequent deactivation of the catalyst. Basile et al. [131] used the same 
catalyst for performing ESR in a dense Pd-Ag CMR by varying the water:ethanol molar 
ratio between 3:1 and 9:1 at 573-673 K and 1.3 bar in counter current mode. Hydrogen 
recovery values of 22% were reached as well as ethanol conversion higher than 99% with a 
56% hydrogen yield, which represented a significant improvement over the performance 
obtained with conventional catalytic reactors according to the shift effect [132]. Over the 
same catalyst, Tosti et al. [133] at ENEA (Italy) reached hydrogen yields as high as 80% 
working at 723 K and 2 bar using a dense thin wall Pd-Ag tube. The same device was used 
by the same authors [134] for studying Pt- and Ni-based catalysts, which showed a poor 
performance in terms of hydrogen yield with respect to the Ru-based catalyst (Ru>Ni>Pt at 
low feed, while for higher feed flow ratios the sequence was Ru>Ni=Pt).  

Tosti et al. [135] also obtained kinetic expressions and modeled the CMR operation with 
the Ru-, Ni- and Pt-based catalysts in order to optimize the membrane reformer by 
assessing the ratio between the reaction and permeation kinetics. The membrane tube was 
divided into finite volume elements where the mass balances for both lumen and shell sides 
are carried out. The model was validated via experiments using three different kinds of 
catalyst, i.e. Ru, Pt and Ni-based. The effect of pressure was studied by Tosti et al. [136] in 
a Pd-Ag tube of 150 mm wall thickness in the range 1-8 bar. A Ru-based catalyst was used 
and water/ethanol mixtures of molar ratio 10/1 and flow rates of 5, 10 and 15 g h−1 was fed. 
At 723 K and 4 bar and under a feed flow rate of 5 g h-1, maximum values of hydrogen 
yield (5.5) and hydrogen recovery values close to 100% were measured. At lower 
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temperatures and pressures the hydrogen yield declined. Lulianelli et al. [137] studied the 
additon of oxygen to the ESR environment in a Pd-Ag membrane reactor. The Ru/Al2O3 
catalyst was studied at 673 K, S/C=5.5, GHSV=2000 h-1 and by using a sweep gas into the 
permeate side of the reactor, being the maximum hydrogen recovery (ca. 30%) achieved at 
O/C=1.2. It was claimed that oxygen addition can prevent ethylene and ethane formation 
caused by dehydration of ethanol as well as carbon deposition [137]. A combined methane 
and ethanol steam reforming was carried out over a Pt/Al2O3 catalyst at 1-5 bar in a multi-
membrane module (Pd-Ag, 150 μm), where pure H2 was recovered in the shell side by 
vacuum pumping [138]. The authors nicely showed that ethanol concentration could be 
avoided by the combined steam reforming of diluted ethanol (bio-ethanol) and methane, 
that is, the excess of water in the bio-ethanol is used to perform the methane reforming. At 
5 bar, hydrogen yields up to 70% were obtained with a water:ethanol:methane molar ratio 
of 14:1:1. 

ESR over Co/Al2O3 catalyst was conducted by Lulianelli and Basile [139] and Iulianelli et 
al. [140]. Several operational parameters such as temperature, pressure, sweep gas flow 
(SF) and load were evaluated and hydrogen yield and recovery values as high as 60% and 
95%, respectively, were reached at 673 K, 3 bar, and SF=25.2 mL·min-1 (countercurrent 
flow). Experiments were performed in two types of reactor, i.e. a traditional reactor (TR) 
and a membrane reactor (MR). 95% ethanol conversion was reached by the MR in both co-
current and counter-current flow configurations, while only 84% was reached in the TR. 
The hydrogen selectivity was 67% and 64% in the case of MR and TR, respectively. [139]. 
The effect of the reaction pressure and the sweep factor on the reaction system was studied 
by means of the counter-current sweep gas flow configuration [140]. The same catalyst was 
tested at 673 K in a porous stainless steel (PSS) supported Pd membrane reactor (25 μm Pd 
layer deposited onto a stainless steel tubular macroporous support) with the aim of 
investigating the influence of the membrane characteristics as well as of the reaction 
pressure from 3 to 8 bar [141]. 100% ethanol conversion was reached at 673 K and 8 bar. 
Hydrogen recovery of more than 50% with a purity around 65% was obtained. Co/Al2O3 
and Ni/ZrO2 catalysts were used in a Pd/PSS membrane reactor at    673 K and 8-12 bar for 
simulating bio-ethanol steam reforming by using a mixture of water-ethanol-acetic acid-
glycerol with 1:13:0.18:0.04 molar ratio [142]. About 94% of ethanol conversion was 
obtained at 12 bar over the Co/Al2O3 catalyst, with 40% hydrogen yield and 40% hydrogen 
recovery. 

Papadias et al. [143] at Argonne National Laboratory, USA, explored the benefits of high-
pressure ESR for the production of hydrogen needed to refuel the high-pressure tanks of 
PEMFC vehicles. The experiments were conducted at 7-70 bar, 873-1023 K, and S/C=3-12 
in a Pd-Ag (30 μm) CMR loaded with Rh/La2O3-Al2O3 catalyst. As expected from 
thermodynamics, higher pressures showed inhibition of the hydrogen yield in favor of 
methane. Domínguez et al. from the Technical University of Catalonia, Spain, studied the 
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ESR in a CMR over cobalt talc at 598-673 K and 5-15 bar [40]. In addition to an 
improvement of the hydrogen yield with respect to a fluidized bed reactor (FBR), the CMR 
showed a rapid response to changes in the ethanol-water mixture load; a constant hydrogen 
flow was obtained after 2 s following variations of the ethanol-water load of ±10%. The 
experiments of Papadias et al. [143] and Domínguez et al. [40] were performed without 
sweep gas, therefore, pure hydrogen was obtained in the permeate side of the membrane, 
ready to feed a PEMFC. López et al. [2] studied the ESR using a Pd-Rh/CeO2 catalyst over 
cordierite monoliths in-series in a CMR. Reaction yields of 3.1 mol hydrogen generated per 
mol ethanol in feed and total yields of 1.4 mol H2 permeated per mol ethanol in feed were 
measured, with maximum hydrogen recuperation of 70% (no sweep gas). This CMR was 
directly connected to a PEMFC and several control algorithms were developed to study 
suitable strategies for obtaining fast response from the CMR following variations in the 
hydrogen demand from the fuel cell [3]. 

Iulianelli et al. [144] studied bioethanol steam reforming over A 7.5 wt.% Ni/CeO2 catalyst 
in a thin layer Pd-based (8 μm thin Pd-layer deposited onto a porous Al2O3 support) 
membrane reactor at 673 K. The study focused on the effect of feed composition and 
reaction pressure (2-3 bar) on the performance of the membrane reactor in terms of 
hydrogen permeation rate, permeated hydrogen purity, and ethanol conversion. The best 
performance of the membrane reactor was reached the highest pressure (3 bar). Almost 
complete ethanol conversion and a hydrogen yield of 67% was reached. The evaluation of 
the effect of presence of bioethanol impurities such as glycerol (C3H8O3) and acetic acid 
(CH3COOH) showed that these species could positively contribute to more hydrogen 
production via attending the steam reforming reactions, specially in presence of excess 
steam (high steam to carbon ratio) [144]. For the first time, self-heated carbon nanotubes 
(CNT) as membranes were fabricated and used in steam reforming of ethanol by Janas et al 
[145]. The surface of CNT was used as both the support of a Ni catalyst to perform the ESR 
reaction, and the source of heat to run the ESR reactions. The main advantages of such a 
configuration are more uniform temperature distribution (heterogeneous product 
distribution due to the temperature gradients is prevented), and light and portable setups. 
The temperature of 723 K was reached where 25% of hydrogen was detected in the effluent 
stream. Murmura et al. [146] performed ethanol steam reforming over Pt/Ni-CeO2 catalyst 
in a Pd-based membrane reactor (4-5 μm palladium layer, deposited by electroless plating 
on the outside of a porous alumina tube). The experiments were performed at 613-753 K,  
6-10 bar, steam to carbon ratio of 1.5 (stoichiometric conditions), and using a nitrogen 
sweep gas flow rate of 0.5 lNmin-1 at the permeate side. At complete ethanol conversion, 
4.5 mol hydrogen per mol EtOH in the feed was obtained at 753 K. The hydrogen recovery 
of 100% was reported in the case of using the sweep gas at the permeate side [146]. 
Rh/La2O3-SiO2 and Rh/CeO2 catalysts were studied in a self-supported Pd-Ag membrane 
reactor for ethanol steam reforming [147]. The reaction experiments were performed in a 
traditional reactor and a membrane reactor using different sweep gas flow rates to feed the 
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reactor with the mixture of ethanol and water (the reactant mixture was 2.5% ethanol, 7.5% 
water, and 90% nitrogen). The only products of the ESR reactions were CO, CO2, CH4, and 
H2 and complete ethanol conversion was kept in all cases. The reactions were favored in the 
case of the membrane reactor without coke formation. The best results were obtained at at 
S/C ratio of 10. Hydrogen recovery of 70% was reached where 2.8 mol hydrogen was 
produced per mol converted ethanol.  

Although most of the ESR work in CMR has been done with Pd-Ag metallic membranes, 
there are also some examples of ESR in different types of membrane reactors with the 
scope of reducing the cost. Yu et al. from the Korea Research Institute of Chemical 
Technology used Pt-impregnated Knudsen membranes to carry out simultaneously the ESR 
reaction and WGS [148]. The ethanol reforming-membrane reactor showed ethanol 
conversion improvement up to ca. 15% in comparison with a conventional reactor, with an 
improvement of hydrogen yield up to 10.5%. A similar experiment was performed with a 
CMR loaded with Pt/TiO2 catalyst, which showed hydrogen recovery values of 78-87% in 
the temperature range 573-873 K [149]. Oyama’s group at the Virginia Polytechnic 
Institute & State University, US, employed silica-alumina composite membranes with 
moderate hydrogen permeance as well as Pd and Pd-Cu (2 μm) composite membranes over 
Al2O3 for ESR over Na-Co/ZnO catalyst [150–152]. Ethanol conversion and hydrogen 
production enhancement were measured to be ca. 20% in the Pd-Cu CMR. High-effective 
hydrogen production from ethanol and water was reported in a tubular dense mixed-
conducting oxygen permeable membrane reactor, in which the water splitting takes place at 
the tube side of the membrane and the oxidative steam reforming of ethanol occurs at the 
shell side simultaneously [153]. Yttria stabilized zirconia hollow fibers were used as 
substrate for the deposition of a Pd-Ag membrane on the outer shell of the hollow fiber and 
for deposition of NiO/MgO-CeO2 catalyst inside the hollow fiber to develop a catalytic 
hollow fiber membrane reactor for conducting ESR [154,155]. At 583 K, the hydrogen 
produced in the catalytic hollow fiber membrane reactor was twofold higher than that in the 
catalytic hollow fiber reactor without Pd-Ag membrane. 

2.4.2 Effect of co-existence of ESR products on the permeation behavior of 
Pd-Ag membrane 

As stated before, the influence of reforming products such as CO, CO2, H2O, and CH4 on 
the hydrogen permeability of the Pd-based membranes (hydrogen inhibition) is considered 
as a drawback. Several works have been devoted to the investigation of the permeation 
behavior of the Pd-based membranes in the WGS and MSR environment [156–164]. 
Catalano et al. [157] stated that CH4 and N2 acted as inert gases in terms of hydrogen 
inhibition, although in their permeation tests the hydrogen flux drastically decreased when 
a mixture of hydrogen and N2 and/or CH4 was used. This was ascribed to the hydrogen 
partial pressure decrease in the case of binary or ternary mixtures. Several permeation tests 
were performed by Gallucci et al. [159] at 523-723 K and 2-3.5 bar using a palladium 
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membrane to evaluate the influence of the presence of gases such as CO, N2, CO2, and Ar. 
The remarkable and quick influence of CO on the hydrogen permeation was reported, 
specially at low concentrations of CO. In the case of the rest of the gases, only the dilution 
effect was seen, by which the hydrogen flux was decreased but only due to the lower partial 
pressure of hydrogen (no membrane surface effect) [159]. The same results was reported by 
Li et al. [161] where a notable decrease in hydrogen permeation was observed at low 
concentrations of CO. Addition of steam to low concentrations of CO showed a stronger 
hydrogen inhibition.  

Several authors mentioned the evident negative effect of presence of CO on the hydrogen 
permeance behavior of Pd-based membranes due to the covalent interaction of carbon 
monoxide with the membrane surface [160,165,166]. Peters et al. [163] studied a Pd-Ag 
membrane reactor in WGS reaction environment at 673 K and reported the significant 
effect of CO on the hydrogen permeation rate through the membrane. Amandusson et al. 
[156] tested a 25 μm thick Pd membrane in presence of hydrogen, CO, and O2 at low 
temperatures of 373-523 K. They found out that both CO and O2 influenced the membrane 
permeation performance. The available hydrogen dissociation sites were blocked by CO, 
and O2 reacted with the present hydrogen to form water. The authors reported that at lower 
temperatures, CO dominated the effect of the formed water and blocked the permeation 
sites of the Pd membrane surface, resulting in less hydrogen permeation rate. Coroneo et al. 
[158] developed a CFD model to compute the permeation rate of hydrogen through a Pd-
Ag membrane in binary and ternary gas mixtures at 647-773 K and P=1-7 bar. The 
separation performance of the membrane was evaluated in presence of N2, CO, and CH4 
and at constant temperature and partial pressure of hydrogen. The negative effect of CO on 
the permeation flow rate of hydrogen was seen.  

Mejdell et al. [167] investigated CO inhibition at 573-623 K on a very thin Pd-Ag 
membrane (3 μm) before and after an air treatment done at 573 K. The hydrogen flux 
declined drastically by 60% when the membrane was exposed to 1 mol% CO before the air 
treatment, while after the air treatment the same effect (CO inhibition) was 15 %. The 
enhanced performance of the membrane after the air treatment was attributed to the 
changes in CO and H2 heats of adsorption due to the surface segregation of Pd or Ag [167]. 
As presented in the literature, CO has the dominant effect on the hydrogen permeation 
decrease by poisoning the permeation sites of the Pd metallic membranes. 

Sanz et al. [168] carried out permeation tests using a Pd membrane reactor at 623-723 K 
and trans membrane pressure difference of 2.5 bar. The tests were done in the atmosphere 
of pure H2/N2, and mixed with CO or/and CO2. In all cases, a decrease in the hydrogen 
permeance was observed. However, the selectivity towards hydrogen was kept in all the 
cases. The results of the permeation tests at 623 K done by Sanz et al. [168] are given in 
Fig. 2.3. PH2ret and PH2perm represent the partial pressure of hydrogen at the retentate side 
and the permeate side, respectively.  
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Fig. 2.3 Effect of gas mixtures on the permeation performance of the Pd membrane at 623 
K. Figure taken from the work by Sanz et al. [168]. 

As can be seen, the strongest effect belonged to the H2/CO2 mixture so that at hydrogen 
partial pressure of 2 bar (PH2.ret

0.5 − PH2.perm
0.5 = 120), the hydrogen flux is 4.5 times lower 

than in the case of pure hydrogen. Moreover, it is shown that the influence of the lower 
concentration of CO is more noticeable. Taking into account the dominant effect of the 
presence of CO in the reactor [156], this figure gives an example of the negative effect of 
the co-existence of the ESR products, specially CO and CO2, on the permeation 
Performance of a Pd-based membrane.  

Water also can poison the surface of the membrane and block the hydrogen permeation 
sites. The influence of water vapor on the permeability of a 2.5 μm Pd80-Ag20 membrane 
was studied by Catalano et al. [169] at 473 to 723 K. Binary mixtures of hydrogen-nitrogen 
and hydrogen-water vapor were used at trans membrane pressure of up to 3 bar. Although 
nitrogen is considered as an inert agent, the experiments of hydrogen-nitrogen mixture at 
different temperatures proved a non-negligible concentration polarization. However, at the 
same operating conditions and hydrogen partial pressure, the hydrogen flux in the case of 
hydrogen-water vapor was considerably lower in comparison with the hydrogen-nitrogen 
mixture. The influence of the water vapor increased at higher temperatures and higher 
water vapor concentrations. However, the permeation decrease was reversible thanks to the 
competitive H2-H2O adsorption on the Pd-Ag surface [169]. According to Barreiro et al. 
[170], the permeation tests of a Pd-based membrane at 593-723 K and hydrogen partial 
pressure of 1.5 bar showed that hydrogen flux reduced in presence of water, while CO2 had 
no influence on the permeation rate of hydrogen.  Gielens et al. [171] tested very thin Pd 
and Pg-Ag (1 and 0.5 μm) membranes in presence of water and carbon dioxide at 623, 673 
and 723 K. The hydrogen permeation flux was measured for periods of more than 80 h 
during and after the addition of CO2 or H2O. They reported a very large hydrogen flux 
decrease of 70 and 69% for H2O and CO2, respectively, at 623 K. After stopping the steam 
addition, the hydrogen flux was recovered. However, in the case of CO2, the hydrogen flux 
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got stable at a lower rate compared to the pure hydrogen stream. The authors claimed that 
in the WGS environment, the hydrogen inhibition effect of CO (the product of the reaction 
of H2O and CO2) is not noticeable in front of the significant effect of carbon deposition on 
the surface of the membrane [171].  

Hou et al. [172] reported that the hydrogen inhibition effect of CO, CO2, and H2O in the 
case of a Pd-Ag membrane could be classified as H2O>CO>>CO2. The order of influence 
corresponded to the competitive adsorption capability of the gases on the Pd-Ag membrane 
surface. At temperatures higher than 673 K, the hydrogen inhibition was not noticeable. In 
the study by Unemoto et al. [164] the comparison between CO, CO2, and H2O showed that 
at T<600 K, CO had the strongest influence on the hydrogen permeability of the Pd 
membrane. They suggested that at T>873 K, the effect of co-existence of other species for a 
membrane with a thickness higher than 10 μm was negligible. On the contrary, Patrascu 
and Sheintuch [173] concluded that the effect of very small amount of CO on hydrogen 
permeation inhibition could be notable even in presence of H2O, and especially in the steam 
reforming environment. 

Overall, the published open literature offers no robust model/analysis on the effect of the 
different species on the performance of the membrane in the real atmosphere of methane 
steam reforming and water gas shift reactions. The competitive adsorption of CO and H2O 
on the surface of the metallic Pd membrane, the effect of reverse reactions of WGS and 
MSR, and the effect of operating at high pressure and temperature do not give a consistent 
idea of the hydrogen inhibition of the ESR products in the real atmosphere of the steam 
reforming of ethanol over noble metals. Moreover, there is not a consistent conclusion on 
the effect of H2O on the permeability or active surface area of the membrane. It is not 
totally agreed if CO2 and CH4 are considered as inert gases, as the decomposition of these 
two species, or the reactions with water via WGS and MSR, respectively, can lead to a 
more complicated situation regarding the influence on the hydrogen permeation. According 
to the review given by Cornaglia et al. [174], it can be understood that the hydrogen 
inhibition phenomenon caused by the ESR products; specially in presence of H2O, is a very 
complicated issue. Specific considerations in each case in terms of the properties of the 
membrane, operating conditions, and the composition of the fuel fed into the reactor (S/C 
ratio) may be a relevant solution.    

In this chapter an introduction to the membrane reactors and a literature review on the 
ethanol steam reforming in the membrane reactors over noble metal based catalyst were 
given. While many interesting studies have been performed recently on the application of 
membrane reactors in pure hydrogen production, this area requires further research and 
development to introduce efficient, robust, and applicable pure hydrogen-producing 
systems. The next chapter is devoted to the experimental investigation of the ethanol steam 
reforming reaction over Pd-Rh/CeO2 in a Pd-Ag membrane reactor at different operating 
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conditions to study the effect of catalyst reactivity, hydrogen selectivity, fuel conversion, 
and pure hydrogen permeation rate through the Pd-Ag membrane. 
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Chapter 3 

 

 

Experimental results of ethanol steam reforming over    
Pd-Rh/CeO2 in the Pd-Ag membrane reactor 

 

 

 

 

 
Abstract 

A comprehensive introduction and literature review on hydrogen, membrane reactors, and 
common catalysts for hydrogen production via catalytic steam reforming of ethanol was 
given in previous chapter. As the first step, ethanol steam reforming (ESR) experiments 
over Pd-Rh/CeO2 catalyst were performed in a catalytic membrane reactor (CMR) at 
different temperatures and pressures, using a mixture of ethanol and water at various S/C 
ratios. The reactor was filled by the catalyst so that the membranes were fully covered to 
achieve the maximum amount of hydrogen production and permeation. Hydrogen yield of 
0.6 at 12 bar and 923 K was reached at S/C=3 and hydrogen recovery was 92%. 0.9 LN 
hydrogen/ml EtOH equal to 3.5 mole of pure hydrogen per mole of inlet EtOH was 
obtained at 12 bar. The prototype was established so that pure hydrogen was obtained as it 
was generated, thanks to the high selectivity of the Pd-Ag membranes towards hydrogen. 
Hydrogen was obtained at the purity of 99.999%, suitable for direct online use for low 
temperature fuel cells [3]. The experimental results were compared to a staged membrane 
reactor (SMR) [2,3] configuration in which the same experimental conditions were applied 
and the same catalyst was used.  
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3.1 Materials and methods 
 

3.1.1 Catalyst preparation 

Honeycomb monoliths were used as catalysts to perform the ESR reaction. Monoliths are 
well known for the mechanical and thermal strength and stability in harsh chemical reaction 
conditions [175]. Besides, ceramic monoliths are known as reliable and useful supports for 
catalytic reactions, thanks to their very high surface to volume ratio [176]. Several works 
have been reported recently, using monoliths as a support for the catalytic conversion of 
bioethanol in membrane reactors [2,41,175,177,178]. A ceramic monolith is shown in Fig. 
3.1. 

               
 

Fig. 3.1 Ceramic monolith [41] 

To prepare the catalyst required for this work, the honeycomb monoliths (cordierite) were 
crushed into small pieces. The crushed monoliths were sieved to be larger than 1 mm (1-5 
mm) not to block the outlet of the reactor. Then, sieved pieces were soaked with a saturated 
solution of cerium salt of Ce(NO3)2.6H2O (Fluka) in distilled water. For this purpose, the 
monolith pieces were sunk in the homogenous solution of Ce(NO3)3 in water so that the 
surface of porous crushed monoliths was coated. The process was followed by a two-step 
calcination process i.e. 1 hour at 393 K and 2 hours at 773 K to obtain a homogenous CeO2 
layer. After coating with ceria, a mixture of 0.5% Pd-0.5% Rh was prepared to be added 
using aqueous solutions of PdCl2 and RhCl3 (Sigma-Aldrich). The composition was 
selected because of the proven catalytic reactivity of 0.5% Pd-0.5% Rh in ESR 
environment in terms of ethanol conversion and hydrogen selectivity [87]. The solution was 
impregnated on the ceria-coated catalysts during five successive wetness impregnations and 
drying, for certain homogeneity and settlement of noble metals solution onto the surface of 
the CeO2 particles. After each wetness impregnation, the catalysts were dried at 353 K for 1 
hour. Finally, the catalyst was dried and calcined at 393 K for 1 hour and at 673 K for 2 
hours, respectively. To reduce the coated noble metal oxides back to the metallic phase, the 
catalysts were reduced at 623 K using the stream of 5% H2 in N2 for 3 hours prior to the 
reactions. The prepared catalyst is shown in Fig. 3.2. The analysis by electron microscopy 
revealed a homogenous distribution of catalyst aggregate of about 0.2-0.5 μm.  
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Fig. 3.2 Prepared catalyst (left hand side) and its microscopic picture (SEM) (right hand 
side) 

3.1.2 Experimental setup 

The laboratory setup used for the ESR experiments (fuel reformer) consisted essentially of 
a fuel tank, a liquid pump, a catalytic membrane reactor, a pressure transducer, and a 
condenser. A schematic plan of the fuel reformer system is shown in Fig. 3.3. 

 
 

Fig. 3.3 Scheme of the fuel reformer 

The reactor was 10 in. tall and 1 in. in diameter. There were four Pd-Ag membrane tubes 
highly selective to hydrogen inside the reactor; each one 3 in. tall and 1/8 in. diameter in 
order to separate hydrogen. The membrane tubes consisted of Pd-Ag (30 μm layer) 
supported on porous stainless steel (PSS) provided by REB Research & Consulting, MI, 
USA [179], accounting for 30.4 cm2 total active membrane area. To perform the 
experiments, the reactor was filled with 25 grams of the catalysts (monolith plus Pd-
Rh/CeO2 catalyst, containing ≈0.341 gr of Pd+Rh) so that the metallic membranes were 
fully covered. Fig. 3.4 presents a scheme of the Catalytic Membrane Reactor (CMR) filled 
with the catalyst. 
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Fig. 3.4 Scheme of the reactor with the catalyst 

The reactor itself included the evaporator tubes stick to the same heating plate used to keep 
the reactor at the desired temperature. The heating plate is placed between the reactor and 
the evaporator tubes. The CMR module is shown in Fig. 3.5. 
 

 
 

Fig. 3.5  CMR module 

The obvious advantages of this setup are: 
 

1. Using a single heating source for evaporation of the liquid fuel and heating the 
reactor. 

2. Significant volume decrement by using a single heating plate for heating and use of 
the membranes inside the reactor for hydrogen purification. 

3. Possibility of using a liquid pump to maintain the desired pressure. 
 
The heating plate was controlled by an electronic controller (Fuji PXR4), provided the 
temperature measurement registered by a K-type thermocouple which was in close contact 
with the reactor wall. The reactor was sandwiched between a 22 mm of glass wool aiming 
to thermal insulation. A HPLC pump (Knauer) was used to pump the water-ethanol mixture 
(fuel) and to keep the pressure. The retentate pressure was adjusted by a backpressure 
regulator (Swagelok) which was regulated by means of a computer program. No pressure 
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regulation was implemented on the permeate side (pure hydrogen outlet), so the permeate 
side pressure was kept automatically at ambient pressure. Besides, no sweep gas was used 
and pure hydrogen was obtained at atmospheric pressure. At the retentate side, a condenser 
with a liquid level indicator was placed so that all the gases were air-cooled and the steam 
was condensed by transferring heat to the environment (air). The composition of the outlet 
gases (retentate) was analyzed using an online Gas Chromatograph (Agilent 3000A 
MicroGC using MS 5 Å, PlotU and Stabilwax columns). The flow rate of pure hydrogen 
was directly measured by a mass flow meter (Bronkhorst F-111B) in ml/min.  
 
The assembled experimental setup used in this work is shown in Fig. 3.6. 
 

 
 

Fig. 3.6 Experimental setup 

The Gas Chromatograph (GS) showed an error of ±3% absolute in the total measured 
composition of the retentate gas. The mass flow meter of pure hydrogen fluctuated within 
±2 ml/min, equal to ca. 0.11×10-5 mol/s. This is attributed to the small variations of the 
pressure inside the reactor, as the pressure valve acts on the outlet retentate stream (causing 
a pressure fluctuation of ±0.05 bar). The errors of the measurements apparatus are 
considered in the uncertainty analysis presented in Appendix A. 
 
For all the experiments, a solution of ethanol and distilled water – according to the different 
steam to carbon ratios – was used as the fuel to feed the reactor. The operational conditions 
of the ESR experiments are summarized in Table 3.1. 
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Variable 
Temperature  

(K) 

Pressure 

(bar) 

Fuel flow rate 
 (μl/min) 

S/C  
(steam to carbon ratio) 

Variation range 873 – 923 1 – 12 50 – 100 1.6, 2, 3 

Intervals size 50 2 50 - 

 
Table 3.1 Operating conditions 

Pressures higher than 12 bar and temperatures higher than 923 K were not tested because of 
the experimental setup limitations. 

Prior to the experiments, and during the successive intervals, the pump was checked for its 
calibration. The calibration curve of the pump is given in Fig. 3.7.  

 

Fig. 3.7 The calibration curve of the pump 
The deviation of the real flow rate provided by the pump from the set point value (error) 
was more noticeable at lower flow rates. The error of the pump for flow rates of 50, 100, 
150, and 200 μl/min was 6, 4, 3, and 1%, respectively. This error is considered in the 
uncertainty analysis presented in Appendix A. 

At the beginning of each experiment, the selectivity of gases at atmospheric pressure and 
the desired temperature (873 or 923 K) are checked by monitoring the activity of the 
catalyst and the calibration of the gas chromatograph using the fuel flow rate of 100 μl/min.  

To check the performance of the membrane, at the end of some experimental periods 
(nearly every 3 months), an experiment with known values (temperature, S/C ratio, and fuel 
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flow rate) was run at high pressure (8-12 bar) and the purity and the flow rate of the pure 
hydrogen stream was compared with the previous data.  

3.1.3 Pd-Ag Membrane characteristics 

The characterization of the Pd-based membranes in terms of hydrogen permeability is done 
via permeation tests in the pure hydrogen environment, or in the presence of other gases 
such as N2, CO, CO2, and CH4, at different conditions [131,137,143,180–182]. The aim of 
such experiments is mainly to verify the infinite permeation selectivity of the hydrogen 
with respect to other gases, and to prove that the membrane and the hydrogen permeation 
behavior follow the Sieverts’ law (eq. 2.10) [131]. Papadias et al. [143] in Argonne 
National Laboratory, IL, USA, used the same membrane as used in this work, with the 
same characteristics and synthetized by the same manufacturer (REB Research & 
Consulting, MI, USA). They performed permeation tests in the 100% pure hydrogen 
environment at 473-923 K, keeping the permeate side at ambient pressure (no sweep gas). 
The temperature of the reactor environment and the membrane surface was set by means of 
a furnace, and the flow rate of hydrogen at the permeate side was measured. The measured 
permeation rate (calculated flux across the membrane) as a function of temperature and 
pressure is shown in Fig. 3.8 [143]. ‘A0’ is the pre-exponential factor in the formulation of 
the Sieverts’ law. 

 

Fig. 3.8 Dependence of hydrogen transport through the Pd-alloy membrane on pressure and 
temperature. Figure taken from the work by Papadias et al. [143]. 

The increase of hydrogen flux by temperature is not sharp at high temperatures so that the 
flux of hydrogen at 873 and 923 K (600 and 650˚C, respectively) is very similar. As stated 
by Papadias et al. [143], the hydrogen flux is limited by the rate of dissociation of the 
hydrogen molecule to hydrogen atoms on the surface of the metallic membrane. 
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Differently, at temperatures higher than 573 K, the dissociation rate is limited by the 
diffusion of the hydrogen atoms through the palladium layer, where the hydrogen flux 
follows the Sievert’s law. Based on Fig. 3.8 and considering a membrane area of 30.4 cm2, 
the hydrogen permeation rate at 923 K (650˚C) and different pressures is obtained, as 
presented in Table 3.2. 

Partial pressure of hydrogen  (atm) 20 12 7.2 3.4 

PH2,r
0.5 − PH2,perm

0.5  (atm0.5) 3.5 2.5 1.7 0.9 

Hydrogen flux  (mol/s) 2.6×10-4 1.9×10-4 1.4×10-4 8.1×10-5 

 
Table 3.2 The hydrogen flux at T=923 K for a membrane area of 30.4 cm2 

The maximum and minimum pressures at which the permeation test in pure hydrogen 
environment was performed are 20 and 3.4 bar [143]. The maximum pressure at which the 
ESR reaction in the CMR were performed in this work is 12 bar, and finally the maximum 
partial pressure of hydrogen reached in this work was around 7.2 bar (in the ESR 
environment in the CMR). The values presented in Table 3.2 are the highest hydrogen 
permeation rates possible through the studied membrane at mentioned temperature and 
pressure. 

3.1.4 Comparison between two reactor configurations 

In addition to the evaluation of the CMR configuration, a comparison to the previously 
studied reactor configuration named as the Stage Membrane Reactor (SMR) [2,3] is given. 
In the CMR configuration, the membrane was fully covered by the catalyst, therefore, the 
ESR reaction and the hydrogen permeation occurred simultaneously in the CMR. In the 
case of the SMR, the catalytic zone was separated from the permeation zone, which was the 
membrane, so that firstly the ESR reaction were complete and came to equilibrium, then the 
gaseous products passed along the membrane letting the hydrogen to permeate through the 
membrane. The two different configurations are shown in Fig. 3.9.  
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Fig. 3.9 Scheme of the configurations of the reactors: Catalytic Membrane Reactor (CMR), 
and Stage Membrane Reactor (SMR) 

The main difference between the two reactor configurations lies in the fact that in the CMR, 
the steam reforming reactions are pushed towards the product side (hydrogen generating 
side, see eq. 2.2 and 2.3) as the hydrogen is permeated through the membrane and exits the 
reactor atmosphere. This is due to the availability of the catalyst as it sandwiches the 
membrane so that hydrogen is produced as it is leaving the catalytic zone. Hence, the 
reactions are promoted beyond the equilibrium limitations to produce more hydrogen (the 
shift effect) and the partial pressure of hydrogen – as the driving force for hydrogen 
permeation – is kept high around the membrane. In the SMR, the partial pressure of 
hydrogen inside the reactor decreases along the membrane as more hydrogen is permeated 
and its molar fraction declines [3]. The ESR experiments in the SMR configuration were 
performed only at S/C ratio of 1.6 [2].  

3.1.5 Experimental data analysis 

The system is tested under different operational conditions and it is evaluated in terms of 
the conversion of ethanol, hydrogen yield (YH2), and hydrogen recovery (RH2). However, 
the pure hydrogen production rate is considered as the main point of evaluation of the 
CMR. The mentioned terms are defined as: 

𝑌𝑌𝐻𝐻2 =  𝐹𝐹𝐻𝐻2.𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝

6×𝐹𝐹𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸
Hydrogen yield 3.1 

𝑅𝑅𝐻𝐻2 =  𝐹𝐹𝐻𝐻2.𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝

𝐹𝐹𝐻𝐻2.𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡
Hydrogen recovery 3.2 

Where FH2.perm, FEtOH, and FH2.total are pure hydrogen permeation rate, ethanol flow rate, and 
total hydrogen production rate, respectively, in mol/s. Total hydrogen production included 
the permeated hydrogen and the hydrogen content of the retentate gas. Hydrogen yield can 
reach up to 1 at complete conversion of ethanol and hydrogen recovery of 1 (100% 
recovery of produced hydrogen as pure hydrogen permeated through the membrane) since 
theoretically 6 moles of hydrogen are formed per mol of ethanol in the feed. In reality, the 
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hydrogen yield of 1 is not accessible due to the limitations of the recovery of all the 
hydrogen produced via ESR. In the literature, the definition of the hydrogen yield may be 
different so that total hydrogen production is considered instead of permeated hydrogen in 
the numerator of the equation 3.1. In this work, only the permeated part of hydrogen is 
considered to focus on the pure hydrogen production capability of the CMR.  

The pure hydrogen efficiency is a measure of the reactor performance to compare the CMR 
and SMR configurations and is defined as: 

𝜂𝜂𝐻𝐻2 = 𝐹𝐹𝐻𝐻2.𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝

𝐹𝐹𝐻𝐻2.𝑖𝑖𝑖𝑖
  Pure hydrogen efficiency     3.3 

The inlet hydrogen flow rate (FH2.in) is the sum of hydrogen fed to the reactor i.e. one mole 
of hydrogen per one mole of water and three moles of hydrogen per one mole of ethanol.  

3.2 Results and discussion 
 
3.2.1 Performance of the CMR 

Based on the experimental observations and in agreement with the reported results in the 
literature [2,87], the only species detected in the retentate stream by the GC are CH4, CO2, 
CO, and H2. No ethanol was detected in the retentate stream, proving complete conversion 
of ethanol. Prior to the experiments at high pressure, the performance of the CMR was 
checked at atmospheric pressure in terms of the selectivity of the ESR products. The 
selectivity of gases at 873 and 923 K and S/C=1.6, 2, and 3 is given in Fig. 3.10.  

     

Fig. 3.10 Selectivity of the ESR products at atmospheric pressure 

The selectivity of hydrogen increases with S/C, while the methane selectivity decreased. 
This is attributed to the availability of excess water at higher S/C ratio, which promoted the 
methane steam reforming (MSR) reaction. The increasing trend of CO2 proves the reaction 
promotion at higher S/C ratio. Very small amount of CO was detected, which is considered 
as an advantage of the CMR configuration specially at 923 K where the temperature is not 
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in favor of the WGS reaction. The slightly higher selectivity of CO at 923 K is attributed to 
the exothermic nature of the WGS reaction.  

Temperature plays a key role in hydrogen selectivity permeation through the membrane. 
On one hand, hydrogen permeation through the membrane is a temperature activated 
phenomena and on the other hand, the progress of methane steam reforming (MSR) as the 
dominant hydrogen producing reaction is favored naturally with temperature as it is an 
endothermic chemical reaction (eq. 2.3). Moles of methane in the retentate gas stream 
(unconverted methane) per mole of converted ethanol are presented in Fig. 3.11. The lines 
show the general declining trend of the presented results over pressure.  

     

     

Fig. 3.11 Moles of methane produced in the CMR per mol of ethanol in the feed 
Traces of methanation are seen when mole CH4

mole EtOH
 >1 keeping in mind that one mole of 

methane is generated per one mole of converted ethanol. This phenomenon was caused by 
operating at high pressure where the MSR reaction (eq. 2.3) was pushed backward 
according to Le Chatelier’s Principle. This phenomenon is more visible at 873 K, which 
proves the effect of temperature on the MSR reaction. Besides, hydrogen permeation rate is 
lower at 873 K resulting in less promotion of the ESR reaction. The unconverted methane is 
clearly higher at 873 K due to the dependency of the MSR reaction on temperature.  
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Another visible feature in Fig. 3.11 is less methane conversion at FF=100 μl/min, which 
can be a result of the shorter residence time of the reactants in the CMR at higher fuel flow 
rate together with less pure hydrogen permeation per mole of ethanol, which means less 
promotion in the ESR reaction. As methane conversion increases with pressure, more 
hydrogen is generated and permeated. As expected, there is a direct link between the 
conversion rate of methane and the production rate of hydrogen. Total produced moles of 
hydrogen (Total) together with the permeated moles of hydrogen through the membrane 
(Pure) per mole of ethanol in the feed are presented in Fig. 3.12. 

   

    

Fig. 3.12 Total and permeated moles of hydrogen per mol of ethanol in the feed 

Total hydrogen production increases with S/C ratio because on one hand the molar flow 
rate of ethanol is lower at higher S/C ratio (at constant fuel flow rate), and on the other 
hand more methane is converted in presence of excess steam at higher S/C ratio (see Fig. 
3.11) specially at 923 K. At higher pressures, hydrogen permeation is improved because of 
higher partial pressure of hydrogen around the membrane (Sieverts’ law). Therefore, MSR 
and WGS reactions are promoted, as the catalyst is available around the membrane to 
compensate for the removed product (permeated hydrogen). This is an evident result of the 
shift effect in the CMR configuration leading to the promotion of the reforming reactions. 
In the light of the shift effect, it is obvious that as more methane is converted, more 
hydrogen is produced and therefore is permeated as pure hydrogen. In other words, the 
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special configuration of the CMR results in overcoming the negative effect of pressure on 
the reforming reaction. 

Temperatures lower than 873 K were not tested because the permeation of hydrogen was 
very small. 

In the case of carbon monoxide, a similar trend to methane is observed. However, the molar 
production rates of CO are very low, proving two advantages. First, the promotion of the 
WGS reaction, which means nearly complete conversion of CO, and second, very low 
production rate of CO, which is considered an enhancement in reforming processes. The 
molar production rate of CO per mol of ethanol in the feed is shown in Fig. 3.13.  

     

     

Fig. 3.13 Molar production rate of CO per mol of ethanol in the feed 

The slightly higher CO selectivity at S/C ratio of 1.6 is attributed to the operating at 
stoichiometric conditions, where there is no excess water. At these conditions, the operating 
pressure plays an important role where higher hydrogen permeation results in the 
promotion of ESR reaction. The effects of temperature and the fuel flow rate are not 
noticeable.   
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3.2.2 Pure hydrogen production  

As stated before, temperature and pressure (as the driving force of hydrogen permeation) 
are the determining factors in the rate of hydrogen production. Pure hydrogen production 
rate at all operating conditions is given in Fig. 3.14.  

    

Fig. 3.14 Hydrogen permeation rate at different operating conditions 

The total production of hydrogen is at least doubled as the temperature increases by 50 K 
from 873 K to 923 K, at the same S/C ratio, fuel flow rate, and pressure. At higher 
pressures, the gap between the two flow rates is widened because of higher rates of 
hydrogen permeation through the membrane. It is proved that the catalyst around the 
membrane is able to compensate for the permeating hydrogen by simultaneous hydrogen 
production. Therefore, in the case of availability of more fuel, relatively more hydrogen is 
permeated.  

The effect of the fuel flow rate on production of pure hydrogen is obvious. The higher the 
fuel flow rate, the higher the amount of fuel available for production of hydrogen in the 
reactor. At FF=100 μl/min, the pure hydrogen permeation rate is not exactly doubled 
compared to the one at FF=50 μl/min since not all the converted hydrogen can permeate 
through the membrane while the inlet ethanol is doubled. As shown in Fig. 3.12, the 
number of moles of permeated hydrogen per mol of inlet ethanol is higher at lower fuel 
flow rate.   

The pure hydrogen flow rate declines with S/C ratio because less ethanol as the source of 
hydrogen is fed into the CMR at higher S/C ratios. Besides, the excess water results in a 
lower hydrogen partial pressure inside the reactor. One of the important observations is the 
approximately linear pure hydrogen production with pressure specially at 923 K. The 
reformer operates linearly with the pressure in terms of hydrogen permeation, leading to 
higher hydrogen recovery and hydrogen yield at higher pressure and the same temperature 
and fuel flow rate. This feature directly results in very high efficiency of the reformer when 
operating at high pressure. The linear behavior of pure hydrogen permeation with operating 
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pressure makes it possible to consider the pressure as one of the controlling factors of pure 
hydrogen flow rate if a fuel cell is intended to be fed by the reformer. This behavior was 
not observed in the SMR configuration. A comparison between the CMR and the SMR will 
be given later in this work. 

The values obtained during ESR experiments are lower than the ones presented in Table 3.2 
at the same partial pressure of hydrogen inside the reactor. Hydrogen flux of 1.95×10-5 
mol/s was reached for the CMR at hydrogen partial pressure of 7.2 bar (reactor pressure of 
12 bar at 923 K), while according to Table 3.2, a hydrogen flux of 1.4×10-4 mol/s is 
expected. This can be clearly attributed to the influence of the coexistence of the species 
such as CO and H2O, which affected the permeation performance of the membrane, 
resulting in lower hydrogen permeation rate. The observed behavior proved the assumption 
of the poisoning effects of CO and H2O, as discussed in chapter 2.  

3.2.3 Hydrogen yield  

Hydrogen yield is one of the important indicators of the performance of the CMRs. 
According to eq. 3.1, hydrogen yield can reach up to 1, if 6 moles of hydrogen are obtained 
per one mole of inlet ethanol at ideal conditions, which means the total conversion of 
ethanol and water to CO2 and H2. The hydrogen yield at 873 and 923 K are presented in 
Fig. 3.15. 

 

Fig. 3.15 Hydrogen yield 
According to the definition of hydrogen yield, it is expected to reach higher values at higher 
S/C ratios because of the lower concentration of ethanol in the inlet fuel. Hydrogen yield at 
923 K reaches up to 0.6. Naturally at 873 K, lower hydrogen yield is reached. At 873 K, the 
water gas shift (WGS) reaction is dominant because it is favored at lower temperatures. At 
a lower S/C ratio, more ethanol is fed into the system and more CO is formed and used in 
the WGS reaction. Accordingly, more hydrogen is produced at lower S/C ratio. On the 
contrary, at 923 K, the MSR reaction is favored. In presence of higher amount of water (at 
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higher S/C), more hydrogen was produced. Therefore, hydrogen yield increases and 
decreases with S/C ratio at 923 and 873 K, respectively.  

However, the influence of the S/C ratio on hydrogen yield is not straightforward; on one 
hand the reforming process is promoted at high S/C ratio and on the other hand, the excess 
water results in lower hydrogen partial pressure and lower hydrogen permeation (eq. 3.1). 

3.2.4 Hydrogen recovery 

At complete conversion of ethanol, hydrogen recovery is an indicator of the ability of the 
reformer to produce pure hydrogen. This refers to both the reforming reactions and the 
membrane performance. The higher value of hydrogen recovery is an evidence of the shift 
effect on the progress of the reforming reactions to leave less unconverted CO and CH4 in 
the reactor. The hydrogen recovery as a function of pressure is presented in Fig. 3.16.  

    

Fig. 3.16 Hydrogen recovery 
Contributing to the shift effect to push the reforming reactions to the product side, very 
high hydrogen recovery of up to 95% is a representative of the ability of the CMR to 
recover and deliver a large portion of pure hydrogen. Almost all the produced hydrogen at 
high pressure is permeated through the membrane. As expected, hydrogen recovery is 
favored at lower S/C values since the partial pressure of hydrogen in the reactor is higher 
(less excess water); hence, the permeation through the membrane is improved according to 
the Sieverts’ law. In addition, at a lower fuel flow rate the contact time increases and the 
permeation of hydrogen is favored. On average, for every 2 bar increase in pressure, the 
pure hydrogen production increases by 0.5 mol/mol ethanol in the feed (see Fig. 3.14). 
Accordingly, the fraction of hydrogen in the retentate side decreases with pressure, which is 
attributed to the fact that more hydrogen is permeated (recovered) through the membrane. 
Pure hydrogen production rate and hydrogen fraction in the retentate side as a function of 
pressure are illustrated in Fig. 3.17. 
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Fig. 3.17 Hydrogen content in the retentate side and total hydrogen production as a function 
of pressure at 923 K 

As shown in Fig. 3.17, the difference between the total hydrogen production and permeated 
hydrogen per mol ethanol in the feed decreases with pressure. Having the definition of 
hydrogen recovery in mind (eq. 3.2), the behavior of the CMR regarding the hydrogen 
recovery at 923 K (Fig. 3.16) can be described. The hydrogen content of the retentate 
stream is almost unchanged with pressure at P>8 bar, indicating that the membrane reaches 
its limitations regarding the permeation of the produced hydrogen, although the total and 
pure hydrogen production rates increases.  

At 873 K, however a different behavior is seen. This can be a result of the notable effect of 
temperature on the ESR performance.  

 

Fig. 3.18 Hydrogen fraction in the retentate side and total hydrogen production as a 
function of pressure at 873 K 

As can be seen in Fig. 3.18, the trend of reduction in the fraction of hydrogen in the 
retentate side with pressure is linear. Besides, total hydrogen production increases 
exponentially with pressure, which is an indicator of the role of pressure in the production 
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of hydrogen at low temperatures. This can again be described considering the shift effect, 
which pushes the reactions to the product side at high pressures as hydrogen is extracted.  

3.3 Comparison between the CMR and the SMR configurations 
 

3.3.1 Overall performance of the CMR and SMR 

In this section, a comparison between the two configurations is given based on the 
experimental results. The superior performance of the CMR was observed regarding the 
pure hydrogen production, hydrogen yield and hydrogen recovery. The pure hydrogen 
production rate at different operating conditions is presented in Fig. 3.19. The ESR 
experiments for the SMR configuration were performed only at S/C ratio of 1.6.  

            

Fig. 3.19 Comparison of pure hydrogen production in the CMR and SMR at S/C=1.6 

The difference between the two configurations is visible especially at 923 K. In the case of 
the CMR, hydrogen production is promoted with pressure while in the case of the SMR, the 
increase in hydrogen production rate is not notable at P>8 bar. This is attributed to the 
enhancement in ESR reaction promotion as an evident result of the shift effect, thanks to 
the existence of the catalyst as it sandwiched the membrane in the CMR. The catalyst 
compensates for the permeated hydrogen by simultaneous production of hydrogen. Hence, 
the partial pressure of hydrogen is kept high around the membrane. At 873 K and FF=100 
μl/min, however the performance of the CMR was not better than the SMR. It can be a 
reason of the longer catalytic zone of the SMR where the ERS reactions may progress more 
because of the longer residence time. At 873 K, where the temperature is not high enough 
for the MSR reaction to complete, the residence time during which the reactants are in 
contact with the catalyst might play an important role. Higher hydrogen permeation rate in 
the case of the SMR at 873 K and FF=100 μl/min proves the idea of the effect of the 
residence time.  

The hydrogen yield showed a trend similar to the pure hydrogen production.     
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Fig. 3.20 Comparison of hydrogen yield in the CMR and SMR 

Superior performance of the CMR is presented in Fig. 3.20 where the hydrogen yield 
reaches up to 0.55. Despite unfavorable conditions (high pressure), the positive effect of 
high pressure is evident in the case of the CMR due to its special configuration. In the case 
of the SMR, although the hydrogen production rate increased slightly with pressure, the 
influence of pressure on the ESR reaction hindered the hydrogen yield to increase by 
pushing the MSR reaction back towards the reactant side (reverse reactions). The effect of 
the pressure on the performance of the CMR and SMR is given in the next section.  

A comparison between the hydrogen recovery of the CMR and SMR is illustrated in Fig. 
3.21.  

             

Fig. 3.21 Comparison of hydrogen recovery in the CMR and SMR 

Hydrogen recovery at the highest reaches 70% at 923 K in the case of the SMR. Hydrogen 
recovery is independent from the operating temperature, instead, it is a measure of the 
ability of the configuration to recover the produced hydrogen (via ESR) as pure hydrogen 
permeated through the membrane. The determining factor in the case of the SMR is the 
reactor pressure, while in the case of the CMR, the recovery of hydrogen reaches a 
threshold (a maximum possible value). Hydrogen recovery of the SMR configuration 
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increases by pressure, which is not atributed to the higher pure hydrogen production rate 
(see Fig. 3.19), but to the less total hydrogen production rate (see eq. 3.2).  

3.3.2 The effect of pressure  

As stated before, pressure had a positive effect on the performance of the CMR, while at 
the pressures higher than 8 bar, the performance of the SMR did not improve. One of the 
enhanced performances of CMR compared to the SMR is presented in Fig. 3.22. 

     

Fig. 3.22 Total hydrogen production (permeated + retentate) with pressure 

Contrary to the SMR, in the CMR the total hydrogen production rate increases with 
pressure. In the SMR configuration, when the ESR products leave the catalytic zone, the 
reforming reactions have already reached the equilibrium at the corresponding operating 
temperature and pressure. The influence of the pressure on the reforming reactions, 
specially the methane steam reforming reaction (see eq. 2.3), is obvious in the case of the 
SMR, as the hydrogen production rate declines with pressure. In the SMR, the produced 
gases pass over the membrane and as hydrogen is permeated, its partial pressure declines 
simultaneously along the membrane, resulting in a decreasing permeation rate along the 
membrane. A simulated example of the pressure reduction along the membrane is shown in  
Fig. 3.23 [3]. 

70 
 



 

Fig. 3.23 Partial pressure of hydrogen along the membrane in the SMR configuration at 10 
bar and 923 K. Figure taken from the work by Koch et al. [3]. 

PH2 represents the partial pressure of hydrogen inside the reactor at the membrane wall. The 
partial pressure of hydrogen at the permeate side was one bar (no sweep gas used).  

In the CMR, the dynamics is different. Up until the retentate gas exits the reactor, the 
reforming reactions are in progress considering the shift effect. In the CMR, the higher the 
pressure, the higher the hydrogen permeation rate, and the higher the production rate of 
hydrogen. In fact, the thermodynamic equilibrium limits are conquered owing to the shift 
effect and the brilliant activity of the catalyst to convert largely the fuel to CO2 and H2. It is 
assumed that the partial pressure of hydrogen is kept high along the membrane because of 
simultaneous and continuous hydrogen production.  

The selectivity of the retentate gas (outlet gas) at the same experimental conditions also 
proves the superior performance of the CMR. The molar flow rates of CO and CH4 as a 
function of pressure for both configurations are shown in Fig. 3.24.  

 

71 
 



     

Fig. 3.24 Molar flow rate of CH4 and CO at the reactor exit for CMR and SR configurations 

Very low concentration of CO in the retentate together with declining molar production of 
methane clearly proves the critical role of pressure in the CMR for ESR reaction 
promotion. This is an indicative of the water gas shift (WGS) and methane steam reforming 
(MSR) reactions promotion in the CMR configuration leading to higher hydrogen 
production as discussed before. In the SMR, methane formation is promoted at higher 
pressures as expected from thermodynamics (reverse MSR reaction). The hydrogen 
production rate decreases with pressure (Le Chatelier’s principle). CO concentration was 
kept almost constant and very low in the CMR during the process.  

The flow rate of the retentate gas in CMR experiments is less than the one of the SMR at 
the same experimental conditions. At pressures higher than 8 bar the CMR retentate flow 
rate is almost half of the one of the SMR. The retentate flow rate at T=923 K and S/C=1.6 
is given in Fig. 3.25. 

 

Fig. 3.25 Retentate flow rate 

At complete conversion of ethanol and constant S/C ratio, the flow rate of the retentate gas 
can be directly interpreted as an indicator of the performance of the membrane reactor in 
terms of ESR reaction promotion, which is in agreement with previous discussions. The 
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comparison of CMR and SMR in terms of the pure hydrogen production rate per mole of 
ethanol in the feed is given in Fig. 3.26.  

 

Fig. 3.26 Pure hydrogen production rate per mole of ethanol in the feed 

Considering higher production rate of hydrogen, which directly means higher conversion of 
CO and CH4, the CMR configuration proves a superior performance. Therefore, not only 
the challenge of negative effect of pressure on the ESR reaction and pure hydrogen 
production is overcome, but also pressure turns to play an important positive role in the 
enhancement of the CMR performance towards higher hydrogen generation and recovery.  

3.3.3 Pure hydrogen efficiency  

Pure hydrogen efficiency is presented in Fig. 3.27. The inlet hydrogen is the sum of 
hydrogen fed to the reactor (i.e. 1 mole of hydrogen per mole of water and 3 moles of 
hydrogen per mole of ethanol).  

   

Fig. 3.27 Pure hydrogen production efficiency at stoichiometric conditions 

Pure hydrogen efficiency at S/C=1.6, where the fuel mixture is almost at stoichiometric 
ratio considering the molar ratio of water and ethanol (water/EtOH: 1/3.2) is a true measure 
of the performance of the SMR and CMR configurations.  
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3.4 Conclusion  
 

ESR experiments over Pd-Rh/CeO2 were performed in a CMR containing Pd-Ag separation 
membranes using ethanol and water mixtures at different S/C ratios. The effect of operating 
conditions, specially temperature and pressure, was discussed. The performance of the 
CMR was studied in terms of pure hydrogen production, hydrogen yield, and hydrogen 
recovery. The shift effect resulted in very high hydrogen production and the equilibrium 
limitations at high pressure were conquered. The influence of the coexistence of species 
such as CO and CH4 was shown based on the experimental results of the permeation tests 
in the atmosphere of pure hydrogen and ethanol steam reforming. A comparison between 
the CMR and the SMR clearly revealed the superior performance of the CMR. Many 
observed features in the case of SMR were not seen in the CMR so that pure hydrogen 
production rate and methane conversion were promoted at high pressure.  

To conclude, some of the highlights of the experimental work can be listed as: 

• Complete ethanol conversion at all the operating conditions. 
• Hydrogen yield of 0.55 at 923 K, 12 bar, and S/C=3 in the CMR (0.2 in the SMR). 
• Hydrogen recovery reaches up to 95% at 923 K, 12 bar, and S/C=3 in CMR (70% in 

SMR). 
• 0.9 LN Hydrogen/ml EtOH at 12 bar, and 923 K. 
• More than 3 moles of pure hydrogen per mole of inlet EtOH. 
• ESR reaction promotion beyond the equilibrium limitations at high pressure. 
• Positive effect of pressure on the performance of the CMR despite unfavorable 

thermodynamic conditions at high pressure. 

The next chapter presents the results of the thermodynamic analysis of the reforming 
system mainly in terms of thermal and exergy efficiency based on the experimental results 
given in this chapter. Both CMR and SMR configurations are discussed and compared in 
detail as a complement to the experimental study, to provide a detailed overview of the 
discussed reforming system. 
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Chapter 4 

 

 

Thermodynamic analysis of the CMR and SMR systems 
 

 

 

 
Abstract 

The experimental results of the ESR reaction in the CMR and the effect of various operating 
conditions on the hydrogen selectivity and pure hydrogen production rate were given in previous 
chapter. Aiming to understand the thermodynamic performance of the reformer, the energy and 
exergy analysis are given in this chapter. Thermodynamic evaluation is presented as a supplement 
to the comprehensive investigation of the performance. The experimental results presented in the 
previous chapter (selectivity of ESR products and the pure hydrogen production rate at all the 
presented operating conditions) were used to perform the exergy analysis. The exergy efficiency 
and exergy destruction of the CMR were evaluated based on inlet and outlet streams. The exergy 
efficiency of the reformer was evaluated considering both an insulated reactor (without heat loss), 
and a non-insulated reactor (with heat loss). The significant effect of pressure and temperature on 
the exergy efficiency was observed. Exergy efficiency up to 50% was reached in the case of an 
insulated reactor at 12 bar and 923 K. It was concluded that the highest rate of exergy destruction 
occurred via heat losses. The study showed that the exergy content of the retentate gas especially at 
lower pressures could provide the reactor with a notable fraction of its required heat at steady state 
conditions. This notably increased the exergy efficiency of the reformer. In the case of recovery of 
the retentate gas and insulation of the reactor, exergy efficiency placed between 70-90%. It was 
concluded that operating at the highest pressure, the lowest S/C ratio, and at 923 K gives the best 
exergy efficiency. Thermal efficiency of the reformer was between 60-90% for an insulated reactor 
and decreased to between 40-60% when the heat loss was considered. The exergy analysis proved 
superior performance of the CMR. 
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4.1 Exergy analysis 

Regarding the thermodynamic investigations of the ESR process, the studies reported in the 
literature are mainly focused on energy efficiency (ratio of energy output to energy input), 
but not on exergy analysis. Exergy analysis is a powerful tool to investigate the 
imperfections of single components of an energy system to obtain a better understanding of 
the local irreversibility by means of a more detailed picture of the process.  

The term exergy is defined as the maximum work that can be obtained theoretically from a 
system interacting with the source environment to equilibrium [183]. Exergy differs from 
energy in the way that energy is conserved, but exergy can be dissipated. Exergy is defined 
based on both the first and second laws of thermodynamics stating that it is not possible to 
fully utilize the thermal energy [184]. In other words, exergy is the ability of available 
energy to convert into other forms of energy.  

Taking into account the second law of thermodynamics, exergy is derived from the entropy, 
free energy (Helmholtz energy), and free enthalpy (Gibbs free enthalpy). Therefore, exergy 
is a function of the thermodynamic state of the substance and the reference environment 
[184]. In the light of exergy definition, it can be understood that the main difference 
between energy (thermal) efficiency and exergy efficiency lies in the consideration of the 
thermodynamic state of every single component, which results in an exact understanding of 
the available amount of work, together with the unavoidable irreversibility during a 
process. Exergy analysis makes it possible to study the effect of thermodynamic factors on 
the performance of an energy system to decide on the most favorable operational conditions 
in terms of process efficiency and energy usage [185,186]. 

According to the open literature, there are a few reported studies on exergy efficiency 
evaluation for hydrogen production. Kalinci et al. [187] studied the production of hydrogen 
via a gasification-boiler system based on experimental data taken from the literature using 
different types of biomass. They found the maximum exergy efficiency to be about 12%. 
An exergy analysis of the biological hydrogen production from biomass was done by 
Modarresi et al. [188] based on experimental results. They reported exergy efficiencies of 
36-45%, depending on the process configuration. For reforming processes, Simpson et al. 
[189] modelled the methane steam reforming process and both irreversible chemical 
reactions and heat losses were identified as the main source of exergy destruction, whereas 
exhaust gases contained large amounts of chemical exergy. Casas-Ledón et al. [186] 
studied hydrogen production from ESR based on the first and second laws of 
thermodynamics. They evaluated the exergy efficiency of the system experimentally at 
different operational conditions (pressure, temperature, and S/C ratio) considering the 
unused and destructed exergy during the ESR process. They concluded that the exergy 
efficiency of the ESR system was a function of temperature and S/C ratio, while no effect 
of pressure on exergy efficiency was observed. A comprehensive exergy analysis of the 
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different types of ethanol reforming processes (ESR, POX and ATR) based on a model in 
Aspen Plus was performed by Khila et al. [185]. The same formulation as Casas-Ledón et 
al.  [186] was used by Khila et al. and they used Aspen Plus software to calculate the 
exergy of the inlet and outlet streams at selected operational conditions, according to 
hydrogen production per mole of inlet ethanol. An exergy efficiency of 70% was claimed 
for the ESR process, considering total hydrogen production via ESR as the main product. In 
another study, Tippawan et al [190] employed the first and second law of thermodynamics 
to evaluate energy and exergy performance of a modelled ethanol reforming system in 
connection with a solid oxide fuel cell (SOFC) with a similar formulation as Casas-Ledón 
et al. [186] and Khila et al [185]. They studied ESR, partial oxidation (POX), and 
autothermal reforming (ATR) processes as the reforming sections for hydrogen production, 
and the best efficiency of the system (reforming+SOFC) was stated equal to 60% when 
ESR was used as the reformer unit.  

In this chapter, the application of exergy analysis in the evaluation of the ethanol steam 
reforming (ESR) process in the CMR and SMR configurations is presented. The molar flow 
rates of the pure hydrogen stream and all the ESR products (CO, H2, CH4, and CO2 in the 
retentate stream) obtained via experiments were used for calculation of the exergy rate of 
different streams. Exergy evaluation was used to study the effect of the operating 
conditions on the performance of the system and to understand the thermodynamic losses, 
to decide on the best operating conditions in terms of both pure hydrogen production and 
the exergy efficiency.  

4.2 Materials and methods  

The traditional method of process performance evaluation is based on the first law of 
thermodynamics, which considers the lower heating value (LHV) of the inlet and outlet 
streams, and the amount of work or heat provided to run the process. Thermal efficiency of 
the reformer system is defined as [120,185]:  

𝜂𝜂𝑇𝑇ℎ𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 = 𝑚̇𝑚𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟×𝐿𝐿𝐿𝐿𝐿𝐿𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟+ ṁ𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦×𝐿𝐿𝐿𝐿𝐿𝐿ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦
ṁ𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸×𝐿𝐿𝐿𝐿𝐿𝐿𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 + ẇ𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 + 𝑄̇𝑄

   4.1 

Ẇpump is the work of the pump. The work of the pump is neglected in this work. Q̇ 
represents the rate of heat losses and the required energy to run the ESR in the CMR. Heat 
losses account for the heat released to the environment through the reactor wall, products 
cooling down, and water condensation. All the products (the retentate gas stream and 
condensed water) are cooled down by transferring heat to the environment via the pipes and 
the condenser wall.  

Reactor wall temperature (in contact with air) was measured by means of a K-type 
thermocouple to calculate the heat loss at different operating temperatures (873 and 923 K). 
The heating band is the heat source for the evaporation of the fuel and heating up to 
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reaction temperature, ESR reaction, and to maintain the temperature at the set point. The 
reactor vessel is a cylindrical stainless steel of 1 mm thickness in which the heart reactor is 
sandwiched between a 22 mm thick layer of glass wool (thermal conductivity K=0.04 
W/m·K). The catalytic zone is a stainless steel cylinder with the height of 67 mm and 
periphery of 280 mm, accounting for 0.019 m2 area. The axial temperature gradients are 
neglected in this work and it is assumed that the catalyst bed and the membrane are kept at 
the set point reaction temperature (873 or 923 K). The cross sectional scheme of the reactor 
vessel is shown in Fig. 4.1.   

 

Fig. 4.1 Cross sectional scheme of the reactor vessel  

The temperature of the reactor vessel wall was measured while the process was ongoing at 
steady state conditions at 873 and 923 K. Assuming the reactor vessel as a tube, the heat 
loss through the reactor wall (Qloss

reactor) is calculated: 

𝑄𝑄𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 = 2πLK(𝑇𝑇𝑟𝑟− 𝑇𝑇𝑤𝑤)
𝐿𝐿𝐿𝐿 (𝑟𝑟𝑜𝑜𝑟𝑟𝑖𝑖

)
        4.2 

‘L’ is the length of the catalytic zone of the reactor, i.e. where the membrane is fully 
covered by the catalyst (67 mm), and ‘K’ stands for the thermal conductivity of the glass 
wool (0.04 W/m·K). ‘Tr’ and ‘Tw’ are the temperature of the reactor (reaction set point) and 
the reactor vessel wall, respectively. The inside radius (only the heart reactor without 
insulation) and outside radius of the reactor vessel (reactor and the insulation) are indicated 
by ri (0.0127 m) and ro (0.0347 m), correspondingly. The thermal resistance of the stainless 
steel layer is neglected due of its high thermal conductivity and the small thickness. The 
values of Tw and the corresponding heat loss at 873 and 923 K are given in Table 4.1.  

Reactor Temperature Tr  (K) 873 923 

Wall Temperature Tw     (K) 378 393 

Heat loss rate Qloss
reactor    (W) 10 12 

 
Table 4.1 Wall temperature and the heat loss rate at 873 and 923 K 

 
The required heat for the evaporation and heating up the reactants (ethanol and water 
mixture) was calculated according to the fuel flow rate and S/C ratio of each experiment 
using the enthalpy change occurring during the heating process. The heat required for the 
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reforming reactions (ESR) was also calculated based on the progress of each of the 
chemical reactions involved in the ESR (eq. 2.1-2.3) using the retentate composition, i.e. 
the molar flow rate of CH4 and CO. Ethanol decomposition is the only reaction via which 
CO and CH4 are formed and then react with water to form CO2 and H2. According to eq. 
2.1, at complete conversion of ethanol (which was reached in this work), one mole of CO 
and one mole of CH4 are produced per each converted mole of ethanol. The molar flow rate 
of CO and CH4 are then a measure of the promotion of WGS and MSR reactions, 
respectively. It is supposed that coke formation is zero, so that all the products of the ESR 
are obtained in the gas phase at the outlets of the reactor (pure hydrogen and retentate 
streams, see Fig. 3.4).  
It is assumed that the reactants enter the system at reference conditions and products are 
released to the same environment. In this work, the reference conditions are defined as T0 = 
298 K and P0 = 1 bar. The scheme of the reforming in the case of exergy evaluation is 
shown in Fig. 4.2.  

 

Fig. 4.2 Scheme of the reformer system 

Q̇air represents the heat loss rate released to the reference environment (hydrogen and 
retentate gases cooled from the reactor temperature down to ambient temperature with the 
concomitant condensation of water, plus the heat loss via the reactor wall). In fact, this heat 
(in the form of exergy) is a part of the inlet exergy stream (Ẇel), which is released to the 
environment as unused exergy. Ẇel represents the electrical input of the system used by the 
heating band to provide the reactor with required heating. The required exergy is limited to 
the exergy that is lost via heat losses (reactor wall + products cooling process) and the 
required exergy to run the CMR (fuel evaporation and heating up to reaction temperature 
plus the required exergy for the chemical reactions); which is equal to Ẇel. In this study, 
Ẇel is replaced by the rate of required heat for the ESR process plus the value of Q̇air (heat 
loss rate).  

As shown in Fig. 4.2, the reformer consists of two energy-consuming parts, i.e. the pump 
and the reactor. The condenser is energy neutral since the condensation occurs via physical 
water condensing traps (air-cooled). Although there are metallic membrane tubes inside the 
reactor for separation of hydrogen from the other gases, the permeation of hydrogen is a 
physical phenomenon. The efficiency of hydrogen separation depends upon its partial 
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pressure inside the reactor and outside the membrane (Sieverts’ law). Nevertheless, this 
phenomenon is considered as energy neutral because the pressure needed is supplied by the 
pump.  

Exergy efficiency is calculated based on exergy destruction and unused exergy, as a 
function of the exergy rate of the inlet and outlet streams. This formulation has been 
repetitively used by different researchers [120,185,186,191]. Exergy destruction rate is 
defined as: 

𝐸𝐸𝐸𝐸𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑 = 𝐸𝐸𝐸𝐸𝑖𝑖𝑖𝑖 − 𝐸𝐸𝐸𝐸𝑜𝑜𝑜𝑜𝑜𝑜       4.3 

Where EXin and EXout are the exergy rates of the inlet and outlet streams. Therefore, EXin 
represents the exergy rate of inlet fuel, i.e. ethanol (with its specific exergy exfuel), plus the 
required exergy rate for the ESR process including heat losses (EXẆel

= Ẇel), and EXout 
denotes the exergy rate of pure hydrogen stream (exH2.perm), plus the retentate gases exiting 
the reactor (exretentate):  

𝐸𝐸𝐸𝐸𝑖𝑖𝑖𝑖 = 𝐹𝐹𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝑒𝑒𝑒𝑒𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 + 𝑊̇𝑊𝑒𝑒𝑒𝑒         4.4 

𝐸𝐸𝐸𝐸𝑜𝑜𝑜𝑜𝑜𝑜 = 𝐹𝐹𝐻𝐻2.𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑒𝑒𝑒𝑒𝐻𝐻2.𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 + 𝐹𝐹𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 𝑒𝑒𝑒𝑒𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟    4.5 

The condensed water is considered to have zero exergy value. The rate of unused exergy is 
calculated as: 

𝐸𝐸𝐸𝐸𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢 = 𝐸𝐸𝐸𝐸𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑 − 𝐸𝐸𝐸𝐸𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟      4.6 

Where EXretentate is the exergy rate of the retentate gas. The exergy of the pure hydrogen 
stream is considered as useful part of exergy. Accordingly, the fraction of hydrogen in the 
retentate gas (not permeated) is not taken into account as the main product. Finally, the 
exergy efficiency of the ESR process is given by eq. 4.7: 

𝜂𝜂𝑒𝑒𝑒𝑒 = 1 −  𝐸𝐸𝐸𝐸𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢
𝐸𝐸𝐸𝐸𝑖𝑖𝑖𝑖

         4.7 

The specific exergy content of each species (ex) in each stream consists of physical exergy 
(exphysical), chemical exergy (exchemical), and mixing exergy (exmixing): 

𝑒𝑒𝑥𝑥 = 𝑒𝑒𝑒𝑒𝑝𝑝ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦 + 𝑒𝑒𝑒𝑒𝑐𝑐ℎ𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 + 𝑒𝑒𝑒𝑒𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚      4.8 

Physical exergy (exphysical) is the maximum obtainable work produced when a stream is 
brought from the actual conditions (T, P) to the reference conditions (P0, T0) and is defined 
as [18,30] : 

𝑒𝑒𝑒𝑒𝑝𝑝ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦 = ℎ −  ℎ0 −  𝑇𝑇0(𝑠𝑠 − 𝑠𝑠0)       4.9 
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h and s are the specific enthalpy and specific entropy of the substance at actual (reaction) 
conditions, and h0 and s0 are the specific enthalpy and specific entropy of the substance at 
reference conditions, respectively. The dependency of the physical exergy on enthalpy and 
entropy highlights two features. First, exergy is a function of the state of the matter, and 
second, each matter is considered independently in a stream. Both features result in a more 
precise idea on the performance of a thermal system. To calculate the values of enthalpy 
and entropy, NASA polynomials (Chemkin polynomial coefficients) for temperatures 
below 1000 K are applied according to the database of the Department of Mechanical 
Engineering of The University of California, Berkeley [4].  

𝐻𝐻
𝑅𝑅𝑅𝑅

= 𝑎𝑎1 + 𝑎𝑎2
𝑇𝑇
2

+ 𝑎𝑎3
𝑇𝑇2

3
+ 𝑎𝑎4

𝑇𝑇3

4
+ 𝑎𝑎5

𝑇𝑇4

5
+ 𝑎𝑎6

𝑇𝑇
           4.10 

𝑆𝑆
𝑅𝑅
 = 𝑎𝑎1𝐿𝐿𝐿𝐿(𝑇𝑇) +  𝑎𝑎2𝑇𝑇 + 𝑎𝑎3

𝑇𝑇2

2
+ 𝑎𝑎4

𝑇𝑇3

3
+ 𝑎𝑎5

𝑇𝑇4

4
+ 𝑎𝑎7     4.11 

The polynomial coefficients of the species present in the inlet and outlet streams are given 
in Table 4.2.  

Component a1 a2 a3 a4 a5 a6 a7 

H2 2.344 0.00798 -1.95E-05 2.02E-08 -7.38E-12 -9.18E+02 6.83E-01 

CH4 5.1499 -0.013671 4.92E-05 -4.85E-08 1.67E-11 -1.02E+04 -4.64E+00 

CO 3.58E+00 -6.10E-04 1.02E-06 9.07E-10 -9.04E-13 -1.43E+04 3.51E+00 

CO2 2.36E+00 8.98E-03 -7.12E-06 2.46E-09 -1.44E-13 -4.84E+04 9.90E+00 

H2O 3.386842 3.47E-03 -6.35E-06 6.97E-09 -2.51E-12 -3.02E+04 2.590233 

C2H5OH 4.23E-01 2.93E-02 -1.74E-05 5.34E-09 -6.75E-13 -2.96E+04 2.34E+01 

 
Table 4.2 NASA Polynomials [4] 

 
Chemical exergy originates from the difference between the chemical potentials when a 
substance is changed at reference conditions to the chemical equilibrium state with the 
concentrations of components. In this work, the chemical exergy of each specie was 
calculated using the standard chemical exergy table given by Bejan model II [183]. 
Chemical exergy occasionally is reported as a sum of two terms, i.e. the standard chemical 
exergy plus a logarithmic term as a function of the fraction of each substance in a mixture 
[186,190]: 

𝑒𝑒𝑒𝑒𝑐𝑐ℎ𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 = 𝑥𝑥𝑖𝑖𝜀𝜀𝑖𝑖 +  𝑅𝑅𝑇𝑇0𝑥𝑥𝑖𝑖𝐿𝐿𝐿𝐿𝑥𝑥𝑖𝑖         4.12 

Where xi is the fraction of any species in the mixture of gases, εi is the standard chemical 
exergy of the species, and R is the universal gas constant. The physical properties together 
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with standard chemical exergy for the chemical species are presented in Table 4.3 
according to the Bejan model II [183].  

Component 
Density 
(kg/m3) 

Molar Weight 
(g/mol) 

Standard chemical 
exergy (J/mol) 

H2 0.0813 2.016 236100 

CH4 0.648 16.04 831650 

CO 1.13 28.01 275100 

CO2 1.775 44.01 19870 

Water 1000 18.02 900 

Ethanol 783 46.07 1357700 

 
Table 4.3 Physical properties and standard chemical exergy of species 

 
The second term in eq. 4.12 (RT0xiLnxi), as is always negative, can be ascribed to the 
exergy of mixing. Exergy of mixing is the entropy generated when pure substances are 
mixed and is given by eq. 4.13 [184]: 

𝑒𝑒𝑒𝑒𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 =  𝑥𝑥𝑖𝑖𝑅𝑅𝑇𝑇0𝐿𝐿𝐿𝐿𝑥𝑥𝑖𝑖        4.13 

However, the value of mixing exergy is normally negligible in front of standard chemical 
exergy [192]. A comprehensive discussion on various types of exergy calculation is given 
by Sato [184] and Hinderink et al. [192]. Similar definitions have been reported in some 
studies, which are based on the entropy difference between the mixture of substances and 
the pure components (which exist in the mixture) individually [185,192]. In this work, all 
three types of exergy were considered for each species in the inlet and outlet streams. The 
molar flow rate of reactants and products obtained during the experimental work were used 
to calculate the exergy rate of each stream. 

4.3 Results and Discussion  
 

4.3.1 Thermodynamic analysis of the CMR 

The optimization of the reforming system not only depends on the improvement of pure 
hydrogen permeation rate, but also on the thermodynamic efficiencies. Thermodynamic 
evaluation provides a better understanding of the effect of the operating conditions on the 
performance of the reformer. Pure hydrogen production gets higher naturally with the fuel 
flow rate, as discussed earlier. This is in agreement with the thermal efficiency, but not with 
exergy efficiency, due to the criteria based on which the thermal and exergy efficiencies are 
defined (eq. 4.1 and 4.7, respectively). Thermal and exergy efficiency at FF=50 and 100 
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μl/min are presented versus pure hydrogen permeation rate in Fig. 4.3, respectively. As 
more methane is produced at higher fuel flow rate, thermal efficiency is higher. 
Nevertheless, as less hydrogen is produced per mol of converted ethanol at higher fuel flow 
rate (see Fig. 3.12), the exergy efficiency decreases with fuel flow rate.  

 

  

Fig. 4.3 Thermal efficiency (a) and exergy efficiency (b) versus pure hydrogen permeation 
rate 

Apart from the fuel flow rate, the operating temperature and pressure are the key factors in 
high production rate of pure hydrogen, as discussed in the experimental chapter (chapter 3). 
As shown in Fig. 4.3a, almost the same magnitude of thermal efficiency is obtained at 
different pure hydrogen production rates, which corresponds to the different operating 
conditions. Obviously, the performance of the reformer cannot be explained precisely by 
means of thermal efficiency, bearing in mind that pure hydrogen is the product of this 
reforming system.  

In the case of exergy efficiency, the effect of operating conditions, especially pressure, is 
clearly explained. The effect of pressure as the driving force for hydrogen permeation can 
be found out remembering that production rate of hydrogen increases with pressure. As 
seen in Fig. 4.3b, in the case of the CMR, the exergy efficiency linearly increases with pure 
hydrogen production, which means the operating pressure. It can be concluded that the 
effect of operating conditions can be explained better by means of exergy evaluation. Fig. 
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4.3b states that the improvement of the reformer depends on decreasing the irreversibility 
and losses of the reforming system at higher production rates of pure hydrogen. 
Accordingly, it is essential to study the effect of temperature, pressure, fuel flow rate, and 
S/C ratio on the exergy efficiency, together with the source of thermodynamic losses of the 
reformer. 

An optimum operational pressure can be encountered considering two opposite effects. On 
one hand pressure favors hydrogen permeation through the membrane (Sieverts' law), but 
on the other hand higher pressures result in a lower overall production of hydrogen (Le 
Chatelier's principle), resulting in a lower hydrogen partial pressure inside the reactor. 
Consequently, large amounts of reject gas from the membrane are usually present under 
realistic operation, which can then be combusted to provide self-sustainable operation 
[193]. Despite of such a hypothesis, it was proven that not only the hydrogen production 
rate increased with pressure, but also the flow rate of the retentate gas and especially the 
methane content in the retentate stream significantly declined at higher pressure, thanks to 
the brilliant performance of the CMR to promote the MSR reaction. 

• Effect of operational conditions 

Pressure has a strong effect on exergy efficiency. As seen in Fig. 4.4, the best exergy 
efficiency is obtained at 12 bar, whatever the temperature.  

    

Fig. 4.4 Effect of pressure on exergy efficiency at 873 and 923 K  

Following the pure hydrogen permeation rate (Fig. 3.14), the highest exergy efficiency is 
reached at the highest pressure, which is in agreement with hydrogen production and 
hydrogen yield. At 873 K the system is not efficient, even at high pressure. This is ascribed 
to the important role of methane steam reforming (MSR) reaction, which in one hand 
produces the highest number of moles of hydrogen, and on the other hand is counted as 
destructed exergy in the retentate stream. This clearly demonstrates the importance of high 
temperature and pressure to reform methane and run the system efficiently. At high 
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temperature and pressure, methane is reformed and at the same time, the higher hydrogen 
permeation rate results in higher conversion of methane (the shift effect). The effect of the 
fuel flow rate on the exergy efficiency is not noticeable.  

The steam to carbon ratio (S/C) shows different effects on the exergy efficiency at FF=100 
μl/min. A presented in Fig. 4.5, the exergy efficiency increases slightly with S/C ratio at 
923 K while an opposite effect is seen at 873 K.          

          

         

Fig. 4.5 Effect of S/C ratio on exergy efficiency 

The exergy efficiency increases slightly with the S/C ratio at 923 K, while an opposite 
effect is seen at 873 K. This is explained considering the molar production rate of pure 
hydrogen per mol ethanol in the feed. At complete conversion of ethanol, the extent of the 
methane steam reforming reaction determines the hydrogen production rate and therefore 
the value and the trend of exergy efficiency as a function of the S/C ratio. At 923 K, the 
MSR reaction is promoted and more hydrogen is produced, more of water is available 
(higher S/C). At 873 K, the dilution effect of excess water is dominant, so that the exergy 
efficiency declines with S/C ratio.  

Comparatively lower values of the exergy efficiency are obtained in this work compared to 
the ones reported in the literature [185,186,190] because only the exergy content of the pure 
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hydrogen stream (not the total hydrogen produced) is considered as the evaluation base, i.e. 
the product of the reformer. 

Thermal efficiency of the reformer is presented in Fig. 4.6.  

    

Fig. 4.6 Thermal efficiency of the CMR 

Thermal efficiency of the CMR stays in the range of 30-60 %, whatever the temperature. 
The effect of S/C is not notable, instead, only the fuel flow rate shows a noticeable effect 
on the thermal efficiency. In this case, thermal efficiency increases with the fuel flow rate. 
Based on the definition of the thermal efficiency (eq. 4.1), it is understood that higher 
thermal efficiency is reached as more methane is present in the retentate gas stream. It is 
worthy to mention that in this case, at high pressure where more methane is converted to 
hydrogen, the thermal efficiency declines since the lower heating value (LHV) of hydrogen 
(244 kJ/mol) is lower than methane (802 kJ/mol). At high pressure, more hydrogen and less 
methane are produced. This effect is clearer at 873 K where the effect of pressure is 
significant in MSR promotion as discussed before.  

The results of the thermal efficiency are contrary to the ones of the exergy efficiency, 
where higher exergy efficiency was obtained at higher pressure. If only pure hydrogen is 
considered as the product of the reformer in the definition of the thermal efficiency, the 
effect of the pressure can be explained better [194,195]. In this case, eq. 4.1 is written as: 

𝜂𝜂𝑇𝑇ℎ𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝐻𝐻2 =  ṁ𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦×𝐿𝐿𝐿𝐿𝐿𝐿ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦
ṁ𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸×𝐿𝐿𝐿𝐿𝐿𝐿𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 + ẇ𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 + 𝑄̇𝑄

      4.14 

Where ηThermalH2  represents the thermal efficiency if only pure hydrogen is considered as the 
product of the reformer. This thermal efficiency versus the pure hydrogen production rate is 
illustrated in Fig. 4.7. 

88 
 



  

Fig. 4.7 Thermal efficiency (only pure hydrogen) versus pure hydrogen permeation rate 

A comparison between Fig. 4.7 and Fig. 4.3 reveals that with a new consideration in the 
formulation of the thermal efficiency, the effect of pressure, which means the dependency 
of the thermal efficiency on the pure hydrogen production rate, can be explained. However, 
the effect of fuel flow rate cannot be described even by a more precise definition of the 
thermal efficiency. As presented in Fig. 4.8, when new definition of the thermal efficiency 
is considered, the thermal efficiency is lower compared to Fig. 4.6.  

    

Fig. 4.8 Thermal efficiency of the CMR when only pure hydrogen is considered  
As seen, the new definition of the thermal efficiency turns it to a function of pressure 
similar to what had been seen before in the case of the exergy efficiency. Still, considering 
only the pure hydrogen stream as the product of the CMR is not a relevant and complete 
definition, as the retentate stream, which contains mostly uncoverted methane and 
unpermeated hydrogen, is not taken into account. The only possibility to correctly consider 
only pure hydrogen is the retentate gas recovery option, which is discussed in detail in the 
following section.  
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• Efficiency improvement  

Analysis of the exergy content of each inlet/outlet stream leads to obtain a better 
understanding of the performance of the system and the feasibility to recover or decrease 
the exhaust or destructed exergy. Heat loss constitutes a big share of exergy destruction, 
accounting for 50% of the outlet exergy flow on average at FF=50 µl/min. Another notable 
source of exergy loss is the retentate gas, which contains CH4, CO, and not permeated H2 
especially at lower pressures. The comparison between the inlet and outlet exergy flows 
and the share of each component in the related stream calculated at 923 K and 12 bar 
(where the system best performance is achieved) under different fuel flow rates and S/C 
ratios is given in Fig. 4.9.  

   

   

Fig. 4.9 Exergy flows and the share of the different components in the inlet and outlet 
streams at 923 K and 12 bar  

The inlet stream consists of the exergy of the fuel and the required exergy for the CMR, 
which is the same as Ẇel in eq. 4.4 (see also Fig. 4.2). At the outlet, the exergy of retentate 
(non-condensable products), pure hydrogen, and heat losses, are presented. Exergy of 
reforming represents the exergy destruction due to the irreversible chemical reforming 
reactions (the exergy of the condensing water is negligible). Exergy required for ESR 
means the exergy rate needed for fuel evaporation and heating up to reaction temperature 
plus the required exergy for the chemical reactions. The exergy content of the retentate 
stream originates mainly from the presence of unconverted CH4 and not permeated H2. As 
shown, heat loss and retentate gas are the major sources of exergy loss. Therefore, the 
exergy efficiency of the reforming system can be improved by insulation of the reactor and 
recovery of the retentate gas exergy. The exergy losses due to the reforming reactions are 
inevitable. The sum of the exergy rates of the heat loss and the retentate gas stream 
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increases with S/C ratio, which shows the essential role of the reactor insulation and exergy 
recovery of the retentate gas at higher S/C ratio for process optimization.  

• Retentate gas recovery 

The exergy rate of the retentate stream declines with pressure since more methane and 
carbon monoxide are converted via the steam reforming reactions (MSR and WGS 
reactions, respectively), leading to more hydrogen production. The ratio of the retentate and 
pure hydrogen exergy rates over the inlet exergy rate is given in Fig. 4.10.  

  

 

Fig. 4.10 EXretentate/EXin and EXH2.pure/EXin vs the pure hydrogen production rate 

As presented, the retentate stream contains a notable fraction of the inlet exergy rate. At 
high production rate of hydrogen, the recovery of the retentate gas exergy can result in 
higher exergy efficiency.  

The combustion of the retentate gas is a clear source of energy to provide the required heat 
for the ESR reactor, which accounts for evaporation and heating up the reactants, the ESR 
reaction, and heat losses. In Fig. 4.11, the ratios of the exergy rate of the retentate gas 
(EXretentate) and the required exergy rate for the ESR reactor over the inlet exergy rate (EXin) 
at 923 K are shown.               
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Fig. 4.11 Exergy rate of the retentate gas and required exergy rate over the exergy rate of 
the inlet vs. pressure at T = 923 K 

The exergy rate of the retentate gas is high enough to provide the reactor with a notable 
fraction (at FF=50 μl/min) or almost all (at FF=100 μl/min) of its required exergy at steady 
state conditions. The exergy rate of the retentate gas is significantly higher at FF=100 
μl/min due to the high molar production rate of methane. Higher hydrogen yield and molar 
production rate of hydrogen per mol ethanol in the feed are reached (see Fig. 3.11 and Fig. 
3.12) at 923 K and FF=50 μl/min due to higher methane conversion.  

At 873 K and FF=100 μl/min, the exergy rate of the retentate gas is enough to cover the 
whole exergy demand of the CMR almost at all operating conditions. As presented in     
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Fig. 4.12, the exergy rate of the retentate gas at 873 K and FF=50 μl/min is higher than the 
ones at 923 K, which is attributed to the lower methane conversion and hydrogen 
production rate at 873 K.  

    

    

    

Fig. 4.12 Exergy rate of the retentate gas and required exergy rate over the exergy rate of 
the inlet vs. pressure at T = 873 K 

As discussed in the previous chapter, the flow rate of the retentate stream decreases with 
pressure so that at 12 bar, the lowest flow rate of retentate is obtained, which directly 
corresponds to the lowest molar flow rate of unconverted methane and the highest molar 
flow rate of hydrogen. Therefore, the lowest exergy rate of the retentate is at 12 bar (Fig. 
4.11 and Fig. 4.12). At lower pressure, the increase in the exergy efficiency (absolute 
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value) is higher due to the higher exergy rate of the retentate stream. The scheme of the 
reforming system in the case of the retentate gas exergy recovery is shown in Fig. 4.13.  

Fig. 4.13 Scheme of the reformer system 

The values of exergy efficiency in the case of utilization of the retentate gas at 923 K is 
presented in Fig. 4.14.  

Fig. 4.14 Comparison of exergy efficiency in case of retentate gas utilization at 923 K 

At 923 K and FF=50 μl/min, the exergy rate of the retentate gas is lower than the required 
rate of exergy (Fig. 4.11). Therefore, the exergy of the retentate gas can be recovered to 
compensate partially for the required exergy rate and the heat losses. At 873 K and FF=100 
μl/min (except at S/C=3 and P=12), the exergy rate of the retentate stream is higher than the 
required exergy rate (Fig. 4.12) due to the high production rate of methane. Hence, the 
exergy rate of the retentate stream is partially recovered, and the rest is lost (exergy loss). 
The comparison between the values of exergy efficiency in the case of utilization of the 
retentate gas at 873 K is presented in Fig. 4.15.  
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Fig. 4.15 Comparison of exergy efficiency in case of retentate gas utilization at 873 K 

Exergy efficiency is not a function of pressure when the exergy of the retentate gas stream 
is recovered. This is attributed to the combination effect of many factors such as the exergy 
rates of pure hydrogen and the retentate stream, and the required exergy rate at each 
operating conditions. The higher the pressure, the higher the exergy rate of the pure 
hydrogen stream (higher hydrogen permeation rate) and the lower the exergy rate of the 
retentate stream (lower molar flow rate of methane, carbon monoxide, and unpermeated 
hydrogen). Besides, the required exergy rate for the ESR reaction increases with pressure.  

Thermal efficiency in the case of retentate gas recovery is presented in Fig. 4.16. In this 
case, the energy flux of the retentate stream can compensate partially for the energy 
requirements of the CMR (ESR reaction and heat loss).  

      

Fig. 4.16 Thermal efficiency of the CMR in the case of retentate gas recovery (only pure 
hydrogen is the product of the reformer) 
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Compared to Fig. 4.8, a higher thermal efficiency is obtained. Consideration of pure 
hydrogen as the product of the CMR is relevant in the case of retentate gas recovery since it 
is assumed that the retentate gas is fully converted to CO2 and H2O during the combustion 
to provide the CMR partially with its energy requirements. The increasing rate of the 
thermal efficiency with pressure is due to the higher hydrogen production at higher 
pressure.  

• Insulation of the CMR

In the case of an insulated reactor, the exergy efficiency is remarkably improved. The 
scheme of the insulated reactor where the heat losses are minimized is shown in Fig. 4.17.  

Fig. 4.17 Scheme of an insulated reactor

If the reactor is insulated, the energy demand of the reformer is limited to the heat needed 
to run the CMR at a given temperature. This heat is used for fuel evaporation and heating 
up to reaction temperature, and the ESR reaction. The exergy efficiency of the insulated 
reactor is presented in Fig. 4.18.  

Fig. 4.18 Exergy efficiency of the insulated reactor 

At pressures higher than 8 bar, and especially at 923 K the exergy efficiency is highly 
improved. In the case of the insulated reactor, the effect of the fuel flow rate is more 
obvious (see Fig. 4.4), which is attributed to the dominant effect of heat losses when the 
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reactor is not insulated. Exergy efficiency is higher at FF=50 μl/min because the pure 
hydrogen production rate does not double when the fuel flow rate (molar flow rate of 
ethanol) does (FF=100 μl/min). The dependency of exergy efficiency on S/C ratio is clearer 
in an insulated reactor due to the dominant value of ethanol exergy in the inlet stream. The 
concentration of ethanol in the feed is lower at higher S/C ratio.  

Following the trend of exergy efficiency, unused exergy is an obvious function of 
temperature and pressure when an insulated reactor is considered. The reason lies in the 
rate of pure hydrogen production and the presence of methane as the major component of 
the retentate. Methane production per mole of inlet ethanol decreases by 50% as pressure 
increases from 4 bar to 12 bar at S/C = 1.6 (see Fig. 3.11). At higher pressure, as less 
methane appears in the retentate stream, the exergy content of retentate is greatly 
decreased. The rate of unused exergy over the rate of inlet exergy (EXin) at different 
operating conditions is given in Fig. 4.19.   

    

Fig. 4.19 Unused exergy rate over inlet exergy rate for the insulated reactor 

At P < 8 bar, hydrogen permeation rate is very low, resulting in huge amounts of reformed 
gases leaving the reactor as retentate stream. Hence, a huge share of inlet exergy is lost in 
the form of unused exergy. 

As shown in Fig. 4.20, thermal efficiency of the reformer in the case of insulation of the 
reactor is placed between 70-95%.  
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Fig. 4.20 Thermal efficiency of the reformer in the case of an insulated reactor 

Compared to Fig. 4.6, the effect of S/C ratio on the thermal efficiency is stronger at 923 K, 
which is attributed again to the dominant value of the LHV of the ethanol in the feed. The 
molar flow rate of ethanol is doubled as S/C decreases from 3 to 1.6.  

At 873 K, a different behavior is seen. The effect of S/C ratio is not notable at 873 K due to 
the effect of temperature on the MSR reaction, which is not favored at 873 K. Therefore, 
the presence of more methane in the reactor (at higher S/C ratio) does not promote the 
hydrogen production and the pure hydrogen production rate. Besides, the declining trend of 
the thermal efficiency over pressure at 873 K is attributed to the essential role of pressure in 
MSR reaction promotion and hydrogen permeation at low temperature, as discussed in the 
previous chapter. As more hydrogen is permeated, the methane content of the retentate gas 
decreases notably resulting in lower total LHV of the retentate gas stream.  

Exergy efficiency discloses inevitable irreversibility even when the reactor is insulated, 
while according to the thermal efficiency, the CMR reaches its best operating conditions at 
923 K and high pressure. According to the thermal efficiency, the CMR reaches an ideal 
performance and the values of 80-100%, while the exergy analysis shows that exergy 
efficiency of the system cannot exceed 45%. A remarkable difference between the exergy 
and thermal efficiency is the different interpretation of the pressure. Exergy efficiency 
reveals how the pressure can improve the efficiency of the reformer, while thermal 
efficiency is not a suitable tool to discuss on the effect of pressure by considering all the 
components and streams of the reformer, unless in the case of retentate recovery.  

By utilization of the retentate gas in an insulated reactor, the exergy efficiency is increased 
drastically and is placed between 60-90 %, which is a high value, bearing in mind that 
permeated pure hydrogen is considered as the only product of the reforming system. This 
result is expected since in one hand, exergy destruction decreases and, on the other hand, 
the energy requirement of the system is met partially or totally by utilization of the retentate 
gas.  
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Based on the exergy evaluation, the best operating conditions are the most intense 
conditions, i.e. the highest pressure and temperature, and the lowest S/C ratio at which 
carbon deposition is probable. As presented in Fig. 4.11 and Fig. 4.12, lower fuel flow rate 
is more beneficial. Again it should be mentioned that if higher rate of pure hydrogen is 
needed (probably by a fuel cell fed online), the higher fuel flow rate is needed. However, it 
is obvious that the difference between exergy efficiencies at two fuel flow rates at the same 
pressure, temperature, and S/C ratio, is not negligible. 

4.3.2 Thermodynamic analysis of the Stage Membrane Reactor (SMR) 

Based on the definition of the exergy efficiency introduced in this work, the exergy 
efficiency of the SMR is low even at high temperature and low fuel flow rate. The exergy 
efficiency of the SMR as a function of pressure is shown in Fig. 4.21. The ESR 
experiments in the SMR were performed at S/C ratio of 1.6 [2,3].     

 

Fig. 4.21 Exergy efficiency of the SMR vs. pressure 
The low values of the SMR exergy efficiency is attributed to two factors. Firstly, relatively 
low production rate of pure hydrogen per mole of ethanol in the feed (see Fig. 3.12). 
Secondly, high molar production rate of methane per mole of ethanol in the feed builds a 
very high rate of unused exergy. The moles of methane and pure hydrogen produced per 
mole of ethanol are presented in Fig. 4.22.  
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Fig. 4.22 The molar production rate of pure hydrogen and methane per mol ethanol in the 
feed for the SMR 

As can be seen, the molar production rate of pure hydrogen does not improve with pressure 
at P>8 bar due to the limitations of the SMR as discussed in the previous chapter. 
Following the same trend as the pure hydrogen production rate, exergy efficiency of the 
SMR does not increase with pressure. Meanwhile, molar production rate of methane 
increases with pressure because of the unfavorable operating conditions at high pressure, 
where the MSR reaction is pushed toward the reactants side (methanation). The exergy 
efficiency increases slightly with temperature because of higher pure hydrogen production 
rate.  

Thermal efficiency of the SMR is shown in Fig. 4.23.  

 

Fig. 4.23 Thermal efficiency of the SMR 

The effect of operating pressure and temperature on the thermal efficiency of the SMR is 
not notable. Instead, the fuel flow rate is the determining factor. This is attributed to the 
higher production rate of hydrogen and retentate at higher fuel flow rate.  
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• Efficiency improvement  

Analysis of the exergy content of the inlet and outlet streams is done similar to the case of 
the CMR to understand the important factors via which the efficiency of the SMR can be 
improved. As shown in Fig. 4.24, a large amount of exergy is lost by heat losses and the 
retentate gas stream.  

      

      

Fig. 4.24 Exergy flows and the share of the different components in the inlet and outlet 
streams at 12 bar 

More than 80% of the outlet exergy rate belongs to the heat loss and the retentate exergy 
content. In the case of the SMR, the recovery of the retentate gas and the insulation of the 
reactor are the essential factors for optimization of the reforming system. It should be 
mentioned that due to the configuration of the SMR in which the catalytic zone and the 
permeation zone (membrane) are separated, the heat loss area is twice of the case of the 
CMR. Therefore, the heat loss rate is two times higher, resulting in the high rate of heat loss 
via the reactor vessel. The exergy rate of the retentate stream of the SMR does not change 
with pressure due to its configuration where the ESR reaction is not promoted by pressure. 
The retentate gas exergy rate over the inlet exergy rate versus pure hydrogen production 
rate is given in Fig. 4.25.  
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Fig. 4.25 EXretentate/EXin vs pure hydrogen production rate 

It is clear that the exergy efficiency improvement in the case of the retentate gas recovery is 
not a function of pressure. However, the exergy rate of the retentate can compensate for the 
required exergy rate of the SMR largely at FF=100 μl/min, as presented in Fig. 4.26.  

 

 

Fig. 4.26 Exergy rate of the retentate gas and required exergy rate over the exergy rate of 
the inlet vs. pressure 

The exergy efficiency of the SMR in the case of the retentate gas recovery is presented in 
Fig. 4.27.  
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Fig. 4.27 Exergy efficiency of the SMR in the case of retentate gas recovery 

Compared to the values of the exergy efficiency presented in Fig. 4.21, the retentate gas 
recovery notably improves the exergy efficiency of the SMR but, as expected, the exergy 
efficiency does not improve with pressure.  

Regarding the thermal efficiency, different results are obtained. Taking into the definition 
of the thermal efficiency, by recovery of the retentate gas, the LHV of the products is 
limited to the pure hydrogen stream. Although the recovery of the retentate gas covers 
partially the energy demand of the SMR, the LHV of the product side is much lower when 
the retentate gas (which is mostly unconverted methane) is not taken into account (is 
recovered). The thermal efficiency of the SMR vs pressure is given in Fig. 4.28.  

 

Fig. 4.28 Thermal efficiency of the SMR in the case of retentate gas recovery 
As can be seen, the values of thermal efficiency are lower than the ones presented in Fig. 
4.23. Besides, in the case of retentate gas recovery, thermal efficiency is a function of 
pressure following the same trend as pure hydrogen production (see Fig. 4.22). 
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As presented in Fig. 4.25, the largest share of the exergy loss belongs to the heat losses. 
Exergy and thermal efficiencies of the SMR are improved in the case of insulation of the 
reactor, as shown in Fig. 4.29. However, according to the thermal efficiency, the system 
functions ideally when the reactor is insulated.  

    

Fig. 4.29 Exergy and thermal efficiency of the SMR in the case of an insulated reactor 
Exergy efficiency of the SMR is significantly improved if the reactor is insulated and the 
retentate gas is recovered at the same time. The SMR reaches its optimum operating 
conditions in this case, as exergy efficiency is placed between 60-70% at FF=100 μl/min, 
and 80-90% at FF=50 μl/min. 

4.3.3 Comparison between the CMR and SMR configurations 

The CMR configuration showed a superior performance in terms of thermodynamic 
analysis, which is attributed to several advantages of the CMR over the SMR. First of all, 
the heat loss area of the SMR is larger because of separated catalytic and permeation zones. 
Moreover, the hydrogen production rate and hydrogen recovery are much higher in the case 
of the CMR, as discussed in the previous chapter. The lower flow rate of the retentate gas 
and lower methane production (as a result of MSR reaction promotion) results in lower rate 
of unused exergy in the CMR. The rate of unused exergy over the inlet exergy rate at S/C 
ratio of 1.6 is given in Fig. 4.30.  
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Fig. 4.30 Unused exergy rate over the inlet exergy rate at S/C=1.6 

The configuration of the CMR makes it possible to produce and recover more hydrogen 
with pressure, while it is not possible in the SMR. The so-called pressure effect is the 
fundamental of the significant differences between the CMR and SMR regarding the 
thermodynamic analysis.  

Exergy efficiency of the CMR at 923 K is higher because of higher hydrogen production 
rate and lower methane content in the retentate stream (considered as unused exergy). This 
value is comparable to the SMR where exergy efficiency reaches 10% at the highest. 
Besides, the effect of temperature on the exergy efficiency is not notable in the case of the 
SMR. Accordingly, it can be concluded that operating at lower temperature can be 
beneficial in the case of the SMR, while in the case of the CMR at higher temperature 
better exergy efficiency in reached.  

Thermal efficiency of the CMR is higher than the SMR, which is attributed to the lower 
heat loss rate in the case of the CMR, while methane production rate is higher in the SMR. 
The share of heat losses and retentate gas stream in the unused exergy rate of the SMR is 
higher than the ones of the CMR at the same operating conditions (S/C ratio, pressure, 
temperature, and fuel flow rate) because of higher methane production and heat loss rates in 
the case of the SMR. The efficiency of the CMR is improved better by retentate gas 
recovery compared to the SMR, again attributed to the dominant high rate of heat losses. 
Regarding the thermal efficiency, the performance of the CMR is enhanced when the 
retentate gas is recovered.  

Reactor insulation to minimize the heat losses as the largest source of the exergy loss 
results in higher exergy efficiency and a better improvement in the case of the CMR, while 
the efficiency of the SMR is not improved notably since a large share of exergy is lost as 
unconverted methane and unpermeated hydrogen. The rate of unused exergy over the inlet 
exergy for insulated CMR and SMR is presented in Fig. 4.31. 
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Fig. 4.31 Unused exergy rate over the inlet exergy rate for an insulated reactor at S/C=1.6 
As a result of the pressure effect, at P>8 bar, the rate of unused exergy in the CMR 
decreases significantly with pressure, following the increasing trend of the pure hydrogen 
production rate. This behavior is not seen in the case of the SMR, where at higher pressure 
almost no change is seen in the rate of unused exergy.  

In the case of reactor insulation, thermal efficiency of the SMR is drastically improved, 
taking into account that the largest source of exergy loss (heat loss) is blocked and large 
amount of methane in the retentate gas stream is considered as the product of the system. 
Thermal efficiency of the SMR is higher than the CMR in this case. 

If the reactors are insulated and the retentate gas is recovered, the exergy and thermal 
efficiency of both systems are significantly improved, resulting in nearly perfect systems in 
terms of the thermodynamic losses minimization. The exergy efficiency of the insulated 
CMR and SMR in the case of retentate gas recovery is given in Fig. 4.32.  

    

Fig. 4.32 Exergy efficiency of the insulated CMR and SMR in the case of retentate gas 
recovery 

The presented values are the highest possible obtainable exergy efficiency of the studied 
CMR and SMR configurations. Pressure does not influence the exergy efficiency of the 
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SMR, but in the case of the CMR, two different behavior is seen. At FF=50, the exergy 
efficiency declines with pressure, which can be a result of higher exergy rate required for 
the ESR reaction at recovery of the retentate gas when the reactor in insulated. However, at 
FF=100, the hydrogen production rate is high enough to improve the exergy efficiency. It is 
seen that, generally, exergy efficiency of the SMR is higher than CMR, but it must be taken 
into acount that the exergy efficiency is taken into account together with the rate of pure 
hydrogen production, methane conversion, and hydrogen yield and recovery. Accordingly, 
at high pressure, the performance of the CMR is advantageous in terms of pure hydrogen 
production, low unused exergy rate, and high exergy efficiency.  

4.4 Conclusion  

Exergy analysis of the CMR and SMR configuration was performed in terms of exergy and 
thermal efficiency based on the experimental results at various operating conditions. It was 
concluded that exergy analysis is a relevant criteria for evaluating the reforming system. 
The advantages of exergy evaluation over thermal efficiency study was stated according to 
the explanation of the effects of operating conditions on both pure hydrogen production 
rate, and total efficiency of the CMR.  

An exergy analysis was performed based on the experimental results aiming not only to 
evaluate the performance of the CMR system, but also to introduce the application of the 
exergy analysis in CMRs studies. Exergy analysis provided important information on the 
effect of operating conditions and thermodynamic losses, resulted in understanding of the 
best operating conditions. Both insulated and non-insulated reactor systems were evaluated 
in terms of exergy destruction, exergy efficiency, and thermal efficiency.  

The effects of pressure and temperature were dominant and the study showed that the 
system reached around 50% exergy efficiency at 923 K and 12 bar in an insulated reactor. 
Unused exergy decreased with pressure since the MSR reaction is promoted at high 
pressures in CMR as more hydrogen is permeated due to the availability of the catalyst 
around the membrane and the shift effect. The exergy content of the retentate gas could 
compensate the energy requirements of the reactor to improve the exergy efficiency 
significantly. The highest exergy destruction occurred via heat losses and the retentate 
stream. In the case of recovery of the retentate gas and insulation of the reactor, exergy 
efficiency of the CMR placed between 60-90%. It was concluded that operating at the 
highest pressure, the lowest S/C ratio and at 923 K gives the best exergy efficiency for the 
CMR. Although operating at higher fuel flow rate is more beneficial regarding the 
production rate of pure hydrogen, the exergy efficiency is slightly lower.  

The thermal efficiency of the CMR was also evaluated based on the LHV of ethanol and 
the products and was compared to the exergy efficiency. While thermal efficiency offered 
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an ideal performance at high pressure and temperature, exergy efficiency disclosed 
inevitable irreversibilities even in the case of an insulated reactor.  

The thermodynamic analysis of the SMR showed different results so that the exergy and 
thermal efficiency were lower compared to the CMR. This was attributed to lower 
hydrogen production, more methane flow rate in the retentate stream (lower methane 
conversion in the case of the SMR), and very large heat loss area (high heat loss rate) of the 
SMR. The exergy rate of the retentate stream in the case of the SMR was higher than the 
CMR due to the low methane conversion in the SMR.  

At least 80% of the inlet exergy was lost by heat losses and the retentate stream in the 
SMR. The insulation of the SMR resulted in a significant increase in the thermal efficiency, 
but not exergy efficiency because of low methane conversion and hydrogen recovery (high 
rate of unused exergy).  

Superior performance of the CMR was proved thermodynamically. Taking into account the 
pure hydrogen production rate and exergy efficiency at the same time, the CMR showed an 
overall enhanced performance. In the case of the recovery of the retentate gas in an 
insulated reactor, the exergy efficiency of the SMR was slightly higher than the CMR, 
however, much higher hydrogen yield and recovery was reached in the case of the CMR.  

As the area of the membrane science and pure hydrogen production in membrane reactors 
is growing, exergy evaluation of the CMR systems – as the first essential step for system 
analysis via exergo-economical optimization – can open a new chapter in this science to 
approach larger scale applications. 

The next chapter is devoted to the modeling and dynamic simulation of the reforming 
system specially at transient state where the operating pressure or fuel flow rate is adjusted. 
The dynamic simulation can be considered as modeling the response of the reforming 
system to a fuel cell – when fed online – in terms of pure hydrogen production rate 
modification. 
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Chapter 5 

 

 

Modeling and dynamic simulation of the reforming system 

 

 
 

Abstract 

In chapters 3 and 4, the results of the experimental and thermodynamic analysis of the reformer 
were discussed. In this chapter, the simulation of the dynamics of hydrogen production 
(permeation) is presented as the last step to study the applicability of such a system in connection 
with a real end user, which can be a fuel cell. The simulation presented in this chapter is similar to 
the hydrogen flow rate adjustments needed to set the electrical load of a fuel cell, when fed online 
by the reformer. Ethanol steam reforming experiments were performed at 923 K, 6-10 bar, and fuel 
flow rates of 50 to 200 µl/min using a mixture of ethanol and distilled water with steam to carbon 
ratio of 3. Dynamic experiments were carried out to observe the behavior of the CMR in terms of 
the pure hydrogen production rate in the case of operating pressure or fuel flow rate adjustments. A 
static model for the catalytic zone was derived from the Arrhenius law as a function of operating 
conditions to simulate the total molar production rates of ESR products. The pure hydrogen 
production rate at steady state conditions was simulated by means of two static models named as 
model 1 and model 2. Model 1 represented the simulation based on the Sieverts’ law, which is 
known as the physical definition of hydrogen permeation through the membrane via which the 
robustness of the simulation was proved. Model 2 represented a black box model as a function of 
total hydrogen production via ESR, and the reactor pressure. Finally, a dynamic model was 
proposed under the ideal gas law assumptions to simulate the dynamics of pure hydrogen 
production rate in transient state at isothermal conditions. Both pressure and fuel flow rate change 
steps simulations fitted the experimental values very well. However, the simulation of the dynamics 
of the fuel flow rate change was more essential, as the system responds much faster to such an 
adjustment. The dynamic simulation proved a successful essential step needed to simulate an 
“Ethanol to Electricity” system.  
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5.1 Dynamic simulation of the CMRs 

A large piece of work on ESR in CMRs using different catalysts and reactor configurations 
can be found in the literature [196]. Generally, ESR in membrane reactors has been 
simulated based on the experimental results, aiming to mathematical modeling and kinetic 
studies. The reported models have been derived from conventional power-law, at different 
operating conditions (temperature, pressure, and S/C ratio) mainly to model the reaction 
rates, ethanol conversion, and the selectivity of reforming products [90,133,143,197–200].  

Some modeling studies followed by experimental validations have been devoted to the 
design and optimization of the water gas shift (WGS) reaction in CMRs containing Pd 
composite membranes (mostly Pd-Ag). These studies aimed to produce pure hydrogen and 
monitoring the effect of temperature, catalyst loading, steam to carbon ratio S/C, and 
permeate side pressure on the performance of the CMRs [201–203]. Dong et al. [204] 
studied hydrogen production via WGSR in a membrane reactor with a tubular ZSM-
5/silicalite bilayer membrane. They optimized the process by means of modeling so that 
they could reach high CO conversion (>95%) and H2 recovery (>90%) for WGS in the 
zeolite membrane reactor. A three-dimensional numerical model was developed by Chein 
et al. [205] to simulate hydrogen production from coal-derived syngas via the WGS 
reaction in membrane reactors at 1173 K. High temperature was chosen to simulate the 
typical temperature of the syngas at the exit of a gasifier. The negative effect of CO2 
content on the hydrogen permeation rate was observed. In addition to WGS reaction, 
methane steam reforming (MSR) reaction have been investigated by performing 
experiments and development of models [173,206,207]. In this regard, the adverse effects 
of the presence of different species such as CH4, CO, and H2O on the permeation rate of 
membrane have been studied. WGS reaction and MSR are the two determining reactions 
when ESR is performed over Pd-Rh/CeO2 catalyst used also in the present work. 

If a fuel cell is fed online by a pure hydrogen generating system (reformer), the dynamics 
of the pure hydrogen supply must be fitted to the load variations (dynamic behavior) of the 
fuel cell. Considering the dynamic energy demand of an end user – for example a building 
– a reformer must be able to realize and track the dynamic electrical output of the fuel cell 
in charge of electricity supply of the end user. Adjustment of the flow rate of pure hydrogen 
provided by a reformer is a crucial phase to respond promptly and aptly to the electrical 
load modifications of a fuel cell, aiming to optimize the whole system (reformer + fuel cell) 
performance. Although some studies are reported in the literature regarding the dynamic 
performance of the fuel cells, works devoted to the investigations of the dynamic 
performance of the online fuel reformers – corresponding to the load variation of the fuel 
cells – are not sufficiently reported [208].  

Garcia et al. [209] developed a dynamic model for a three module reformer made up of 
ethanol dehydrogenation, acetaldehyde steam reforming, and water gas shift units for 
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feeding hydrogen to a fuel cell. They simulated the dynamic response of the reforming unit 
in terms of the selectivity of the products of the ESR reaction rate to the changes in 
concentration of the feed (ethanol + water). The same authors in another study [210] 
focused on the controllability and the dynamic simulation of the same system as they 
reported in [209] by acting on the feed concentration at isothermal conditions. A dynamic 
numerical model for the methane fuel processor of a PEMFC was developed by Funke et al. 
[211] aiming at optimizing the reaction conditions and heat integration especially during 
start up, shut down, and load change. The effect of two constructions (the reactor and the 
evaporator with and without thermal coupling) on the temperature profile, reaction rates, 
and methane conversion was investigated. Hydrogen yield was higher when the reactor and 
the evaporator were not thermally coupled. John and Schroer [212] presented a dynamic 
model of a methane steam reformer for a residential fuel cell system. The dynamic model 
covered the full operating range including the startup and shut down, and described the 
dynamics of the hydrogen yield and thermal behavior of the reformer when the flow rate of 
water or natural gas changed. The thermal system was affected by increasing the flow rate 
of the water. Higher hydrogen yield and lower methane concentration at the outlet were 
reported at higher temperature, i.e. lower concentration of inlet water. A dynamic model for 
an interconnected reformer and PEMFC stack was developed by Stamps and Gatzke [213] 
with emphasis on the influence of various design and operating parameters on system 
performance. Operating at higher temperature resulted in higher system performance.  

A dynamic modeling study  of a catalytic steam reformer by Kvamsdal et al. [214] showed 
that the steam or gas (CO, CO2, H2, and CH4) supply interruption affects the reactor wall 
temperature, which can directly lead to material failure or coke formation. Lin et al. [215] 
modeled the dynamics of an experimental multi-stages methane reformer in charge of 
providing hydrogen to a PEMFC to design a control system to provide the responsiveness 
of the fuel reformer to the alterations in the hydrogen demand. The response of the fuel 
reformer to changes in the process variables such as CH4 feed flow rate, H2O/CH4 feed 
ratio, O2/CH4 feed ratio and the reformer inlet temperature was studied. Tsourapas et al. 
[216] presented a dynamic model based on thermodynamics and energy balance for a JP5 
fuel reformer in connection with a membrane separator (SEP) and a PEM fuel cell to 
investigate the effects of the operating set point of SEP on the overall system efficiency. 
They concluded that the open loop response of the system is shown to be satisfactory in 
terms of the response time and hydrogen production. It was shown that there is a trade-off 
between the SEP efficiency and the overall efficiency of the system.  

In another work by Koch et al. [3], a dynamic model of an ethanol steam reformer (as the 
fuel reformer for pure hydrogen production to feed a PEMFC) was developed to implement 
an adaptive and predictive control. The static behavior of the reformer system was 
described by means of several maps developed in Matlab. Further, the dynamics of the fuel 
reformer (SMR) in connection with a PEMFC by acting upon reactor pressure and feed 
flow rate (ethanol + water) was studied. They proposed an efficient controller that reduced 
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the response time of the reformer by a factor of 7 down to 8 s in terms of following the 
dynamic of a fuel cell load by acting simultaneously on the fuel flow rate and pressure. 
However, such advanced controllers require internal models and simulations for further 
development. 

The purpose of this chapter is to present a simple approach mainly based on physical laws 
(adapted Arrhenius model, mass balance, ideal gas law, and Sieverts’ law) or numerical 
fitting (black box model). Such  models can be applied for the development of controllers, 
which is out of the scope of this thesis. A dynamic model of a reforming system (the CMR) 
is given to simulate the dynamics of the pure hydrogen production rate at unsteady state 
conditions (between two steady state points) under fuel flow rate and pressure set-up steps. 
The model considers the kinetics of the catalytic reforming reactions regarding the molar 
production of ESR products, especially hydrogen inside the reactor at unsteady operating 
conditions. Additionally, application of the CMR makes it possible to investigate the effect 
of the byproducts of the ESR (CO, CO2, H2O, and CH4) on the performance of a real case 
Pd-Ag membrane based on the observed reaction kinetics (concentration of the ESR 
products). The latter is an important factor in monitoring and simulation of the performance 
of the membrane in ESR environment so that many works have been reported on the 
investigation of the effect of the gaseous byproducts on the permeation behavior of the 
membranes. 

In this chapter, a static model is developed to calculate the molar production rate of the 
ESR products (CO, CO2, CH4, H2, and H2O) in the CMR. Two different models were 
developed based on the experimental results to predict the pure hydrogen production rate at 
steady state conditions. The models are named as model 1 (Sieverts’ law) and model 2 (a 
black box model). Several critical factors such as the partial pressure of hydrogen, the 
activation energy of the hydrogen permeation process, and most importantly, the effect of 
co-presence of the ESR products on the permeation activity of the membrane were only 
taken into account by means of the Sieverts’ law, which reinforced and supported the aim 
of the simulation of the CMR. The aim of developing the black box model (model 2) was to 
investigate a numerical model not based on the physical rules and definitions (Sieverts’ 
law) that is normally applied for calculation of hydrogen permeation rate. However, the two 
important factors in hydrogen permeation rate, i.e. fuel flow rate and pressure, were taken 
into account. 

Finally, the alteration of the pure hydrogen production rate (transient state) during the fuel 
flow rate and pressure changes at isothermal conditions are simulated. The application of 
the model is in the design and control of a hydrogen producing system capable of online 
feeding a fuel cell with the possibility of instant adjustments of the pure hydrogen stream, 
following the changes in the fuel cell electric load.  
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5.2 Materials and methods 

5.2.1 General and specific models 

The reformer was simulated to develop models to predict the molar production rate of ESR 
products (CO, CO2, CH4, H2, and H2O) and the rate of pure hydrogen permeation through 
the membrane. As the first step, several steady state models as functions of the operating 
conditions (temperature, pressure, S/C ratio, and the fuel flow rate) were developed. All the 
experimental points (regarding all the experimental results at all operating conditions) were 
considered at this step, so, the models are called the General Models.  

For the modeling task, the CMR was divided into two sections, i.e. the catalytic zone, and 
the permeation zone (the membrane) as shown in the Fig. 5.1. The ESR reaction was 
supposed to occur in the catalytic zone, resulting in total production of the retentate gas 
plus the permeated hydrogen. The permeation zone (the membrane) stands for the pure 
hydrogen-generating step for which the dynamic model was developed. The outputs of the 
catalytic zone model were used as the input of the static models of the permeation zone (i.e. 
the membrane).   

Fig. 5.1 The catalytic zone and the permeation zone of the CMR 

The steady state models of the catalytic zone were derived based on the Arrhenius law in 
the form of: 

ṅ𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 = 𝛼𝛼 × 𝐹𝐹 × 𝑃𝑃𝛽𝛽 × 𝑆𝑆𝑆𝑆𝜃𝜃 × 𝑒𝑒𝑒𝑒𝑒𝑒(𝛾𝛾×𝑃𝑃+𝜔𝜔×𝑆𝑆𝑆𝑆+𝜆𝜆
𝑅𝑅𝑅𝑅

) 5.1 

ṅ𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 = 𝛼𝛼 × 𝐹𝐹 × 𝑃𝑃𝛽𝛽 × 𝑆𝑆𝑆𝑆𝜃𝜃 × 𝑒𝑒𝑒𝑒𝑒𝑒(𝛾𝛾×𝑃𝑃𝜔𝜔×𝑆𝑆𝑆𝑆𝜆𝜆+𝜀𝜀
𝑅𝑅𝑅𝑅

) 5.2 

ṅ𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 = 𝛼𝛼 × 𝐹𝐹 × (𝛽𝛽 × 𝑃𝑃 + 𝜃𝜃 × 𝑆𝑆𝑆𝑆 + 𝛾𝛾) × 𝑒𝑒𝑒𝑒𝑒𝑒(𝜔𝜔×𝑃𝑃+𝜆𝜆×𝑆𝑆𝑆𝑆+𝜀𝜀
𝑅𝑅𝑇𝑇

) 5.3 

ṅspecie [mol/s] is the molar production rate of each species (the subscript specie) present in 
the CMR as the products of ESR. ‘α’, ‘β’, ‘θ’, ‘γ’, ‘ω’, ‘λ’, and ‘ε’, are the fitting 
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parameters of the equations. In the formulation of the molar production rate of the ESR 
products (ṅspecie), temperature [K] is noted as ‘T’, pressure [Pa] as ‘P’, steam to carbon 
ratio as ‘SC’, and the fuel flow rate [m3/s] as ‘F’.  

Accordingly, the fitting parameters were given the values of “0” or “1” to form the various 
final models. Eight models out of the several tested ones showed interesting results in terms 
of fitting the experimental (measured via experiments) values. The mentioned models are 
given in Table 5.1. 

Model 
Equation on which 
the model is based 

parameters ṅ𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 

1 5.1 β=1, θ=0, γ=0 α × F × P × exp(
ω × SC + λ

RT
) 

2 5.1 θ=0, λ=0 α × F × Pβ × exp(
ω × SC + λ

RT
) 

3 5.1 β=0, θ=1, ω=0 α × F × SCθ × exp(
γ × P + λ

RT
) 

4 5.1 β=1, θ=1 α × F × P × SC × exp(
γ × P + ω × SC + λ

RT
) 

5 5.2 
β=1, θ=0, ω=0 

ε=0 
α × F × P × exp(

γ × SCλ

RT
) 

6 5.2 θ=0, ω=0, ε=0 α × F × Pβ × exp(
γ × SCλ

RT
) 

7 5.2 β=1, θ=0, ω=0 α × F × P × exp(
γ × SCλ + ε

RT
) 

8 5.2 θ=0, ω=0 α × F × Pβ × exp(
γ × SCλ + ε

RT
) 

 

Table 5.1 General models for calculation of the molar flow rate of the ESR products  

Apart from the general models, which include all the experimental points (presented in 
Table 3.1), specific models were developed at specific temperatures, i.e. at 873 K or 923 K, 
mainly to improve the accuracy of the modeling results. This is a crucial step for the 
isothermal dynamic simulation of the reformer, which will be discussed in the next section. 
Indeed, a specific model is a general model, which has been developed only at 873 K or 
923 K, hence, one parameter (temperature T) has been omitted in the data fitting, resulting 
in more precise modeled results (better fitting to the experimental data). The specific 
models are given in Table 5.2.  

116 
 



Model ṅ𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 

1 α × F × P × exp(
ω × SC

RT
) 

2 α × F × Pβ × exp(
ω × SC

RT
) 

3 α × F × SCθ × exp(
γ × P

RT
) 

4 α × F × SCθ × exp(
γ × Pω

RT
) 

5 α × Fβ × SCθ × exp(
γ × Pω + ε

RT
) 

 
Table 5.2 The specific models 

As presented in Table 5.2, the models are functions of fuel flow rate, pressure, and steam to 
carbon ratio.  

The same methodology was used to calculate the permeation rate of hydrogen through the 
membrane pure hydrogen production rate (pure hydrogen production rate in the permeation 
zone). Several models were developed as functions of the molar production rate of 
hydrogen inside the reactor (ṅH2) that was obtained by the steady state model of the 
catalytic zone, and the operating pressure and temperature. Contributing to the partial 
pressure of hydrogen inside the reactor, pressure and the rate of hydrogen production are 
the determining factors in the rate of hydrogen permeation through the membrane. The 
general form of the hydrogen permeation model is: 

𝐽𝐽𝐻𝐻2 = 𝑎𝑎 × ṅ𝐻𝐻2𝑏𝑏 × 𝑃𝑃𝑐𝑐 × 𝑇𝑇𝑑𝑑 + 𝑒𝑒       5.4 

Where JH2 is the rate of hydrogen permeation [mol/s] through the membrane (permeation 
zone). ‘a’, ‘b’, ‘c’, ‘d’, and ‘e’ are the fitting parameters.  

The models based on which the calculated values of the hydrogen permeation rate fitted the 
experimental ones are given in Table 5.3.  
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Model Parameters 𝐽𝐽𝐻𝐻2 

1 c=d=0 a × ṅH2b + e 

2 d=0 a × ṅH2b × Pc + e 

3 b=1, e=0 a × ṅH2 × Pc × Td 

4 e=0 a × ṅH2b × Pc × Td 

5 - a × ṅH2b × Pc × Td + e 

 

Table 5.3 Models for calculation of the hydrogen permeation rate 
 

5.2.2 Dynamic simulation 

The dynamic behavior of the membrane in terms of hydrogen permeation rate at transient 
conditions was simulated. Transient conditions were applied by acting on the fuel flow rate 
or operating pressure.  

For this purpose, a specific steady state model was used to calculate the total hydrogen 
production rate in the reactor. In order to monitor the dynamic performance of the reformer, 
pure hydrogen production (permeation through Pd-Ag membranes) was measured during 
dynamic tests. Then two different models were developed based on the experimental results 
to calculate the pure hydrogen production rate at steady state conditions. The models were 
named as model 1 and model 2, referred to the Sieverts’ law and black box models, 
respectively. The Model 2 presented in Table 5.3 was used as the black box model.  

• Dynamic experiments  

Using the same experimental setup presented before, several dynamic tests were performed 
to measure the rate of hydrogen permeation through the membrane at transient conditions. 
During the dynamic experiments, the fuel flow rate and the operating pressure of the 
reactor were altered. While giving time to the system to reach the next steady state point in 
terms of pure hydrogen flow rate, the variation of the hydrogen permeation rate over time 
was recorded. Therefore, the reformer can be assumed to have two different controlling 
parts at isothermal conditions: the fuel flow rate controller, and the pressure controller. A 
schematic plan of the fuel reformer system is shown in Fig. 5.2 to illustrate the fuel flow 
rate and pressure control subdivisions of the reformer. 
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Fig. 5.2 Scheme of the Reformer. 

The red dashed line and blue dotted line represent the fuel flow rate and pressure 
controlling systems, respectively. The operating conditions of the dynamic experiments 
under steady conditions are summarized in Table 5.4. The experiments were performed at 
isothermal conditions. 

Temperature 𝑇𝑇𝑠𝑠𝑠𝑠𝑠𝑠 𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝      K 923 
Pressure 𝑃𝑃𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠             bar 6-10 
Fuel flow rate 𝐹𝐹𝑠𝑠𝑠𝑠𝑠𝑠 𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝   μl/min 50-200 
Steam to carbon ratio SC 3 

Table 5.4 Experimental conditions for the dynamic experiments 

The S/C ratio is presented as “SC” in this section. At 923 K, the ESR over
0.5% Pd-0.5% Rh/CeO2 catalyst is optimized in terms of hydrogen selectivity, hydrogen 
recovery, and ethanol conversion [2,41,87]. At SC ratio of 3, the highest value of hydrogen 
recovery was obtained during the experimental work that is attributed to the availability of 
water for the reforming reactions. On the other hand, coke formation is absent. 

A controlling computer program was used to apply the set pressure or fuel flow rate 
changes and to record the hydrogen permeation rate every 0.5 second measured by a mass 
flow meter. As mentioned before, two types of dynamic tests were performed in this study: 
pressure change and flow rate change. In the case of pressure change dynamic tests, both 
increasing and decreasing steps were considered. As presented in Fig. 5.3, the pressures 
range of 7-10 bar was selected because at these pressures the fuel reformer was more stable. 
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Fig. 5.3 Scheme of the pressure change for the dynamic tests. 

Dynamic tests regarding the response of the system to the fuel flow rate changes were 
performed through two schemes, i.e. intervals of 50 μl/min, and intervals of 25 μl/min, both 
between 50 and 100 μl/min, as shown in Fig. 5.4. 

 

Fig. 5.4 Scheme of the fuel flow rate change for the dynamic tests. a) Steps of 50 μl/min, b) 
steps of 25 μl/min 

It is assumed that the fuel (ethanol+water) is in its gas phase at the entrance of the volume 
of the CMR and the ideal gas law is applied.  

5.2.3 CMR isothermal simulation 

• Steady state model of the catalytic zone  

The Model 5 presented in Table 5.2 for the catalytic zone was used to calculate the total 
molar production rate of species present in the catalytic zone of the CMR, i.e. CO, CO2, 
CH4, H2, and H2O as the products of the catalytic conversion of ethanol (around the 
membrane). At constant steam to carbon ratio and ω=1: 

ṅ𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 = 𝛼𝛼𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 × 𝐹𝐹𝛽𝛽𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 × exp(−(𝛾𝛾𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠×𝑃𝑃+𝜀𝜀𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠)
𝑅𝑅𝑅𝑅

)    5.5 
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F [m3/s] and P [Pa] represent the fuel (ethanol + water) flow rate and the reactor pressure, 
respectively. The molar production rate of the ESR products were used to calculate the 
partial pressure of hydrogen (PH2,r in eq. 5.6) around the membare surface (right before the 
permeation zone).  

• Steady state models of the permeation zone 
 

The hydrogen permeation rate through the membrane at steady state was modeled via two 
different pathways. The first model, named as “model 1”, was derived from the Sieverts’ 
law via which the hydrogen permeation phenomenon through the membrane is explained 
based on the mass transfer and surface reactions principals. As stated by the Sieverts’ law, 
hydrogen permeation is a temperature activated phenomena driven by the difference 
between the partial pressure of hydrogen at two sides, i.e. the retentate side (inside the 
reactor, around the membrane) and the permeate side (right after the membrane) [2,40]:  

𝐽𝐽𝐻𝐻2𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 1 = 𝑄𝑄0 
δ
𝑒𝑒
−𝐸𝐸𝑎𝑎
𝑅𝑅𝑅𝑅 (�𝑃𝑃𝐻𝐻2,𝑟𝑟 − �𝑃𝑃𝐻𝐻2,𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝)      5.6 

Where JH2model 1 is the pure hydrogen production rate obtained via the Sieverts’ law (model 
1). ‘δ’ is the thickness of the membrane and Q0 is the pre-exponential factor. Ea, R, and T 
are the activation energy, the universal gas constant, and temperature, respectively. PH2,r 
and PH2,perm are the partial pressure of hydrogen at the retentate and permeate sides, 
respectively. The partial pressure of hydrogen inside the reactor was calculated based on 
the hydrogen fraction in the gas phase assuming that the only present species in the 
catalytic bed (and around the membrane) are CO, CO2, CH4, H2 and H2O. Therefore:  

𝑃𝑃𝐻𝐻2,𝑟𝑟 = 𝑃𝑃 × 𝑦𝑦𝐻𝐻2,𝑟𝑟         5.7 

Where P and yH2,r represent the reactor pressure and the fraction of hydrogen in the catalyst 
bed, respectively. The activation energy (Ea) and the pre-exponential factor (Q0) are 
calculated by means of permeation experiments during which pure hydrogen at known 
temperature and pressure is purged and the permeation rate of hydrogen through the 
membrane is measured (atmospheric pressure at the permeate side) [201–203,205–207]. 

As discussed in chapter 2, the published open literature offers no robust model or pattern on 
the effect of different species on the performance of the membrane in the real atmosphere 
of methane steam reforming and water gas shift reactions. It was concluded that to 
understand the influence of co-existence of the ESR products on the permeation 
performance of the membrane, special models must be developed regarding specific 
operational conditions of the ESR environment.   

Accordingly, a model was developed for hydrogen permeation through the Pd-Ag 
membrane; specifically for the ESR environment at the operating conditions presented in 
this work. It is assumed that the concentrations of CO and H2O affect the permeation 
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performance of the membrane, differently at different operating conditions. The static 
model of the catalytic zone (based on the Arrhenius law) was used to fit the molar flow rate 
of the species present in the retentate gas, i.e. CO, CO2, CH4, H2, and H2O (to calculate the 
partial pressure of hydrogen at the retentate side).  

Regarding eq. 5.6, the activation energy (Ea) was taken from the work by Papadias et al. 
[143] as they used the same membrane module as the one used in this work, with the same 
characteristics and synthetized by the same manufacturer (REB Research & Consulting 

[179]). Therefore, the term 𝑒𝑒
−𝐸𝐸𝑎𝑎
𝑅𝑅𝑅𝑅

δ
 in eq. 5.6 was directly calculated, which is equal to 54.9 

[m-1]. Then, the term ‘Q0’ was obtained firstly from the experimental results (Q0
measure), 

and then modeled (Q0
model) by means of a static model as a function of the reactor pressure 

(P) and fuel flow rate (F): 

𝑄𝑄0𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 =  𝐽𝐽𝐻𝐻2×δ

𝑒𝑒
−𝐸𝐸𝑎𝑎
𝑅𝑅𝑅𝑅 ×(�𝑃𝑃𝐻𝐻2,𝑟𝑟−�𝑃𝑃𝐻𝐻2,𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝)

       5.8 

𝑄𝑄0𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 = 𝑘𝑘1 × 𝐹𝐹 × 𝑒𝑒𝑒𝑒𝑒𝑒(𝑘𝑘2 × 𝑃𝑃)       5.9 

Where ‘𝑘𝑘𝑖𝑖’ is the fitting parameter. PH2,r in eq. 5.8 is obtained via eq. 5.7 by using the 
modeled values of the molar production rate of ESR products to calculate the hydrogen 
fraction in the catalytic zone. In fact, this factor (Q0

model) was used to fit the results of the 
Sieverts’ law based model to the experimental ones. 

The second model, named as “model 2”, is a black box model, which was introduced as 
Model 2 in Table 5.3. This model is a function of the reactor pressure and the molar 
production rate of hydrogen (ṅH2) obtained by the steady state model developed for the 
catalytic zone (Model 5 presented in Table 5.2): 

𝐽𝐽𝐻𝐻2𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 2 = 𝑎𝑎 × ṅH2𝑏𝑏 × 𝑃𝑃𝑐𝑐 + 𝑒𝑒                5.10 

JH2model 2  [mol/s] is the pure hydrogen production rate obtained via the black box model.  

Accordingly, the hydrogen permeation rate at steady state conditions was modeled by 
means of model 1 and model 2, to be used in the simulation of the dynamics of hydrogen 
permeation rate at transient conditions, i.e. between two steady state points.  

• Isothermal dynamic simulation of the permeation zone 
 

Prior to the dynamic simulation of the permeation zone, the reactor pressure was modeled 
in the case of pressure set point adjustment during which the pressure valve of the 
reforming systems acts on the retentate gas flow rate to adjust to a higher or lower pressure. 
The ideal gas law in the form of PV =  mRT

MW
 was used to model the pressure of the reactor. 
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P, V, T, and MW are reactor pressure, the volume of the reactor, reactor temperature, and 
the molar mass of the fuel mixture, respectively. ‘m’ is the accumulated mass of the fuel 
added to the reactor volume. It was assumed that the accumulation rate of the pumped fuel 
into the constant volume of the reactor at constant temperature, results in pressure rise as 
the pressure valve acts on the outlet of the system to block the retentate stream when 
pressure increase is required. Conversely, the pressure valve lets the retentate gas be 
released to decrease the reactor pressure, so that the inlet mass flow rate of the fuel gets 
lower than the outlet mass flow rate. Regardless of the action of the pressure valve on the 
retentate gas stream, hydrogen constantly permeates through the membrane. Therefore, the 
added mass to the reactor volume is the difference between the fuel flow rate, and the 
retentate gas flow rate plus hydrogen permeation rate, so that: 

𝑑𝑑𝑑𝑑
𝑑𝑑𝑑𝑑

=  ṁ𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 −  ṁ𝑟𝑟 −  ṁ𝐻𝐻2.𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝          5.11 

Where ṁfuel and ṁH2.perm represent the fuel flow rate and hydrogen permeation rate, 
respectively, both in [kg/s]. Then, the ideal gas law is written as: 

𝑑𝑑𝑑𝑑
𝑑𝑑𝑑𝑑

= ( 𝑅𝑅𝑅𝑅
𝑉𝑉𝑀𝑀𝑊𝑊

) × 𝑑𝑑𝑑𝑑
𝑑𝑑𝑑𝑑

                                    5.12 

Where dm
dt

 is the rate of the accumulation of the mass in the reactor volume. In this work, 
the CMR is a packed bed reactor running at isothermal conditions, with negligible axial 
mixing. The temperature and concentration difference is neglected, so that the models are 
considered as ideal plug flow pseudo-homogenous ones [217].  

To develop the dynamic model of the permeate zone, a first order function was used: 

𝐽𝐽𝐻𝐻2
𝐷𝐷

𝐹𝐹
 =  𝐽𝐽𝐻𝐻2

𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 1,2

1+𝜏𝜏𝜏𝜏
             5.13 

𝐽𝐽𝐻𝐻2𝐷𝐷  is the pure hydrogen production rate obtained by the dynamic model. The superscript 
“D” stands for the dynamic model. JH2

model 1,2 represents the hydrogen permeation rate 
calculated via model 1 or 2, considering every single operating point as steady state. The 
time constant is presented as τ. The measured dynamic of fuel flow rate was faster than the 
sampling time (<1 second). Therefore, the fuel flow rate is always equal to its set point 
value: 

𝐹𝐹 = 𝐹𝐹𝑠𝑠𝑠𝑠𝑠𝑠 𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝          5.14 

Finally, equation 5.13 is written as: 

𝐽𝐽𝐻𝐻2
𝐷𝐷

𝐹𝐹𝑠𝑠𝑠𝑠𝑠𝑠 𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝  =  𝐽𝐽𝐻𝐻2
𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 1,2

1+𝜏𝜏𝜏𝜏
            5.15 

Where Fset point is the fuel flow rate set point (see Fig. 5.4).  
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The simulation was performed by means of Ordinary Differential Equation (O.D.E) solver. 

The dynamic simulation of the reforming system was performed in Matlab Simulink. The 
Simulink simulator used to model the reactor pressure and pure hydrogen flow rate is 
shown in Fig. 5.5.  

 

Fig. 5.5 Simulink model to simulate the reactor pressure and the pure hydrogen production 
rate 

The simulated pressure is used as an input for the calculation of the partial pressure of 
hydrogen and the production rate of pure hydrogen via the Sieverts’ law. The set point 
pressure value is needed since a PID controller is used to set the pressure and act on the 
pressure valve.   

5.3 Results and discussion  

Least Square Method (LSM) was applied to obtain all the fitting parameters regarding the 
steady state models. The time constant was estimated from a set of trials and errors. The 
time constant is a function of operating conditions (pressure or fuel flow rate). This is 
attributed to the dependency of the time constant on the function of the CMR during 
pressure or fuel flow rate change cycles. The response of the system to the fuel flow rate 
adjustments was faster due to instant modification made by the pump and instant increase 
in the inlet flow rate of the fuel into the reactor. In the case of pressure change steps, the 
CMR needed to be given time to increase the reactor pressure gradually as the fuel is added 
to the reactor constant volume.  

5.3.1 Steady state models of the permeation zone 

The products of ESR (CO, CO2, CH4, H2, and H2O) and the pure hydrogen permeation rate 
was modeled at four different fuel flow rates, i.e. 50, 100, 150, 200 µl/min and three 
different pressures (6, 8, and 10 bar). As mentioned before, the molar production rate of all 
the ESR products is needed in order to calculate the partial pressure of hydrogen in the 
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catalytic zone (around the membrane). The calculated molar production rates of the ESR 
products (catalytic zone) are presented in Fig. 5.6. The dashed lines represent the 10% error 
(discrepancy between experiment and measurement). The x-axis (modeled) and y-axis 
(measured) are referred to the values calculated by the static model and obtained via 
experiments, respectively.  

 

 

 

Fig. 5.6 Parity plots of the ESR products calculated by the static model (eq. 5.5). 
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The modeled values could fit the experimental results within the 10% error, especially in 
the case of production rate of hydrogen. The values of the fitting parameters (eq. 5.5) for all 
the gases are given in Table 5.5.  

specie αspecie [mol.m-3] βspecie [-] γspecie [J.mol-1.Pa-1] εspecie [J.mol-1] R2 
H2 1.1 0.71 8.4×10-7 -0.1 0.995 
CO 75.5 0.9 -1.5×10-6 -4.3 0.985 
CO2 133.9 1.1 -1.5×10-7 1.2 0.991 
CH4 560.3 1.3 -4.8×10-7 3.7 0.995 
H2O 226.1 1.1 -1.8×10-7 2.7 0.999 

 

Table 5.5 Fitting parameters of the steady state model for the ESR products production rate 
model (eq. 5.5) 

According to eq. 5.5, it can be seen that the values of γ×P are very small compared to ε, 
except in the case of hydrogen. The most effective factor on the hydrogen permeation is the 
partial pressure of hydrogen in the reactor; hence, the value of γ×P is higher in this case. 
The same explanation can be given regarding the parameter β. In the case of hydrogen, the 
effect of pressure in the CMR configuration is dominant in comparison with the fuel flow 
rate, resulting in the smallest value of β in the case of hydrogen. Conversely, the value of β 
in the case of CH4 is the highest among the gases because the only source of CH4 is the 
ethanol decomposition reaction (eq. 2.1). At complete ethanol conversion, the higher the 
fuel flow rate is, the higher the production rate of CH4 is. The value of β in the case of H2O 
is nearly one, which is very relevant since the ESR reaction were performed at SC=3 where 
there is a large amount of excess water. It can be concluded that the molar flow rate of 
water in the retentate stream is proportional to the inlet molar flow rate of water in the fuel 
mixture (ethanol + water). At SC=3, a large portion of the inlet water (70-90%) leaves the 
reactor in the form of steam as unreacted water. The value of γ in the case of CO is one 
order of magnitude smaller than other gases, which is attributed to the very small amount of 
CO detected at the outlet of the reactor. The values of γ proves that at higher pressures, less 
byproducts (CO, CO2, CH4, and H2O) and more hydrogen are generated, which is totally in 
agreement with the experimental results and the aim of the application of the CMR, where 
ESR reaction is promoted (the shift effect).  

The results of the modeling of the molar flow rate of the ESR products by all the 
formulations presented in Table 5.1 and Table 5.2 (general models and specific models, 
respectively) are given in appendix B.  

The result of the pre-exponential factor model (eq. 5.9) shows that the model fits very well 
to the calculated values except at P=6 bar, so that the coefficient of determination (R2) 
increases from 0.68 to 0.91 when the measured value at 6 bar are not presented due to 
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membrane diffusion limitation at pressures lower than 6 bar. The modeling results (Q0
model) 

are presented in Fig. 5.7a and b. The dashed lines show the 15% error range.  

Fig. 5.7 Result of the pre-exponential factor model (eq. 5.9) when P=6 bar is included (a) 
and is not included (b)  

The fitting parameters of the pre-exponential model (eq. 5.9) are given in Table 5.6. 

parameter k1 k2 

value 0.602 -3.4823×10-6 

unit [mol.m-2.Pa-0.5] [Pa-1] 

Table 5.6 Fitting parameters of the pre-exponential factor model (eq. 5.9) 

Regarding the value of k2, the diverse effect of pressure is obvious (see eq. 5.9). This is 
attributed to the fact that at higher pressure, the concentration of hydrogen is higher around 
the membrane (permeation zone) leading to the lower concentration of the other gases, 
which directly means that the permeation behavior of the membrane is less affected. This is 
completely in agreement with the experimental results and the assumption of the negative 
effect of CO and H2O on the permeation behavior of the Pd-Ag membrane.  

Taking into account Fig. 5.7, the immediate effect of the consideration of the values at P=6 
bar is the lower accuracy of the final Sieverts’ law model in predicting the pure hydrogen 
permeation rate. The result of the Sieverts’ law model (permeation zone) is shown in Fig. 
5.8a and b. The partial pressure of hydrogen in the reactor (obtained based on the molar 
production rates of the ESR products calculated by the Arrhenius based static model) was 
used in the Sieverts’ law to obtain the pure hydrogen permeation rate. The dashed lines 
represent 15% error range.  
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Fig. 5.8 Parity plots of the hydrogen permeation rate obtained by the Sieverts’ law model 
(model 1) when P=6 bar is included (a) and is not included (b)  

If values of the pure hydrogen production rate at P=6 bar are excluded, the model is more 
precise. In this case the coefficient of determination (R2) increases from 0.81 (Fig. 5.8a) to 
0.86 (Fig. 5.8b). All measured and modeled point including ones at P=6 bar were used in 
the dynamic simulation of the CMR. 

The results of the model 2 based on eq. 5.10 (black box model) are shown in Fig. 5.9. 
Hydrogen production rate in the CMR (ṅH2) calculated based on the Arrhenius based 
steady state model (eq. 5.5) was used as an input for the model 2. 

Fig. 5.9 Parity plots of the hydrogen permeation rate obtained by the black box model 
(model 2) 

The fitting parameters of the black box model (eq. 5.10) are given in Table 5.7. 
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Parameter a b c e 
value 2.1×10-11 0.7 1.5 3.1×10-6 
Unit [Pa-1] [-] [-] [mol.s-1] 

 

Table 5.7 Fitting parameters of the black box model (eq. 5.10) 

The fitting parameters of the model 2 (a, b, c, and e) do not possess a physical meaning, but 
the value of the parameter ‘c’ proves the noticeable effect of pressure on the hydrogen 
permeation rate. Besides, as the value of the parameter ‘e’ is very small, it is shown that at 
the pressure or fuel flow rate of zero, almost no hydrogen is generated.  

5.3.2 Isothermal Dynamic simulation 
 

• Pressure change simulation 

Keeping in mind the configuration of the CMR, when the pressure of the reactor is set at a 
higher value, the outlet of the reactor is blocked, the flow rate of the retentate gas (ṁr) is 
zero (see eq. 5.10), so that the inlet fuel is added to the volume of the reactor to increase the 
pressure. On the contrary, when reactor pressure is set at a lower value, the pressure valve 
is opened so that gas is released and reactor pressure drops rapidly. The different behavior 
of the system during pressure increasing and decreasing steps is due to the different act of 
the pressure controlling system on the pressure valve (see Fig. 5.2). Therefore, the 
dynamics of the pressure control differs in different steps. The importance of such a 
performance lies in the dependency of pure hydrogen permeation rate through the 
membrane on the partial pressure of hydrogen in the reactor. The simulated pressure change 
behavior of the reformer system is shown in Fig. 5.10.  
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Fig. 5.10 Measured and simulated reactor pressures in the pressure change dynamic tests. 
T=923 K, FF=200 μl/min. 

It is clear that the results of simulation of reactor pressure by means of the ideal gas law fit 
the measurement very well.  

As mentioned before, the hydrogen partial pressure difference at the retentate and permeate 
sides is the driving force for hydrogen permeation, which is stated by the Sieverts’ law. 
Therefore, consideration of the Sieverts’ law as the base of simulation of hydrogen 
permeation dynamic performance is essential. The simulated dynamic performance of the 
reforming system based on the Sieverts’ law (model 1) in the case of pressure change 
dynamic tests is shown in Fig. 5.11.  

 

Fig. 5.11 Sieverts’ law simulation (model 1) results of pure hydrogen production for 
pressure change dynamic tests. T=923 K, FF=200 μl/min. 
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The small fluctuations of the pure hydrogen measurement during the experiments are 
attributed to the small variations of the pressure inside the reactor, as the pressure valve acts 
on the outlet retentate stream. This fluctuation is ca. 0.11×10-5 mol/s of pure hydrogen. The 
simulation of the pressure change steps fitted the experimental observation very well, 
proving the successful modeling and application of the Sieverts’ law.  

The dynamic simulation based on the model 2 (black box model) is given in Fig. 5.12. As 
expected, at constant temperature and fuel flow rate, pure hydrogen production rate follows 
the variation of reactor pressure by time.  

 

Fig. 5.12 Black box (model 2) simulation results for pressure change dynamic tests. T=923 
K, FF=200 μl/min. 

Similar to the Sieverts law model, the black box simulation results could predict the 
dynamics of the hydrogen permeation very well, proving that both models are reliable in 
simulation of the pure hydrogen production rate at unsteady state when the pressure set 
point of the CMR is changed. 

• Fuel flow rate change simulation 

In comparison with the pressure change models, it is more essential to develop a model on 
the fuel flow rate change. The importance of fuel flow rate change model lies in the fact 
that acting on fuel flow rate is much faster than acting on system pressure. The CMR time 
constant in the fuel flow rate change tests was 55 seconds. The simulated result of the 
model 1 is presented in Fig. 5.13. 
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Fig. 5.13 Sieverts’ law simulation (model 1) results of pure hydrogen production for fuel 
flow rate change dynamic tests. a) Steps of 50 μl/min, b) steps of 25 μl/min (P=10 bar) 

The Sieverts’ law simulation results in the case of the fuel flow rate change fitted very well 
to the experimental observation. This is an outstanding result since the accuracy of the 
prediction of the pure hydrogen dynamics together with fast response of the reforming 
system to the fuel flow rate adjustments can build up a robust essential step toward further 
control studies.  

The simulation results of the model 2 are illustrated in Fig. 5.14. Measured values were 
obtained via dynamic experiments at constant pressure (10 bar). 
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Fig. 5.14 Black box (model 2) simulation pure hydrogen production for fuel flow rate 
change dynamic tests. a) Steps of 50 μl/min, b) steps of 25 μl/min (P=10 bar) 

At constant pressure, only hydrogen production rate inside the reactor was considered as 
the variable of the model 2. The model fitted the experimental results very well, capable of 
prediction of the pure hydrogen flow rate variation with good accuracy.  

The isothermal dynamic simulation of pure hydrogen production via ESR in the CMR 
considering the fuel flow rate and pressure changes can play an essential role for a general 
model of the dynamic performance of the system when connecting to a fuel cell for its 
online feeding and control.  

It was shown that the Sieverts’ law based model is able to predict the permeation rate of 
hydrogen taking into account the molar production rate of the ESR products. In fact, the 
effect of the operating conditions can be interpreted into the variations in the molar flow 
rate (concentration of gases in the catalytic zone) by means of Sieverts’ law. This is a clear 
advantage of the Sieverts law where it can be extended to the wider range of operating 
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conditions. The black box model is a simulation based on pure fittings, which may be 
totally dependent on certain operating conditions.  

5.4 Conclusion 
 

Ethanol steam reforming (ESR) over Pd-Rh/CeO2 catalyst was performed in a CMR unit at 
923 K, 6-10 bar, and fuel flow rates of 50 to 200 µl/min using a mixture of ethanol and 
distilled water with steam to carbon ratio of 3. A steady state model was proposed based on 
the Arrhenius law as a function of fuel flow rate and reactor pressure. The model was based 
on the experimental results and predicted correctly the performance of the ESR in terms of 
the molar production rate of ESR products, i.e. CO, CO2, CH4, H2, and H2O inside the 
reactor (catalytic zone). The pure hydrogen production rate (permeate zone) at steady state 
conditions  was simulated by means of two steady state models, i.e. the Sieverts’ law model 
named as model 1, and the black box model named as model 2. Finally, the dynamic 
simulation was performed under ideal gas law assumptions to simulate the permeation 
behavior of the membrane and the dynamics of the pure hydrogen production rate 
(permeation zone) in the case of the fuel flow rate or the operational pressure set point 
adjustment at isothermal conditions. The simulation results based on both model 1 and 
model 2 fitted the experimental observations. The effective critical factors such as 
hydrogen partial pressure in the CMR and the influence of the co-existence of the ESR 
products on the permeation behavior of the membrane were taken into account by the 
Sieverts’ law model, presenting a robust simulation. Although the pressure change steps 
simulation results were more satisfactory, the simulation of the dynamics of the fuel flow 
rate change is more essential, as the system responds much faster to such an adjustment. 
The presented dynamic models resembled hydrogen flow rate adjustments needed to follow 
changes in the electric load of a fuel cell when fed online, which is an essential step to 
design, control, and optimize an ethanol to electricity system. 
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Chapter 6 

 

 

General conclusion 

On-site pure hydrogen production in a catalytic membrane 
reactor by ethanol steam reforming 
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In this work, a comprehensive investigation of production of fuel cell grade hydrogen (pure 
hydrogen) in a catalytic membrane reactor (CMR) via ethanol steam reforming (ESR) over 
a Rh0.5-Pd0.5/CeO2  catalyst was given. 

The highlights of the experimental investigation of the ESR in the CMR are summarized 
as: 

• The ESR experiments at several operating conditions showed high selectivity of the 
catalyst towards H2 (>50% volume) together with very low molar production rate of CO 
per mol of ethanol in the feed. Besides, complete ethanol conversion was reached at all 
the operating conditions. 
 

• The shift effect resulted in significantly higher hydrogen production, thanks to the 
especial configuration of the CMR where the membrane was fully covered by the 
catalyst pellets. The equilibrium limitations were conquered at high pressure as a result 
of the shift effect, leading to a positive effect of pressure on the performance of the 
CMR despite unfavorable thermodynamic conditions at high pressure.  

 
• The influence of species present in the CMR such as CO and CH4 was shown based on 

the experimental results of the permeation tests in the atmosphere of pure hydrogen and 
ethanol steam reforming.  
 

• A comparison between the CMR and the SMR (staged membrane reactor) clearly 
revealed the superior performance of the CMR. Thanks to the special configuration of 
the CMR and brilliant reactivity of the catalyst, pure hydrogen production rate and 
methane conversion were promoted at high pressure in the case of the CMR.  

 
• 0.9 LN pure hydrogen/ml EtOH at 12 bar and 923 K was obtained, equal to 3.2 mol of 

pure hydrogen per mol of inlet EtOH. A hydrogen yield of 0.55 was reached at 12 bar 
and 923 K, much higher than that of SMR, 0.2. Hydrogen recovery reached values up to 
95% in the CMR, significantly higher than 70% in the case of the SMR. 

The results of the thermodynamic analysis are as follow: 

• Exergy analysis was introduced as a relevant tool to explain the effects of operating 
conditions and thermodynamic losses on both pure hydrogen production rate and total 
efficiency of the membrane reactor.  
 

• A significant effect of pressure and temperature on the exergy efficiency was observed. 
Following the pure hydrogen production rate, the exergy efficiency increased with 
pressure because of the shift effect, where more methane was converted at higher 
pressure resulting in higher production rate of pure hydrogen.  
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• Exergy analysis showed that the highest exergy destruction occurred via the retentate 

gas stream and heat losses. The exergy content of the retentate gas especially at lower 
pressures could provide the reactor with a notable fraction of its required heat at steady 
state conditions. This would result in a notable increase of the exergy efficiency of the 
system.  
 

• By using the retentate gas in an insulated reactor, the exergy efficiency was increased 
drastically and placed between 70-90%. This result was expected since, in one hand, 
exergy destruction decreased and, on the other hand, the energy requirement of the 
system was partially or totally met by utilization of the retentate gas. In the case of an 
insulated reactor, exergy efficiency up to around 50% was reached at 12 bar and 923 K. 
In the case of recovery of the retentate gas and insulation of the reactor, exergy 
efficiency placed between 70-90%. 

 
• Based on the exergy evaluation, the best operating conditions were calculated at the 

highest pressure and temperature used in this work (923 K and 12 bar) and the lowest 
S/C ratio of 1.5, where carbon deposition is probable.  

 
• Thermal efficiency of the CMR was between 60-90% for an insulated reactor system 

and decreased to around 40-60% when the heat loss was considered. The consideration 
of the thermal efficiency revealed that while thermal efficiency offers an ideal 
performance at high pressure and temperature, exergy efficiency discloses inevitable 
irreversibilities even in the case of an insulated reactor. 

 
• In the case of the SMR, at least 80% of the inlet exergy was lost by heat losses and the 

retentate stream. The insulation of the SMR resulted in a significant increase of the 
thermal efficiency, but not exergy efficiency since a large amount of methane and 
unpermeated hydrogen left the reactor as unused exergy.  

 
• In the case of the recovery of the retentate gas in an insulated reactor, the exergy 

efficiency of the SMR was slightly higher than the CMR, however, much higher pure 
hydrogen yield and production rate is obtained in the case of the CMR.  

Finally, the outcomes of the dynamic simulation of the CMR are: 

• A static model for the catalytic zone was derived from the Arrhenius law as a function 
of operating conditions based on the experimental results to simulate the total molar 
production rates of ESR products. The results of the model fitted the experimental value 
very well (coefficient of determination R2 = 0.993). 
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• The permeation zone (membrane) was modeled based on the Sieverts’ law as the 
physical definition of hydrogen permeation through the membrane via which the 
robustness of the simulation was proved (R2 = 0.86). Besides, a black box model as a 
function of the fuel flow rate and the operating pressure was developed and successfully 
fitted to the experimental values (R2 = 0.91). 

 
• A dynamic model was proposed under ideal gas law assumptions to simulate the 

dynamics of pure hydrogen production rate in the case of the fuel flow rate or the 
operational pressure set point adjustments (transient state) at isothermal conditions. 
Both pressure and fuel flow rate change steps simulations fitted the experimental values 
very well, proving a successful essential step needed to simulate an “Ethanol to 
Electricity” system. The simulation of the dynamics of the fuel flow rate change was 
more essential, as the system responds much faster to such an adjustment.  

 
• The results of the dynamic simulation based on the Sieverts’ law proved the robustness 

of the simulation and reinforced and supported the aim of the simulation of the CMR. 
Several critical factors such as the partial pressure of hydrogen, the activation energy of 
the hydrogen permeation process, and most importantly, the effect of co-presence of the 
ESR products on the permeation activity of the membrane were taken into account by 
means of the Sieverts’ law.  

 
• Future avenues 

A comprehensive experimental and thermodynamic study of pure hydrogen producing 
system was given in this PhD thesis. However, there are promising opportunities to 
continue the presented work and fulfil the application of the studied system. 

Future works can be devoted to the study of different noble based catalysts in the CMR. 
The activity of different catalysts in terms of ethanol conversion, hydrogen selectivity, and 
hydrogen yield and recovery can be studied similar to what reported in this thesis, to 
compare different catalysts in the studied membrane reactor in wider ranges of the 
operating conditions. 

Besides, the exergy evaluation data presented in this thesis can be used for the exergonomic 
evaluation of the reforming system, which is an essential and modern way to scale up. 
Additionally, life cycle assessment of such a reforming system, especially in connection to 
a fuel cell is a promising method to give a comprehensive idea on the environmental impact 
of the studied reforming system in this thesis. The mentioned methods (exergonomic and 
life cycle assessment) may add additional value to the introduction and commercialization 
of the reforming system.  
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Moreover, the advanced aspect of the control of the reforming system in connection with a 
real end user (for example a PEMFC) can be investigated and simulated.  
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Appendix A – Uncertainty Analysis 
 

Reporting the measurement results is complete only when it is accompanied with 
uncertainty analysis. Because of inevitable errors during a measurement, a range of 
uncertainty is given to indicate a specific margin of doubt during which the measurement 
can be reliable. In fact, uncertainty of measurement states the doubt about the measurement 
results, and it differs from measurement error, which is the difference between the true 
value and the measured one.  

In this work, uncertainty analysis is presented for experimental results and exergetic 
evaluation of the reforming system. Uncertainty of the measurement is rooted in the 
measuring instrument and the operator who is measuring a property. Accordingly, the 
uncertainty is calculated taking into account two sources of errors: 

• Human error: the error in reading values during fuel blend preparation (water + 
ethanol) and measurement of several experimental  properties and results through 
experiments in the laboratory 

• Error in laboratory equipment: beakers, graduated cylinder, flask, and so on, used in 
the preparation of fuel mixtures, together with the mass flow meters, the pressure 
valves, and specially the Gas Chromatograph. 

The human error is considered in two stages. Firstly, the preparation of the fuel mixture 
where specific volume of water had to be mixed with a specific volume of ethanol to obtain 
a specific S/C ratio. It is assumed that a maximum human error of ± 0.5 ml is inevitable 
when measuring the value of the volume of the liquids by means of a graduated cylinder. 
Secondly, since the waste gas flow rate (retentate) is measured by mean of a bubble meter 
and a stopwatch, a human error of ±1 ml is considered in reading the volume of the gas, 
which has passed a certain volume of the bubble meter in a specific time.  

The errors of laboratory measurement equipment are listed as: 

• Selectivity of the gases measured by Gas Chromatograph (GC): ±5% absolute 
• Mass flow meter of the pure hydrogen stream: ±1.5 ml/min = ±10-6 mole/s  

When the measured value by an instrument lies in a certain and known domain (±a), the 
uncertainty of the measurement is calculated as [218,219]: 

u(c) = 𝒂𝒂
√𝟑𝟑

          A1 

Where u(c) is the standard uncertainty of the measured value. This is applicable in the case 
of the GC and mass flow meter of pure hydrogen.  
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In the case of the retentate flow rate measurement, for every experimental point (certain 
temperature, pressure, S/C ratio, and fuel flow rate), 5 measurements were carried out and 
the arithmetic mean value of the measurements was used for experimental evaluation 
purposes: 

𝑋𝑋�𝑖𝑖 = 1
𝑛𝑛
∑ 𝑋𝑋𝑗𝑗𝑛𝑛
𝑗𝑗=1           A2 

X�i is the arithmetic mean of the 5 measurements (n=5) of Xj (retentate flow rate). Then, the 
variance of the probability distribution of Xj is: 

𝑆𝑆2(𝑋𝑋𝑖𝑖) = 1
𝑛𝑛−1

∑ (𝑋𝑋𝑗𝑗𝑛𝑛
𝑗𝑗=1  - 𝑋𝑋�𝑖𝑖)2        A3 

The variance of the mean is given as: 

𝑆𝑆2(𝑋𝑋�𝑖𝑖) = 𝑆𝑆2(𝑋𝑋𝑖𝑖)
𝑛𝑛

         
 A4 

Finally, the standard uncertainty is obtained: 

𝑢𝑢(𝑋𝑋𝑖𝑖) = 𝑆𝑆(𝑋𝑋�𝑖𝑖)          A5 

If an evaluation equation (y) is considered as a function of the independent measured 
factors: 

Y = f(x1, x2, x3,…xn)         A6 

The standard combined uncertainty (uc(y)) is defined as: 

𝑢𝑢𝑐𝑐2(𝑦𝑦) = ∑ (𝑛𝑛
𝑖𝑖=1

𝜕𝜕𝜕𝜕
𝜕𝜕𝑥𝑥𝑖𝑖

)2𝑢𝑢2(𝑥𝑥𝑖𝑖)        A7 

This method is used to calculate the uncertainty of several experimental and 
thermodynamic factors that are calculated by different formulations. The detailed analysis 
of the uncertainty analysis of the experimental and thermodynamic factors is given in the 
following sections. 
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A.1 The uncertainty of the experimental evaluation factors 

 

YH2 =  FH2.perm

6×FEtOH
    Hydrogen yield    A8 

    

RH2 =  FH2.perm

FH2.total
   Hydrogen recovery    A9 

   

ӨH2 =  FH2.perm  
FH2.in  

   Pure hydrogen efficiency   A10  

‘F’ is the molar flow rate in mol/s. FH2.total represents the total hydrogen production rate via 
ESR in the CMR. Inlet hydrogen consists of the hydrogen content of the fuel mixture 
(water + ethanol). Therefore, the uncertainty of each equation is given: 

 

A.1.1 Hydrogen yield     

𝑢𝑢2(YH2) = � 𝜕𝜕𝑌𝑌𝐻𝐻2
𝜕𝜕FH2.perm

�
2
𝑢𝑢2�FH2.perm� + � 𝜕𝜕𝑌𝑌𝐻𝐻2

𝜕𝜕FEtOH
�
2
𝑢𝑢2(FEtOH)     A11 

𝜕𝜕𝑌𝑌𝐻𝐻2
𝜕𝜕FH2.perm

= 1
6×FEtOH

          A12 

𝜕𝜕𝑌𝑌𝐻𝐻2
𝜕𝜕FEtOH

= −FH2.perm

6×(FEtOH)2
          A13 

The uncertainty of FH2.pure is the same as the uncertainty of the pure hydrogen mass flow 
measurement. 

 

A.1.2 Hydrogen recovery 

RH2 =  FH2.perm

FH2.total
= FH2.perm

FH2.perm+ FH2.ret
       A14 

𝜕𝜕𝑅𝑅𝐻𝐻2
𝜕𝜕FH2.perm

= FH2.ret
(FH2.perm+ FH2.ret)2

         A16 

𝜕𝜕𝑅𝑅𝐻𝐻2
𝜕𝜕FFH2.ret

= −FH2.perm

(FH2.perm+ FH2.ret)2
        A17 

𝑢𝑢2(𝑅𝑅𝐻𝐻2) = ( 𝜕𝜕𝑅𝑅𝐻𝐻2
𝜕𝜕FH2.perm

)2𝑢𝑢2�FH2.perm� + ( 𝜕𝜕𝑅𝑅𝐻𝐻2
𝜕𝜕FH2.ret

)2𝑢𝑢2(FH2.ret)   A18 
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FH2.ret is the flow rate of unpermeated hydrogen which appears in the retentate stream. 
u(FFH2.ret) Itself is obtained separately through a similar method. The molar flow rate of 
CO2, H2, CH4, and CO in the retentate stream is a function of the selectivity analysis done 
by the GC and the flow rate of the retentate gas measured by human by using a bubble 
meter. If the flow rate of the retentate is in ml/min and the selectivity of the retentate gas in 
percentage, then the molar flow rate of any gaseous product in mol/s is calculated as: 

Fgas in ret = 𝐴𝐴 × 𝐹𝐹𝑟𝑟𝑟𝑟𝑟𝑟 × 𝑆𝑆𝐺𝐺𝐺𝐺        A19 

A is a constant value for each gas for the unit conversion, to obtain the flow rate of each gas 
in mol/s. Fretentate represents the retentate flow rate (ml/min).  SGC is the selectivity of gas, 
in percent (0<SGC<100). Knowing the uncertainty of the Fret  and SGC: 

𝑢𝑢2�Fgas in ret� = (𝜕𝜕Fgas in ret

𝜕𝜕𝐹𝐹𝑟𝑟𝑟𝑟𝑟𝑟
)2𝑢𝑢2(𝐹𝐹𝑟𝑟𝑟𝑟𝑟𝑟) + (𝜕𝜕Fgas in ret

𝜕𝜕𝑆𝑆𝐺𝐺𝐺𝐺
)2𝑢𝑢2(𝑆𝑆𝐺𝐺𝐺𝐺)   A20 

𝑢𝑢2�Fgas in ret� = 𝐴𝐴2𝑆𝑆𝐺𝐺𝐺𝐺2𝑢𝑢2(𝐹𝐹𝑟𝑟𝑟𝑟𝑟𝑟) + 𝐴𝐴2𝐹𝐹𝑟𝑟𝑟𝑟𝑟𝑟2𝑢𝑢2(𝑆𝑆𝐺𝐺𝐺𝐺)    A21 

 

A.1.3 Pure hydrogen efficiency 

𝑢𝑢2�ӨH2� = � 𝜕𝜕𝜕𝜕
𝜕𝜕FH2.perm

�
2
𝑢𝑢2�FH2.perm� + � 𝜕𝜕𝜕𝜕

𝜕𝜕Finlet H2
�
2
𝑢𝑢2(Finlet H2)    A22 

𝜕𝜕𝜕𝜕
𝜕𝜕FH2.perm

= 1
Finlet H2

          A23 

𝜕𝜕𝜕𝜕
𝜕𝜕Finlet H2

= −FH2.perm

(Finlet H2)2
          A24 

Finlet H2 = FH2O + 3 × FEtOH        A25 

𝑢𝑢2(Finlet H2) = 𝑢𝑢2(FH2O) + 9 × 𝑢𝑢2(FEtOH)      A26 

‘F’ is the molar flow rate in mol/s. 

 

A.1.4 The uncertainty of the fuel blend (S/C ratio) and molar fuel flow rate 

The fuel is a mixture of distilled water and pure ethanol. It is assumed that water and 
ethanol are pure. A graduated cylinder is used for measurement of the required volume of 
each component for fuel preparation. The accuracy of the graduated cylinder is ±0.1 ml. A 
constant human error of ±0.5 ml is considered. Therefore, the total maximum error of ±0.6 
ml is considered in the measurement of the required volume of water and ethanol. This is 
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equal to 0.033 and 0.010 mole of water (nH2O) and ethanol (nEtOH), respectively. The 
uncertainty of the S/C ratio is calculated as:  

𝑆𝑆/𝐶𝐶 = 𝑛𝑛𝐻𝐻2𝑂𝑂
2×𝑛𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸

           A27 

n represents the number of the moles: 

𝑢𝑢2(S/C) = (𝜕𝜕(S/C)
𝜕𝜕𝑛𝑛𝐻𝐻2𝑂𝑂

)2𝑢𝑢2(𝑛𝑛𝐻𝐻2𝑂𝑂) + ( 𝜕𝜕(S/C)
𝜕𝜕𝑛𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸

)2𝑢𝑢2(𝑛𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸)      A28 

𝜕𝜕(S/C)
𝜕𝜕𝑛𝑛𝐻𝐻2𝑂𝑂

= 1
2×𝑛𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸

          A29 

𝜕𝜕(S/C)
𝜕𝜕𝑛𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸

= −𝑛𝑛𝐻𝐻2𝑂𝑂
2×𝑛𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸2

          A30 

The experiments were performed at two fuel flow rates i.e. FF=50 μl/min (0.05 ml/min) 
and FF=100 μl/min (0.1 ml/min). The uncertainty of the molar flow rate of water and 
ethanol because of the errors in fuel preparation is calculated as: 

u(nH2O)mixture = 0.033×FF
𝑉𝑉𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚

        A31 

u(nEtOH)𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 = 0.010×𝐹𝐹𝐹𝐹
𝑉𝑉𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚

        A32 

Vmixture is the volume of the mixture of the ethanol and water. At each S/C ratio, 100 ml 
ethanol is mixed with the relevant volume of water, which is 187, 123.6, and 100 ml of 
water to make a mixture with S/C ratio of 3, 2, and 1.6, respectively. Therefore, Vmixture is 
equal to 287, 223.6, and 200 ml at S/C ratio of 3, 2, and 1.6, respectively. 

The pump used in the experimental setup showed an error equal to 5% in the flow rate of 
the fuel, which means  2.5 and 5 μl/min at FF=50 and 100 μl/min, respectively. It is 
assumed that the error of the pump stays unchanged at higher pressures (maximum pressure 
of 12 bar was reached in this work). 

Finally, the maximum possible uncertainty of the molar flow rate of ethanol and water was 
considered to be the sum of uncertainty of fuel blend preparation and the uncertainty of the 
pump (u(nH2O)pump and u(nEtOH)pump):  

u(nH2O) = u(nH2O)mixture + u(nH2O)𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝      A33 

u(nEtOH) = u(nEtOH)mixture + u(nEtOH)𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝     A34 
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A.1.5 Steam in the reactor (unreacted water) Sreactor 

Unreacted steam in the reactor was used in the estimation of the hydrogen fraction in the 
gases inside the reactor (around the membrane) to be used in the Sieverts’ law equation. 
The unreacted steam in the reactor (Sreactor) is supposed to be difference between the inlet 
steam (Sinlet) and the amount of steam used in the reforming reactions (Sused): 

𝑆𝑆𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 = 𝑆𝑆𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖 − 𝑆𝑆𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢        A35 

The uncertainty of the inlet flow rate of steam is the same as inlet water in the fuel: 

𝑢𝑢(𝑆𝑆𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖) = u(𝑛̇𝑛H2O)          A36 

Steam is used in water gas shift reaction WGSR (SusedWGSR) and methane steam reforming (SusedMSR ) 
reactions: 

𝑆𝑆𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢 = 𝑆𝑆𝑢𝑢𝑠𝑠𝑠𝑠𝑠𝑠𝑊𝑊𝑊𝑊𝑊𝑊𝑊𝑊 +  𝑆𝑆𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑀𝑀𝑀𝑀𝑀𝑀         A37 

According to the ESR reactions mechanism (eq. 2.2 and 2.3), total rate of steam consumption is 
equal to the rate of CO consumption plus twice of the rate of CH4 consumption. For each mole of 
decomposed ethanol, one mole of methane and one mole of carbon monoxide are formed. Therefore:  

𝑆𝑆𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑊𝑊𝑊𝑊𝑊𝑊𝑊𝑊 = 𝑛𝑛𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 𝐶𝐶𝐶𝐶 = 𝑛̇𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 − 𝑛̇𝑛𝐶𝐶𝐶𝐶       A38 

𝑆𝑆𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑀𝑀𝑀𝑀𝑀𝑀 = 2 × 𝑛𝑛𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 𝐶𝐶𝐶𝐶4 = 2 × (𝑛̇𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 − 𝑛̇𝑛𝐶𝐶𝐶𝐶4)     A39 

Accordingly: 

 𝑆𝑆𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢 = 3 × 𝑛̇𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 − 𝑛̇𝑛𝐶𝐶𝐶𝐶 − 2 × 𝑛̇𝑛𝐶𝐶𝐶𝐶4      A40 

𝑢𝑢(𝑆𝑆𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢) = 3 × 𝑢𝑢(𝑛̇𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸) + 𝑢𝑢(𝑛̇𝑛𝐶𝐶𝐶𝐶) + 2 × 𝑢𝑢(𝑛̇𝑛𝐶𝐶𝐶𝐶4)     A41 

Finally: 

𝑢𝑢(𝑆𝑆𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟) = 𝑢𝑢(𝑆𝑆𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖) + 𝑢𝑢(𝑆𝑆𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢)       A42 
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A.2 Uncertainty analysis of the exergy evaluation 

To introduce the formulation of uncertainty analysis of the exergetic evaluation, some exergy terms 
are recalled:  

𝐸𝐸𝐸𝐸𝑑𝑑𝑒𝑒𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 = 𝐸𝐸𝐸𝐸𝑖𝑖𝑖𝑖 − 𝐸𝐸𝐸𝐸𝑜𝑜𝑜𝑜𝑜𝑜       A43 

𝐸𝐸𝐸𝐸𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢 = 𝐸𝐸𝐸𝐸𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑 − 𝐸𝐸𝐸𝐸𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟      A44 

𝜂𝜂𝑒𝑒𝑒𝑒 = 1 −  𝐸𝐸𝐸𝐸𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢𝑢
𝐸𝐸𝐸𝐸𝑖𝑖𝑖𝑖

         A45 

A.2.1 Inlet exergy 

𝐸𝐸𝐸𝐸𝑊𝑊𝑒𝑒𝑒𝑒 = 𝐸𝐸𝐸𝐸𝐻𝐻2𝑂𝑂 + 𝐸𝐸𝑋𝑋𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 + 𝐸𝐸𝐸𝐸𝑊𝑊𝑒𝑒𝑒𝑒       A46 

Wel represents the electrical exergy rate, which is assumed equal to the exergy rate needed for the 
ESR plus the heat losses.  

A.2.2 Uncertainty of the exergy rates of water (𝐄𝐄𝐄𝐄𝐇𝐇𝟐𝟐𝐎𝐎) and ethanol (𝐄𝐄𝐄𝐄𝐄𝐄𝐭𝐭𝐎𝐎𝐎𝐎) 

The exergy of every species consists of physical (𝑒𝑒𝑒𝑒𝑝𝑝ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦), chemical (𝑒𝑒𝑒𝑒𝑐𝑐ℎ𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒), and mixing 
exergy (𝑒𝑒𝑒𝑒𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚): 

𝑒𝑒𝑒𝑒 = 𝑒𝑒𝑒𝑒𝑝𝑝ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦 + 𝑒𝑒𝑒𝑒𝑐𝑐ℎ𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 + 𝑒𝑒𝑒𝑒𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚      A47 

Mixing exergy is very small in front of the chemical and physical exergy (
exmixing

exEthanol
 < 0.005), 

therefore, this term is neglected in uncertainty analysis calculations: 

𝑢𝑢(𝑒𝑒𝑒𝑒) = 𝑢𝑢�𝑒𝑒𝑒𝑒𝑝𝑝ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦� + 𝑢𝑢(𝑒𝑒𝑒𝑒𝑐𝑐ℎ𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒)      A48 

Uncertainty of chemical exergy is easily calculated since the thermodynamic tables were used to 
obtain the   standard chemical exergy of the species: 

EXchemical = 𝑒𝑒𝑒𝑒𝑐𝑐ℎ𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 × 𝑛̇𝑛𝑖𝑖        A49 

u(EXchemical) = exchemicalstandard × u(ṅi)       A50 

Physical exergy is obtained as a function of the specific enthalpy and entropy: 

𝑒𝑒𝑒𝑒𝑝𝑝ℎ𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑦𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 = h −  h0 −  T0(s − s0)       A51 

h and s are the specific enthalpy and entropy at reaction conditions (Tr). h0 and s0 (specific enthalpy 
and entropy at reaction conditions) are considered fixed without error since the reference 
temperature is assumed to be 298 K. NASA polynomials are used to calculate the specific enthalpy 
and entropy: 
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h
RT

= a1 + a2
T
2

+ a3
T2

3
+ a4

T3

4
+ a5

T4

5
+ a6

T
           A52  

S
R

= a1Ln(T) + a2T + a3
T2

2
+ a4

T3

3
+ a5

T4

4
+ a7     A53 

Then: 

∂h
∂T

= R × (a1 + a2T + a3T2 + a4T3 + a5T4)     A54 

∂S
∂T

= R × (a1
T

+ a2 + a3T + a4T2 + a5T3)      A55 

u(h) = ∂h
∂T

× u(Tr)         A56 

u(S) = ∂S
∂T

× u(Tr)         A57 

u2�exphysicalmolar � = u2(h) + T02 × u2(s)      A58 

EXphysical = exphysicalmolar × ṅi        A59 

u2�EXphysical� = (∂EXphysical
∂exphysical

molar )2 × u2�exphysicalmolar � + (∂EXphysical
∂ṅi

)2 × u2(ṅi)  A60 

= ṅi2 × u2�exphysicalmolar � + exphysicalmolar 2
× u2(ṅi)     A61 

This formulation is also true for the physical and chemical exergy content of the components of the 
retentate gas. For ethanol and water, the physical exergy is assumed zero, since they enter the system 
at reference conditions.  

A.2.3 𝐄𝐄𝐄𝐄𝐖𝐖𝐖𝐖𝐖𝐖 

Uncertainty of electrical energy consumption (in the form of exergy) consists of three terms, i.e. the required 
exergy for fuel evaporation and heat up to required temperature (Tr), required heat for the ESR reactions, and 
heat losses.  

𝐸𝐸𝐸𝐸𝑊𝑊𝑒𝑒𝑒𝑒 = 𝐸𝐸𝐸𝐸𝑄𝑄𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 + 𝐸𝐸𝐸𝐸𝑄𝑄𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 + 𝐸𝐸𝐸𝐸𝑄𝑄𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙      A62 

𝑢𝑢�𝐸𝐸𝐸𝐸𝑊𝑊𝑒𝑒𝑒𝑒� = 𝑢𝑢 �𝐸𝐸𝐸𝐸𝑄𝑄𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒� + 𝑢𝑢�𝐸𝐸𝐸𝐸𝑄𝑄𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟� + 𝑢𝑢�𝐸𝐸𝐸𝐸𝑄𝑄𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙�    A63 
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A.2.4 Uncertainty of 𝐄𝐄𝐗𝐗𝐐𝐐𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫𝐫 

The reaction promotion of WGS and MSR are measured by means of the consumption rate 
(reaction) of CO and CH4, respectively. Therefore, the required heat for ESR is obtained based on 
the promotion of WGS and MSR reactions. 

𝐸𝐸𝐸𝐸𝑄𝑄𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 =  𝛥𝛥𝛥𝛥𝑊𝑊𝑊𝑊𝑊𝑊 × 𝑛̇𝑛𝐶𝐶𝐶𝐶𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 + 𝛥𝛥𝛥𝛥𝑀𝑀𝑀𝑀𝑀𝑀 × 𝑛̇𝑛𝐶𝐶𝐶𝐶4𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟    A64 

ΔH represents the enthalpy change of the reaction.  

𝑢𝑢�𝐸𝐸𝐸𝐸𝑄𝑄𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟� = 𝛥𝛥𝛥𝛥𝑊𝑊𝑊𝑊𝑊𝑊 × 𝑢𝑢�𝑛̇𝑛𝐶𝐶𝐶𝐶𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟� + 𝛥𝛥𝛥𝛥𝑀𝑀𝑀𝑀𝑀𝑀 × 𝑢𝑢�𝑛̇𝑛𝐶𝐶𝐶𝐶4𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟�   A65 

𝑢𝑢�𝑛̇𝑛𝐶𝐶𝐶𝐶𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟� = 𝑢𝑢(𝑛̇𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸) + 𝑢𝑢(𝑛̇𝑛𝐶𝐶𝐶𝐶)        A66 

𝑢𝑢�𝑛̇𝑛𝐶𝐶𝐶𝐶4𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟� =  𝑢𝑢(𝑛̇𝑛𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸) + 𝑢𝑢(𝑛̇𝑛𝐶𝐶𝐶𝐶4)       A67 

 

A.2.5 Uncertainty of 𝐄𝐄𝐄𝐄𝐐𝐐𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞𝐞 

Qevaporation stands for the required exergy needed for the evaporation of the water (ΔHevaporation
H2O ) 

and ethanol (ΔHevaporation
EtOH ) and to heat the vapors up to the reaction temperature (Tr). 

𝐸𝐸𝐸𝐸𝑄𝑄𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 =  ΔHevaporation
EtOH × ṅEtOH + ΔHevaporation

H2O × ṅH2O   A68 

u �𝐸𝐸𝐸𝐸𝑄𝑄𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒� = ΔHevaporation
EtOH × u(ṅEtOH) + ΔHevaporation

H2O × u(ṅH2O) A69 

 

A.2.6 Uncertainty of 𝐄𝐄𝐄𝐄𝐐𝐐𝐥𝐥𝐥𝐥𝐥𝐥𝐥𝐥  

The reactor vessel is a stainless still cylinder via which the heat is transferred (lost) to the reference 
environment.  

EXQloss=  2πLK(Tr− Twall)
Ln (r0ri

)
        A70 

‘L’ is the length of the tube (reactor) and ‘K’ stands for the thermal conductivity of the insulation, 
which is glass wool. Twall and Tr represent the reactor vessel wall temperature and the reaction 
(reactor) temperature, respectively. 

𝑢𝑢�EXQloss� = 2πLK
Ln (r0ri

)
× (𝑢𝑢(Tr) + 𝑢𝑢(Twall))      A71 
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A.2.7 Uncertainty in temperature reading:  

The reactor (reaction) temperature is measured by means of a K-type thermocouple. The same 
method was used to measure the wall temperature. The temperature measurement equipment has the 
following errors:   

• Thermometer: 0.3% reading+1℃ digit 
• K-type thermocouple: 0.75% of the read value 

(Reference: the data base/data sheet of the product) 

Based on the mentioned error, uncertainty of Twall and Tr and two different temperatures operated in 
this work (873 and 923 K) is calculated: 

• 𝑢𝑢(Twall) 
Twall (at T𝑟𝑟 = 873 K) = 378 𝐾𝐾, thermometer error: ±0.32 𝐾𝐾,   u(thermometer)= 0.32

√3
=

0.2 𝐾𝐾 
Twall (𝑎𝑎𝑎𝑎 T𝑟𝑟 = 873 K) = 378 𝐾𝐾 , K-type error: ±0.8 𝐾𝐾, u(K-type)= 0.8

√3
= 0.5 𝐾𝐾 

Twall (at T𝑟𝑟 = 923 K) = 393 𝐾𝐾 , thermometer error: ±0.36 𝐾𝐾,  u(thermometer)= 0.36
√3

=

0.21 𝐾𝐾 
Twall (𝑎𝑎𝑎𝑎 T𝑟𝑟 = 923 K) = 393 𝐾𝐾  , K-type error: ±0.9 𝐾𝐾, u(K-type)= 0.9

√3
= 0.52 𝐾𝐾 

 
𝑢𝑢(Twall) = 0.7 𝐾𝐾 𝑎𝑎𝑎𝑎 873 𝐾𝐾 𝑎𝑎𝑎𝑎𝑎𝑎 0.73𝐾𝐾 𝑎𝑎𝑎𝑎 923 𝐾𝐾 
 

• 𝑢𝑢(T𝑟𝑟) 
T𝑟𝑟 = 873 K, thermometer error: ±1.8 𝐾𝐾,   u(thermometer)= 1.8

√3
= 1 K 

T𝑟𝑟 = 873 K, K-type error: ±4.5 𝐾𝐾, u(K-type)= 4.5
√3

= 2.6 K 

T𝑟𝑟 = 923 K, thermometer error: ±2 𝐾𝐾,  u(thermometer)= 2
√3

= 1.2 𝐾𝐾 

T𝑟𝑟 = 923 K, K-type error: ±4.9 𝐾𝐾, u(K-type)= 4.9
√3

= 2.8 K 

 
𝑢𝑢(Tr) = 3.6 𝐾𝐾 𝑎𝑎𝑎𝑎 873 𝐾𝐾 𝑎𝑎𝑎𝑎𝑎𝑎 4 𝐾𝐾 𝑎𝑎𝑎𝑎 923 𝐾𝐾 
 

𝑢𝑢(𝐸𝐸𝑋𝑋𝑖𝑖𝑖𝑖) = 𝑢𝑢(𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸) + 𝑢𝑢(𝐸𝐸𝐸𝐸𝐻𝐻2𝑂𝑂) + 𝑢𝑢(𝐸𝐸𝐸𝐸𝑊𝑊𝑊𝑊𝑊𝑊) 

 

A.2.8 Outlet exergy 

The outlet exergy rate consists of the exergy rate of the retentate gas and the exergy rate of the pure 
hydrogen stream permeating through the membrane: 
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EXout = EXretentate + EXH2 pure       A72 

u(EXout) = u(EXretentate) + u(EXH2.perm)      A73 

The exergy rate of the retentate gas is composed of the exergy rate of each component (i), which 
exists in the stream, i.e. H2, CO, CO2, CH4, plus condensing water: 

EXretentate = ∑ ṅi(exphysicali + exchemicali)i      A74 

𝑢𝑢(EXretentate) = ∑ 𝑢𝑢(EXi)i         A75 

EXH2 pure = ṅH2.perm(exphysicalH2.perm + exchemicalH2.perm)    A76 

And finally: 

u(EXdetruction) =  u(EXin) + u(EXout)      A77 

u(EXunused) =  u(EXdetruction) + u(EXretentate)     A78 

 

A.2.9 Uncertainty of exergy efficiency: 

𝜂𝜂𝑒𝑒𝑒𝑒 = 1 −  EXunused
EXin

         A79 

𝑢𝑢2(ηex) = � 𝜕𝜕ηex
𝜕𝜕exunused

�
2
𝑢𝑢2(exunused) + �𝜕𝜕ηex

𝜕𝜕exin
�
2
𝑢𝑢2(exin)    A80 

𝑢𝑢2(ηex) = � 1
exin

�
2

× 𝑢𝑢2(exunused) + (exunused
exin2

)2 × 𝑢𝑢2(exin)   A81 
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A.3 The results of the uncertainty analysis of the experimental 
evaluation factors 

The uncertainty of the pure hydrogen mass flow meter is 5.77×10-7 mol/s or 0.87 ml/min, regardless of the 
operating conditions. 

T [K] FF [μl/min] S/C 
923 50 1.6 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 1.6 7.08E-06 2.31E-05 5 

Uncertainty (u) 0.014 7.10E-07 2.80E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 3.63E-06 4.01E-06 7.21E-06 2.49E-07 1.65E-05 4.52E-07 4.52E-07 4.56E-07 4.51E-07 5.85E-06 

6 3.88E-06 3.94E-06 6.72E-06 3.22E-07 1.56E-05 4.11E-07 4.11E-07 4.12E-07 4.10E-07 5.76E-06 

8 3.61E-06 1.99E-06 5.03E-06 3.16E-07 1.22E-05 3.17E-07 3.16E-07 3.19E-07 3.16E-07 5.57E-06 

10 2.55E-06 1.79E-06 4.20E-06 3.11E-07 1.06E-05 2.40E-07 2.38E-07 2.47E-07 2.36E-07 5.43E-06 

12 2.00E-06 1.51E-06 3.30E-06 2.95E-07 8.77E-06 1.40E-07 1.38E-07 1.45E-07 1.36E-07 5.23E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.07 0.015 0.43 0.055 0.03 0.014 2.98E-06 5.77E-07 

6 0.20 0.024 0.68 0.027 0.11 0.020 8.40E-06 5.77E-07 

8 0.29 0.032 0.86 0.020 0.19 0.026 1.24E-05 5.77E-07 

10 0.38 0.040 0.90 0.012 0.25 0.032 1.61E-05 5.77E-07 

12 0.46 0.048 0.93 0.006 0.31 0.037 1.95E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
923 100 1.6 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 1.6 1.42E-05 4.62E-05 5 

Uncertainty (u) 0.014 7.10E-07 2.80E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 8.29E-06 9.52E-06 1.67E-05 4.43E-07 3.77E-05 1.05E-06 1.05E-06 1.07E-06 1.04E-06 7.06E-06 

6 7.51E-06 7.95E-06 1.39E-05 5.71E-07 3.22E-05 9.73E-07 9.73E-07 9.79E-07 9.72E-07 6.89E-06 

8 9.27E-06 4.84E-06 1.36E-05 4.36E-07 3.14E-05 8.24E-07 8.23E-07 8.28E-07 8.22E-07 6.59E-06 

10 8.38E-06 3.15E-06 1.05E-05 3.73E-07 2.51E-05 6.72E-07 6.67E-07 6.76E-07 6.67E-07 6.29E-06 

12 6.30E-06 2.54E-06 9.09E-06 3.21E-07 2.23E-05 5.52E-07 5.48E-07 5.58E-07 5.47E-07 6.05E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.04 0.007 0.27 0.039 0.03 0.007 3.54E-06 5.77E-07 

6 0.15 0.010 0.61 0.031 0.11 0.009 1.25E-05 5.77E-07 

8 0.22 0.013 0.79 0.028 0.19 0.010 1.84E-05 5.77E-07 

10 0.28 0.016 0.88 0.022 0.25 0.013 2.39E-05 5.77E-07 

12 0.35 0.019 0.92 0.016 0.31 0.015 3.00E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
923 50 2 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 2 6.33E-06 2.56E-05 5 

Uncertainty (u) 0.015 3.55E-07 1.40E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 3.88E-06 4.70E-06 6.64E-06 1.29E-07 2.00E-05 4.47E-07 4.47E-07 4.50E-07 4.45E-07 3.37E-06 

6 3.06E-06 3.32E-06 5.33E-06 8.95E-08 1.73E-05 3.46E-07 3.48E-07 3.66E-07 3.36E-07 3.20E-06 

8 3.75E-06 2.68E-06 4.69E-06 1.06E-07 1.61E-05 3.27E-07 3.24E-07 3.31E-07 3.21E-07 3.13E-06 

10 3.07E-06 1.95E-06 3.57E-06 8.17E-08 1.38E-05 2.52E-07 2.50E-07 2.54E-07 2.49E-07 2.97E-06 

12 3.06E-06 1.70E-06 3.34E-06 7.29E-08 1.33E-05 2.52E-07 2.42E-07 2.55E-07 2.37E-07 2.98E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.05 0.015 0.31 0.062 0.05 0.013 2.08E-06 5.77E-07 

6 0.18 0.018 0.67 0.030 0.15 0.014 6.72E-06 5.77E-07 

8 0.29 0.022 0.81 0.021 0.25 0.016 1.11E-05 5.77E-07 

10 0.39 0.027 0.88 0.014 0.33 0.018 1.48E-05 5.77E-07 

12 0.47 0.030 0.91 0.012 0.40 0.020 1.78E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
923 100 2 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 2 1.27E-05 5.11E-05 5 

Uncertainty (u) 0.015 7.10E-07 2.80E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 7.70E-06 9.04E-06 1.34E-05 2.38E-07 4.02E-05 5.22E-07 5.22E-07 5.24E-07 5.22E-07 5.98E-06 

6 7.58E-06 6.98E-06 1.21E-05 1.91E-07 3.74E-05 5.91E-07 5.91E-07 5.94E-07 5.90E-07 6.12E-06 

8 8.36E-06 5.32E-06 1.02E-05 2.14E-07 3.37E-05 6.39E-07 6.38E-07 6.41E-07 6.37E-07 6.22E-06 

10 8.56E-06 4.31E-06 9.01E-06 1.97E-07 3.13E-05 7.11E-07 7.10E-07 7.13E-07 7.10E-07 6.36E-06 

12 9.34E-06 4.38E-06 9.69E-06 2.10E-07 3.27E-05 6.37E-07 6.33E-07 6.38E-07 6.33E-07 6.21E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.04 0.008 0.23 0.039 0.03 0.007 2.69E-06 5.77E-07 

6 0.13 0.011 0.59 0.025 0.11 0.008 1.01E-05 5.77E-07 

8 0.23 0.015 0.76 0.023 0.19 0.010 1.71E-05 5.77E-07 

10 0.30 0.018 0.84 0.022 0.25 0.012 2.25E-05 5.77E-07 

12 0.36 0.022 0.86 0.017 0.31 0.014 2.76E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
923 50 3 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 3 4.93E-06 3.01E-05 5 

Uncertainty (u) 0.02 2.77E-07 1.60E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 4.96E-06 6.10E-06 5.58E-06 2.05E-07 2.46E-05 5.16E-07 5.40E-07 5.29E-07 4.66E-07 3.49E-06 

6 3.37E-06 3.96E-06 3.46E-06 1.10E-07 3.03E-05 3.19E-07 3.25E-07 3.20E-07 3.02E-07 3.07E-06 

8 2.98E-06 2.76E-06 3.32E-06 7.18E-08 3.10E-05 2.68E-07 2.68E-07 2.69E-07 2.67E-07 2.97E-06 

10 3.47E-06 2.19E-06 2.90E-06 5.46E-08 2.98E-05 2.55E-07 2.50E-07 2.53E-07 2.46E-07 2.94E-06 

12 1.81E-06 1.81E-06 3.07E-06 3.06E-08 3.36E-05 2.14E-07 2.14E-07 2.24E-07 2.08E-07 2.88E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.02 0.020 0.07 0.082 0.01 0.013 4.70E-07 5.77E-07 

6 0.17 0.022 0.56 0.035 0.11 0.014 4.97E-06 5.77E-07 

8 0.34 0.027 0.79 0.019 0.23 0.016 1.01E-05 5.77E-07 

10 0.46 0.032 0.86 0.014 0.31 0.018 1.37E-05 5.77E-07 

12 0.53 0.036 0.90 0.011 0.35 0.019 1.58E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
923 100 3 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 3 9.87E-06 6.03E-05 5 

Uncertainty (u) 0.02 5.53E-07 3.21E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 1.01E-05 1.06E-05 1.16E-05 3.34E-07 4.88E-05 1.94E-06 2.03E-06 2.19E-06 7.51E-07 9.25E-06 

6 9.50E-06 8.07E-06 9.08E-06 2.76E-07 5.18E-05 7.47E-07 7.40E-07 7.46E-07 7.23E-07 6.36E-06 

8 6.26E-06 4.60E-06 6.28E-06 1.13E-07 6.21E-05 4.97E-07 4.86E-07 4.98E-07 4.74E-07 5.86E-06 

10 9.17E-06 6.04E-06 7.86E-06 1.57E-07 5.28E-05 6.48E-07 6.43E-07 6.47E-07 6.39E-07 6.16E-06 

12 5.18E-06 4.96E-06 8.47E-06 8.64E-08 6.18E-05 5.91E-07 5.90E-07 6.12E-07 5.78E-07 6.09E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.01 0.010 0.07 0.049 0.01 0.006 8.07E-07 5.77E-07 

6 0.17 0.014 0.55 0.027 0.11 0.008 9.88E-06 5.77E-07 

8 0.28 0.018 0.78 0.019 0.18 0.010 1.65E-05 5.77E-07 

10 0.37 0.023 0.78 0.019 0.24 0.012 2.16E-05 5.77E-07 

12 0.43 0.026 0.84 0.017 0.28 0.013 2.52E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
873 50 1.6 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 1.6 7.08E-06 2.31E-05 5 

Uncertainty (u) 0.014 7.10E-07 2.80E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 4.20E-06 3.53E-06 8.61E-06 2.21E-07 1.93E-05 5.40E-07 5.40E-07 5.42E-07 5.39E-07 6.02E-06 

6 3.44E-06 2.97E-06 7.49E-06 2.42E-07 1.71E-05 4.03E-07 4.03E-07 4.09E-07 4.02E-07 5.75E-06 

8 3.22E-06 2.35E-06 6.58E-06 2.12E-07 1.53E-05 3.47E-07 3.47E-07 3.50E-07 3.46E-07 5.63E-06 

10 3.05E-06 1.40E-06 5.34E-06 1.37E-07 1.27E-05 2.93E-07 2.93E-07 2.95E-07 2.93E-07 5.52E-06 

12 2.60E-06 1.03E-06 4.47E-06 1.30E-07 1.09E-05 2.48E-07 2.47E-07 2.50E-07 2.47E-07 5.43E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.02 0.014 0.16 0.117 0.03 0.013 6.69E-07 5.77E-07 

6 0.09 0.016 0.56 0.050 0.11 0.015 3.78E-06 5.77E-07 

8 0.13 0.019 0.71 0.037 0.19 0.016 5.65E-06 5.77E-07 

10 0.22 0.026 0.87 0.025 0.25 0.021 9.20E-06 5.77E-07 

12 0.28 0.031 0.92 0.018 0.31 0.025 1.19E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
873 100 1.6 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 1.6 1.42E-05 4.62E-05 5 

Uncertainty (u) 0.014 7.10E-07 2.80E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 8.85E-06 7.22E-06 1.87E-05 2.70E-07 4.14E-05 1.07E-06 1.07E-06 1.07E-06 1.07E-06 7.08E-06 

6 8.65E-06 6.07E-06 1.80E-05 4.63E-07 4.03E-05 9.47E-07 9.46E-07 9.53E-07 9.46E-07 6.84E-06 

8 8.70E-06 4.99E-06 1.71E-05 4.37E-07 3.83E-05 8.87E-07 8.85E-07 8.94E-07 8.85E-07 6.72E-06 

10 7.39E-06 3.85E-06 1.47E-05 1.78E-07 3.33E-05 7.62E-07 7.61E-07 7.66E-07 7.61E-07 6.47E-06 

12 6.80E-06 3.13E-06 1.36E-05 1.60E-07 3.12E-05 6.93E-07 6.93E-07 6.97E-07 6.93E-07 6.33E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.01 0.007 0.08 0.068 0.03 0.007 6.50E-07 5.77E-07 

6 0.05 0.007 0.43 0.049 0.11 0.007 4.51E-06 5.77E-07 

8 0.08 0.008 0.57 0.048 0.19 0.007 6.65E-06 5.77E-07 

10 0.14 0.010 0.75 0.038 0.25 0.008 1.16E-05 5.77E-07 

12 0.18 0.011 0.83 0.032 0.31 0.009 1.49E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
873 50 2 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 2 6.33E-06 2.56E-05 5 

Uncertainty (u) 0.015 3.55E-07 1.40E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 3.90E-06 3.96E-06 8.05E-06 8.80E-08 2.27E-05 9.77E-07 9.77E-07 9.82E-07 9.76E-07 1.96E-06 

6 3.84E-06 3.23E-06 8.27E-06 6.13E-08 2.32E-05 1.02E-06 1.02E-06 1.03E-06 1.02E-06 2.05E-06 

8 3.30E-06 2.69E-06 7.41E-06 4.92E-08 2.14E-05 1.17E-06 1.17E-06 1.18E-06 1.17E-06 2.35E-06 

10 2.64E-06 2.03E-06 6.05E-06 3.64E-08 1.87E-05 1.53E-06 1.52E-06 1.68E-06 1.50E-06 3.18E-06 

12 2.03E-06 1.43E-06 4.71E-06 2.78E-08 1.60E-05 1.98E-06 1.97E-06 2.06E-06 1.96E-06 4.02E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.02 0.015 0.18 0.104 0.02 0.013 8.74E-07 5.77E-07 

6 0.06 0.016 0.41 0.099 0.05 0.013 2.22E-06 5.77E-07 

8 0.09 0.016 0.56 0.116 0.08 0.013 3.36E-06 5.77E-07 

10 0.16 0.018 0.75 0.142 0.14 0.014 6.05E-06 5.77E-07 

12 0.23 0.020 0.86 0.167 0.20 0.015 8.74E-06 5.77E-07 
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T [K] FF [μl/min] S/C 
873 100 2 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 2 1.27E-05 5.11E-05 5 

Uncertainty (u) 0.015 7.10E-07 2.80E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 8.31E-06 8.19E-06 1.72E-05 1.80E-07 4.77E-05 4.73E-07 4.73E-07 4.75E-07 4.73E-07 9.48E-07 

6 7.92E-06 6.72E-06 1.71E-05 1.32E-07 4.75E-05 4.94E-07 4.94E-07 4.98E-07 4.93E-07 9.91E-07 

8 7.47E-06 5.58E-06 1.60E-05 1.15E-07 4.53E-05 5.45E-07 5.43E-07 5.60E-07 5.41E-07 1.10E-06 

10 7.08E-06 4.83E-06 1.50E-05 9.75E-08 4.32E-05 5.88E-07 5.87E-07 5.91E-07 5.87E-07 1.18E-06 

12 6.62E-06 3.86E-06 1.33E-05 8.46E-08 3.97E-05 6.75E-07 6.73E-07 6.85E-07 6.72E-07 1.36E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.01 0.008 0.10 0.058 0.01 0.006 8.74E-07 5.77E-07 

6 0.04 0.008 0.29 0.046 0.03 0.007 2.69E-06 5.77E-07 

8 0.06 0.008 0.44 0.040 0.05 0.007 4.37E-06 5.77E-07 

10 0.10 0.009 0.62 0.034 0.09 0.007 7.73E-06 5.77E-07 

12 0.16 0.012 0.76 0.033 0.14 0.008 1.21E-05 5.77E-07 
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T [K] FF [μl/min] S/C 
873 50 3 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 3 4.93E-06 3.01E-05 5 

Uncertainty (u) 0.02 2.77E-07 1.60E-06 2.9 

 

Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 3.34E-06 4.13E-06 6.24E-06 5.32E-08 2.79E-05 5.79E-07 5.81E-07 5.88E-07 5.76E-07 3.61E-06 

6 2.95E-06 3.36E-06 5.60E-06 4.27E-08 2.66E-05 1.75E-06 1.96E-06 3.15E-06 6.56E-07 8.73E-06 

8 2.77E-06 2.89E-06 5.10E-06 3.89E-08 2.56E-05 7.42E-07 7.44E-07 7.93E-07 7.20E-07 4.02E-06 

10 2.13E-06 2.27E-06 3.90E-06 3.09E-08 2.32E-05 9.49E-07 9.49E-07 9.61E-07 9.45E-07 4.36E-06 

12 1.77E-06 1.58E-06 3.09E-06 2.52E-08 2.15E-05 1.30E-06 1.28E-06 1.43E-06 1.23E-06 5.30E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.01 0.019 0.05 0.127 0.00 0.013 2.02E-07 5.77E-07 

6 0.03 0.020 0.21 0.144 0.02 0.013 8.74E-07 5.77E-07 

8 0.04 0.020 0.37 0.113 0.04 0.013 1.21E-06 5.77E-07 

10 0.13 0.021 0.62 0.105 0.08 0.013 3.76E-06 5.77E-07 

12 0.20 0.022 0.79 0.138 0.13 0.014 5.78E-06 5.77E-07 
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T [K] FF [μl/min] S/C 
873 100 3 

 

Parameter S/C [-] FEtOH [mol/s] FH2O [mol/s] GC [%] 

Value 3 9.87E-06 6.03E-05 5 

Uncertainty (u) 0.02 5.54E-07 3.22E-06 2.9 

 

 
Molar flow rate of the species present in the retentate stream (mol/s) Uncertainty (mol/s) 

P [bar] CO2 H2 CH4 CO H2O CO2 H2 CH4 CO H2O 

4 6.66E-06 8.30E-06 1.24E-05 1.12E-07 5.57E-05 2.88E-07 2.88E-07 2.89E-07 2.88E-07 5.45E-06 

6 6.35E-06 7.13E-06 1.21E-05 9.38E-08 5.50E-05 3.14E-07 3.15E-07 3.26E-07 3.09E-07 5.52E-06 

8 6.13E-06 5.96E-06 1.13E-05 8.21E-08 5.34E-05 3.36E-07 3.35E-07 3.47E-07 3.31E-07 5.56E-06 

10 5.98E-06 5.15E-06 1.05E-05 7.13E-08 5.16E-05 3.69E-07 3.69E-07 3.76E-07 3.66E-07 5.62E-06 

12 5.67E-06 4.27E-06 9.18E-06 7.04E-08 4.91E-05 4.27E-07 4.20E-07 4.53E-07 4.11E-07 5.77E-06 

 

P [bar] YH2 u(YH2) RH2 u(RH2) θH2 u(θH2) FH2.perm (mol/s) u(FH2.perm) 

4 0.00 0.010 0.02 0.066 0.00 0.006 2.02E-07 5.77E-07 

6 0.02 0.010 0.14 0.060 0.01 0.006 1.14E-06 5.77E-07 

8 0.04 0.010 0.28 0.051 0.03 0.007 2.35E-06 5.77E-07 

10 0.09 0.011 0.50 0.033 0.06 0.007 5.11E-06 5.77E-07 

12 0.15 0.013 0.68 0.026 0.10 0.008 9.07E-06 5.77E-07 
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A.4 The results of the uncertainty analysis of the exergy analysis 

All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
973 50 1.6 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 9.6 923 393 

Uncertainty (u) 0.14 0.6 4 0.73 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 12.1 21.7 7.5 8.3 12.4 20.0 0.7 3 7 

6 12.2 21.8 7.1 9.2 11.6 18.7 2.1 10 19 

8 12.5 22.1 5.1 8.2 12.9 18.0 3.0 14 28 

10 12.6 22.2 4.3 8.3 12.9 17.2 3.9 19 35 

12 12.7 22.3 3.4 8.2 13.1 16.6 4.8 22 42 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.53 1.13 0.71 0.86 1.98 2.70 0.15 0.015 

6 0.52 1.12 0.65 0.79 1.91 2.57 0.14 0.014 

8 0.51 1.10 0.52 0.66 1.76 2.28 0.12 0.012 

10 0.50 1.09 0.41 0.55 1.64 2.05 0.11 0.011 

12 0.48 1.08 0.26 0.40 1.48 1.74 0.10 0.009 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
973 100 1.6 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 19.2 923 393 

Uncertainty (u) 0.14 1.09 4 0.73 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 12.8 32.0 17.5 18.3 12.7 30.1 0.9 3 4 

6 13.3 32.5 14.6 17.7 13.8 28.4 3.1 10 14 

8 13.3 32.5 13.6 18.1 13.4 27.0 4.5 14 21 

10 13.8 33.0 10.4 16.3 15.7 26.2 5.9 18 27 

12 14.1 33.3 9.0 16.3 15.9 24.9 7.4 23 33 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.75 1.84 1.63 1.78 3.62 5.25 0.28 0.029 

6 0.74 1.83 1.52 1.66 3.49 5.01 0.27 0.027 

8 0.72 1.81 1.30 1.44 3.25 4.54 0.24 0.024 

10 0.69 1.78 1.08 1.22 3.00 4.07 0.21 0.021 

12 0.67 1.76 0.90 1.05 2.81 3.71 0.20 0.019 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
973 50 2 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 8.6 923 393 

Uncertainty (u) 0.14 0.49 4 0.73 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 12.1 20.6 7.2 7.8 11.9 19.1 0.5 3 5 

6 12.3 20.9 5.7 7.4 12.5 18.2 1.6 8 17 

8 12.4 21.0 5.0 7.8 12.2 17.3 2.7 14 27 

10 12.6 21.1 3.8 7.5 12.7 16.5 3.6 18 36 

12 12.6 21.2 3.6 7.9 12.2 15.8 4.4 22 43 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.51 1.00 0.70 0.84 1.84 2.55 0.14 0.014 

6 0.49 0.99 0.57 0.71 1.70 2.26 0.12 0.012 

8 0.49 0.98 0.53 0.67 1.65 2.18 0.12 0.012 

10 0.48 0.97 0.42 0.56 1.53 1.94 0.10 0.010 

12 0.48 0.97 0.41 0.55 1.52 1.94 0.10 0.010 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
973 100 2 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 17.2 923 393 

Uncertainty (u) 0.14 0.99 4 0.73 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 13.1 30.3 14.6 15.2 14.1 28.6 0.7 2 3 

6 13.3 30.5 12.8 15.3 14.2 27.0 2.5 8 13 

8 13.6 30.8 10.8 15.0 14.8 25.6 4.2 14 21 

10 13.8 31.0 9.5 15.0 15.0 24.5 5.5 18 28 

12 13.7 30.9 10.2 16.9 13.0 23.1 6.7 23 34 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.65 1.64 0.86 1.00 2.64 3.50 0.20 0.020 

6 0.66 1.65 0.96 1.10 2.75 3.72 0.20 0.020 

8 0.67 1.66 1.03 1.17 2.83 3.86 0.21 0.021 

10 0.68 1.67 1.13 1.27 2.95 4.08 0.21 0.021 

12 0.67 1.66 1.02 1.17 2.83 3.85 0.20 0.020 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
973 50 3 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 6.7 923 393 

Uncertainty (u) 0.14 0.39 4 0.73 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 12.0 18.7 6.8 6.9 10.7 17.6 0.1 1 1 

6 12.3 19.0 4.6 5.8 12.3 16.8 1.2 7 15 

8 12.4 19.1 4.2 6.6 11.4 15.6 2.5 14 31 

10 12.4 19.1 3.7 7.0 11.1 14.8 3.4 19 41 

12 12.4 19.1 3.7 7.6 10.5 14.2 3.9 21 48 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.50 0.89 0.80 0.94 1.84 2.64 0.14 0.015 

6 0.47 0.86 0.51 0.65 1.51 2.02 0.11 0.011 

8 0.46 0.85 0.44 0.58 1.43 1.87 0.10 0.010 

10 0.46 0.85 0.41 0.56 1.40 1.82 0.10 0.010 

12 0.45 0.84 0.37 0.51 1.35 1.72 0.09 0.009 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
973 100 3 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 13.4 923 393 

Uncertainty (u) 0.14 0.78 4 0.73 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 12.9 26.3 13.6 13.8 11.5 25.1 0.2 1 1 

6 13.3 26.7 10.9 13.3 12.4 23.3 2.4 9 15 

8 13.8 27.2 7.8 11.8 14.3 22.1 4.0 15 25 

10 13.5 26.9 9.4 14.7 11.2 20.6 5.3 20 33 

12 13.4 26.8 9.7 15.8 10.0 19.6 6.2 24 39 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.89 1.67 2.82 2.96 4.63 7.45 0.39 0.040 

6 0.65 1.43 1.17 1.32 2.75 3.92 0.21 0.021 

8 0.61 1.39 0.81 0.95 2.35 3.16 0.17 0.017 

10 0.64 1.42 1.03 1.18 2.59 3.63 0.19 0.019 

12 0.63 1.41 0.97 1.11 2.53 3.50 0.18 0.018 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
873 50 1.6 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 9.6 873 378 

Uncertainty (u) 0.14 0.6 3.6 0.7 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 11.8 21.4 8.6 8.8 11.6 20.2 0.2 1 2 

6 12.0 21.6 7.5 8.4 12.2 19.6 0.9 4 9 

8 12.1 21.7 6.5 7.9 12.8 19.3 1.4 7 13 

10 12.3 21.9 5.2 7.4 13.5 18.7 2.2 11 21 

12 12.4 22.0 4.3 7.2 13.8 18.1 2.9 14 26 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.52 1.11 0.84 0.98 2.10 2.94 0.16 0.017 

6 0.49 1.09 0.64 0.79 1.88 2.52 0.14 0.014 

8 0.48 1.08 0.56 0.70 1.78 2.35 0.13 0.013 

10 0.48 1.07 0.48 0.62 1.70 2.18 0.12 0.011 

12 0.47 1.07 0.42 0.56 1.62 2.04 0.11 0.011 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
873 100 1.6 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 19.2 873 378 

Uncertainty (u) 0.14 1.09 3.6 0.7 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 12.3 31.5 18.5 18.7 11.8 30.3 0.2 1 1 

6 12.4 31.6 17.7 18.8 11.8 29.5 1.1 4 5 

8 12.6 31.8 16.6 18.2 12.6 29.1 1.6 5 8 

10 13.0 32.1 14.1 16.9 14.2 28.3 2.8 9 13 

12 13.1 32.3 13.0 16.6 14.7 27.7 3.6 12 17 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.73 1.82 1.65 1.79 3.61 5.27 0.28 0.029 

6 0.71 1.80 1.48 1.62 3.42 4.90 0.26 0.026 

8 0.70 1.79 1.39 1.53 3.32 4.72 0.25 0.025 

10 0.68 1.77 1.21 1.35 3.12 4.33 0.23 0.022 

12 0.67 1.76 1.11 1.25 3.01 4.12 0.22 0.021 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
873 50 2 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 8.6 873 378 

Uncertainty (u) 0.14 0.49 3.6 0.7 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 11.7 20.3 8.2 8.5 10.9 19.1 0.2 1 2 

6 11.7 20.3 8.3 8.8 10.5 18.7 0.5 3 6 

8 11.8 20.4 7.4 8.2 11.2 18.6 0.8 4 9 

10 12.1 20.6 6.0 7.5 12.2 18.2 1.5 8 15 

12 12.3 20.9 4.7 6.8 13.1 17.7 2.1 11 22 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.57 1.06 1.46 1.60 2.66 4.12 0.22 0.022 

6 0.57 1.07 1.53 1.67 2.74 4.26 0.22 0.022 

8 0.60 1.09 1.74 1.89 2.98 4.72 0.24 0.024 

10 0.68 1.18 2.37 2.51 3.69 6.06 0.30 0.030 

12 0.74 1.24 2.96 3.10 4.34 7.31 0.37 0.036 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
873 100 2 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 17.2 873 378 

Uncertainty (u) 0.14 0.99 3.6 0.7 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 12.3 29.5 17.5 17.7 10.7 28.2 0.2 1 1 

6 12.3 29.5 17.1 17.7 10.7 27.8 0.7 2 4 

8 12.5 29.6 15.9 16.9 11.7 27.6 1.1 4 6 

10 12.6 29.8 14.7 16.6 12.2 26.9 1.9 7 10 

12 12.9 30.1 13.0 15.9 13.2 26.1 2.9 10 15 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.61 1.61 0.78 0.92 2.52 3.30 0.19 0.019 

6 0.62 1.61 0.81 0.95 2.56 3.37 0.19 0.019 

8 0.63 1.62 0.89 1.03 2.65 3.54 0.19 0.019 

10 0.63 1.62 0.94 1.09 2.71 3.65 0.19 0.019 

12 0.65 1.64 1.08 1.22 2.86 3.93 0.20 0.020 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
873 50 3 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 6.7 873 378 

Uncertainty (u) 0.14 0.39 3.6 0.7 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 11.8 18.5 6.8 6.9 10.6 17.4 0.0 0 1 

6 11.9 18.6 6.1 6.3 11.3 17.4 0.2 1 3 

8 12.0 18.7 5.5 5.8 11.9 17.4 0.3 2 4 

10 12.2 18.9 4.3 5.2 12.7 16.9 0.9 5 12 

12 12.3 19.0 3.4 4.8 13.2 16.6 1.4 8 18 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.49 0.88 0.89 1.03 1.91 2.79 0.15 0.015 

6 0.91 1.30 3.55 3.69 4.99 8.53 0.43 0.044 

8 0.52 0.91 1.16 1.30 2.21 3.36 0.17 0.017 

10 0.55 0.94 1.42 1.56 2.50 3.93 0.20 0.020 

12 0.62 1.01 2.01 2.15 3.17 5.18 0.26 0.025 
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All exergy factors are given in Watt [W]. 

T [K] FF [μl/min] S/C 
873 100 3 

 

Parameter EXH2.perm [W] EXfuel [W] Tr [K] Tw [K] 

Value Given in next 
table 13.4 873 378 

Uncertainty (u) 0.14 0.78 3.6 0.7 

 

P [bar] EXWel EXin EXretentate EXout EXdestruction EXunused EXH2.perm ηex [%] ηex [%] 

4 12.6 26.0 13.6 13.7 11.3 24.9 0.0 0 0 

6 12.6 26.0 13.1 13.3 11.7 24.7 0.3 1 2 

8 12.8 26.2 12.1 12.6 12.5 24.6 0.6 2 4 

10 12.9 26.3 11.1 12.4 12.9 24.1 1.2 5 8 

12 13.1 26.5 9.8 12.0 13.5 23.3 2.2 9 14 

 

P [bar] u(EXWel)  u(Exin) u(EXretentate) u(EXout) u(EXdestruction) u(EXunused) u(ηex) 
Non-Insulate reactor Insulate reactor 

4 0.55 1.33 0.51 0.65 1.98 2.49 0.14 0.015 

6 0.56 1.34 0.56 0.70 2.04 2.59 0.14 0.015 

8 0.56 1.34 0.59 0.73 2.07 2.66 0.15 0.015 

10 0.56 1.35 0.63 0.77 2.12 2.75 0.15 0.014 

12 0.58 1.36 0.73 0.87 2.23 2.95 0.16 0.015 
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Appendix B – general and specific models 

 
The results of the static models given in chapter 4 are presented here in two sections, i.e. 
the general models (B.1) and specific models (B.2).  

The fitting parameters of the models together with the coefficient of determination (R2) of 
the species (H2, CO, CO2, CH4, and H2O) are given in the tables. The average coefficient of 
determination of the modeling (𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚2 ) is the arithmetic mean of the R2 values of the five 
species: 

𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚2 = 𝑅𝑅𝐻𝐻2
2 +𝑅𝑅𝐶𝐶𝐶𝐶

2 +𝑅𝑅𝐶𝐶𝐶𝐶2
2 +𝑅𝑅𝐶𝐶𝐶𝐶4

2 +𝑅𝑅𝐻𝐻2𝑂𝑂
2

5
       B.1 
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B.1 General Models 

 

 

 

Model ṅ𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 Rmean
2  

1 α × F × P × exp(
ω × SC + λ

RT
) 0.6895 

2 α × F × Pβ × exp(
ω× SC + λ

RT
) 0.9523 

3 α × F × SCθ × exp(
γ × P + λ

RT
) 0.9571 

4 α × F × P × SC × exp(
γ × P + ω × SC + λ

RT
) 0.9485 

5 α × F × Pβ × exp(
γ × SCλ

RT
) 0.6996 

6 α × F × Pβ × exp(
γ × SCλ

RT
) 0.9550 

7 α × F × P × exp(
γ × SCλ + ε

RT
) 0.6940 

8 α × F × Pβ × exp(
γ × SCλ + ε

RT
) 0.9668 
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Model 1: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛚𝛚×𝐒𝐒𝐒𝐒+𝛌𝛌
𝐑𝐑𝐑𝐑

) 

                

                

 

specie α [mol/m3.Pa] ω [J/mol] λ [J/mol] R2 
H2 26.3 -1.3×103 -8.5×104 0.9790 
CO 0.3 -4.3×103 -7.8×104 0.4593 
CO2 8.4×10-2 7.5×102 -5.3×104 0.7225 
CH4 1×10-3 -1.6×103 -1.2×104 0.5130 
H2O 3×10-2 2.6×103 -3.8×104 0.7737 
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The values of ω in the case of CO2 and are positive, proving that at higher S/C ratio, more 
CO2 is formed, and naturally, there is excess water fed into and leaving the reactor. The 
smallest value of ω belongs to CO that has the lowest selectivity among the ESR products. 
Very high values of λ can be ascribed to the significant effect of the temperature on the 
ESR reaction promotion and hydrogen permeation rate. 
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Model 2: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏𝛃𝛃 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛚𝛚×𝐒𝐒𝐒𝐒+𝛌𝛌
𝐑𝐑𝐑𝐑

) 

                

                

 

specie α [mol/m3.Pa] β [-] ω [J/mol] λ [J/mol] R2 
H2 3.7×102 0.8 -1.4×103 -8.4×104 0.9786 
CO 9.9×103 -0.3 -4×103 -2.7×104 0.8362 
CO2 1×104 -0.1 2.4×102 -2.2×104 0.9728 
CH4 1.1×102 -0.3 -1.8×103 3.8×104 0.9814 
H2O 2.4×103 -0.2 2.1×103 5.7×103 0.9926 
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The value of β is positive only in the case of hydrogen, which proves that the production 
rate of hydrogen in the CMR is directly proportional to the operating pressure.  The values 
of ω in the case of CO2 and H2O are positive, proving that at higher S/C ratio, more CO2 is 
formed, and naturally, there is excess water fed into and leaving the reactor. The smallest 
value of ω belongs to CO that has the lowest selectivity among the ESR products. Very 
high values of λ can be ascribed to the significant effect of the temperature on the ESR 
reaction promotion and hydrogen permeation rate. 
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Model 3: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐒𝐒𝐒𝐒𝛉𝛉 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛄𝛄×𝐏𝐏+𝛌𝛌
𝐑𝐑𝐑𝐑

) 

                

                

 

specie α [mol/m3] θ [-] γ [J/mol.Pa] λ [J/mol] R2 
H2 1.6×107 -0.4 7.9×10-3 -9×104 0.9787 
CO 4.7×103 -1 -6.1×10-3 -4.6×104 0.8567 
CO2 6.7×103 3.9×10-3 -1.7×10-3 -3.2×104 0.9740 
CH4 1.8 -0.5 -3.6×10-3 3.7×104 0.9822 
H2O 3×103 0.5 -2.1×10-3 -1.7×104 0.9937 
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Considering θ, the negative values in the case of H2, CO, and CH4 proves that the 
production rates of these species are conversely proportional to S/C ratio, which is in 
agreement with the experimental results. The high positive value in the case of H2O 
represents the effect of excess water at higher S/C ratios. The value of γ in the case of H2 is 
positive and higher since the most effective factor on the hydrogen production (and 
permeation) is the operating pressure (and the partial pressure of hydrogen in the reactor). 
Very high values of λ can be ascribed to the significant effect of the temperature on the 
ESR reaction promotion and hydrogen permeation rate. 
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Model 4: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏 × 𝐒𝐒𝐒𝐒 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛄𝛄×𝐏𝐏+𝛚𝛚×𝐒𝐒𝐒𝐒+𝛌𝛌
𝐑𝐑𝐑𝐑

) 

                

                

 

Specie α [mol/m3.Pa] γ [J/mol.Pa] ω [J/mol] λ J/mol R2 
H2 10.6 -4.8×103 -1.9×10-3 -7.5×104 0.9778 
CO 2.9×10-3 -7.7×103 -1.7×10-2 -2.7×104 0.8250 
CO2 2.5×10-2 -3.4×103 -1.3×10-2 -2.9×104 0.9745 
CH4 2.5×10-6 -5.3×103 -1.5×10-2 4.9×104 0.9753 
H2O 4×10-5 -1.2 ×103 -1.3×10-2 2.6×104 0.9897 
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In this model, the combination of the effects of the pressure and S/C ratio can be seen. The 
values of γ×P are very large (40000<P<120000 Pa) compared to the values of ω 
(1.6<SC<3), which is attributed to the dominant effect of pressure on the production rate of 
species. The values of λ place in a wild range similar to the values of α, which can be due 
to the combined effects of the operating conditions considered in this formulation. As seen, 
in the case of CH4 and H2O, λ is very large and positive, while the values of α are some 
orders of magnitude smaller in comparison with the other three species.  
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Model 5: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏 × 𝐞𝐞𝐞𝐞𝐩𝐩(𝛄𝛄×𝐒𝐒𝐒𝐒𝛌𝛌

𝐑𝐑𝐑𝐑
) 

                

                

 

specie α [mol/m3.Pa] γ [J/mol] λ [-] R2 
H2 25.6 -8.5×104 3.3×10-2 0.9791 
CO 0.1 -7.1×104 0.1 0.4763 
CO2 0.1 -5.6×104 -2×10-2 0.7273 
CH4 3×10-4 -5.6×103 0.2 0.4971 
H2O 3.1×10-3 -2×104 -0.5 0.8181 
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The value of α is very large in the case of H2, which can be attributed to the effect of 
pressure (in the pre-exponential term) on the production rate of hydrogen. The values of 
SCλ are negligible (λ<1) compared to γ, which can be interpreted as the minor effect of S/C 
ratio in comparison with temperature.  
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Model 6: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏𝛃𝛃 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛄𝛄×𝐒𝐒𝐒𝐒𝛌𝛌

𝐑𝐑𝐑𝐑
) 

                

                

 

specie α [mol/m3.Pa] β [-] γ [J/mol] λ [-] R2 
H2 3.6×102 0.8 -8.4×104 4×10-2 0.9786 
CO 4.8×106 -0.4 -5.7×104 0.2 0.8505 
CO2 1.2×104 -0.1 -2.3×104 -2×10-2 0.9728 
CH4 5.6×102 -0.4 2.9×104 0.2 0.9801 
H2O 50 -0.1 2.1×104 0.2 0.9929 
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The value of β is positive and larger in the case of hydrogen, which proves that the 
production rate of hydrogen in the CMR is directly proportional to the operating pressure. 
The values of SCλ are negligible (λ<1) compared to γ, which can be interpreted as the 
minor effect of S/C ratio in comparison with temperature.    
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Model 7: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛄𝛄×𝐒𝐒𝐒𝐒𝛌𝛌+𝛆𝛆
𝐑𝐑𝐑𝐑

) 

                

                

 

specie α [mol/m3.Pa] γ [J/mol] λ [-] ε [J/mol] 
H2 4.4 -4.1×107 6.3×10-5 4.1×107 
CO 5.5×10-3 -4.9×104 0.2 -9.6×102 
CO2 3×10-4 1.4×102 2.2 1×104 
CH4 5.5×10-6 2.6×10-3 12 2.4×104 
H2O 2.7×10-4 -1.8×104 -0.6 1.6×104 
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In the case of H2, the value of λ is very small, but on the other hand the value of α is much 
higher compared to other ESR product. Considering the formulation of this model, the 
difference between the values of λ and α is interpreted as the significant effect of pressure 
on the hydrogen production rate and the minor effect of S/C ratio. Besides, the very large 
value of ε in the case of hydrogen, represents the effect of temperature.   
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Model 8: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏𝛃𝛃 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛄𝛄×𝐒𝐒𝐒𝐒𝛌𝛌+𝛆𝛆
𝐑𝐑𝐑𝐑

) 
 

                

                

 

specie α [mol/m3.Pa] β [-] γ [J/mol] λ [-] ε [J/mol] R2 
H2 3.3×102 0.8 1.1×104 -0.4 9.3×104 0.9787 
CO 2.7×102 0.2 1.9×104 -2.1 1.8×104 0.9091 
CO2 5.5×103 0.1 3.4×104 -9.8 2×104 0.9729 
CH4 89 0.3 1.8×104 -0.3 2×104 0.9802 
H2O 1.5×103 0.2 1.1×104 1.1 1.5×104 0.9932 

213 
 



The value of β is larger in the case of hydrogen, which proves that the production rate of 
hydrogen in the CMR is directly proportional to the operating pressure. Very large values 
of γ specially compared to λ can be explained by the significant effect of temperature in 
comparison with the S/C ratio. The value of λ is near 1 in the case of H2O since the amount 
of eater is proportional to the S/C ratio. Very high values of ε can be ascribed to the 
significant effect of the temperature on the ESR reaction promotion and hydrogen 
permeation rate.  
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B.2 Specific Models 

The specific models were developed at T=923 K.  

 
Model ṅ𝒔𝒔𝒔𝒔𝒔𝒔𝒔𝒔𝒔𝒔𝒔𝒔 Rmean

2  

1 α × F × P × exp(
ω × SC

RT
) 0.7076 

2 α × F × Pβ × exp(
ω × SC

RT
) 0.9469 

3 α × F × SCθ × exp(
γ × P

RT
) 0.9542 

4 α × F × SCθ × exp(
γ × Pω

RT
) 0.9542 

5 α × Fβ × SCθ × exp(
γ × Pω + ε

RT
) 0.9574 
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Model 1: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛚𝛚×𝐒𝐒𝐒𝐒
𝐑𝐑𝐑𝐑

) 

                

                

 

Specie α [mol/m3.Pa] ω [J/mol] R2 
H2 3.9×10-4 -1.2×103 0.9817 
CO 9.5×10-6 -3.8×103 0.3664 
CO2 6×10-5 1.5×103 0.7652 
CH4 1.3×10-4 -4.9×102 0.5891 
H2O 1.3×10-4 3.9×103 0.8354 
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H2O has the highest value of ω that is attributed to the effect of S/C ratio on the production 
rate of H2O. The amount of excess water increased with S/C ratio.  Comparatively, the 
value of ω in the case of hydrogen presents the minor effect of S/C ratio on the production 
rate of H2. The positive values of ω in the case of CO2 and H2O can be attributed to the fact 
that the ESR reaction is promoted better at higher S/C ratio, probably due to the availability 
of excess water. The highest value of α belongs to H2, proving the effect of pressure on the 
hydrogen production rate.   
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Model 2: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐏𝐏𝛃𝛃 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛚𝛚×𝐒𝐒𝐒𝐒
𝐑𝐑𝐑𝐑

) 

               

                

 

Specie α [mol/m3.Pa] β [-] ω [J/mol] R2 
H2 4.5×10-3 0.8 -1.3×103 0.9773 
CO 2.7×102 -0.3 -3.6×103 0.8051 
CO2 3.6×102 -0.1 8.3×102 0.9767 
CH4 2.7×104 -0.4 -1.7×103 0.9809 
H2O 3.6 ×102 -6.2×10-2 2.9×103 0.9944 
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The value of β is larger in the case of hydrogen, which proves that the production rate of 
hydrogen in the CMR is directly proportional to the operating pressure. The positive values 
of ω in the case of CO2 and H2O can be attributed to the fact that the ESR reaction is 
promoted better at higher S/C ratio, probably due to the availability of excess water. 
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Model 3: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐒𝐒𝐒𝐒𝛉𝛉 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛄𝛄×𝐏𝐏
𝐑𝐑𝐑𝐑

) 

                

                

 

Specie α [mol/m3] θ [-] γ [J/mol.Pa] R2 
H2 1.2×102 -0.4 8.3×10-3 0.9755 
CO 12.5 -1.2 -5.6×10-3 0.8398 
CO2 80 0.2 -1.6×10-3 0.9776 
CH4 2.4×102 -0.5 -4.3×10-3 0.9823 
H2O 2.4×102 0.8 -1.7×10-3 0.9958 
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The positive and larger value of γ in the case of hydrogen proves that the production rate of 
hydrogen in the CMR is directly proportional to the operating pressure. The positive values 
of θ in the case of CO2 and H2O can be attributed to the fact that the ESR reaction is 
promoted better at higher S/C ratio, probably due to the availability of excess water. 
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Model 4: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅 × 𝐒𝐒𝐒𝐒𝛉𝛉 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛄𝛄×𝐏𝐏𝛚𝛚

𝐑𝐑𝐑𝐑
) 

                

                

 

Specie α [mol/m3] θ [-] γ [J/mol.Pa] ω [-] R2 
H2 66.9 -0.4 3.9 0.6 0.9771 
CO 9.8 -1.2 -5.9×10-10 2.1 0.8379 
CO2 78 0.2 -1.7×10-4 1.2 0.9778 
CH4 2.5×102 -0.5 -6.2×10-3 0.9       0.9823 
H2O 2.4×102 0.8 -2.3×10-3 0.8 0.9958 
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The positive values of θ in the case of CO2 and H2O can be attributed to the fact that the 
ESR reaction is promoted better at higher S/C ratio, probably due to the availability of 
excess water. The positive and larger value of γ in the case of hydrogen proves that the 
production rate of hydrogen in the CMR is directly proportional to the operating pressure. 
Although the value of ω is higher in the case of CO, the value of γ is several orders of 
magnitude smaller than other species.   
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Model 5: ṅ𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬𝐬= 𝛂𝛂 × 𝐅𝐅𝛃𝛃 × 𝐒𝐒𝐒𝐒𝛉𝛉 × 𝐞𝐞𝐞𝐞𝐞𝐞(𝛄𝛄×𝐏𝐏𝛚𝛚+𝛆𝛆
𝐑𝐑𝐑𝐑

) 

                

                

 

 

Specie α [mol/m3] β [-] θ [-] γ [J/mol.Pa] ω [-] ε [J/mol] R2 
H2 0.6 0.7 -0.1 0.8 0.7 0.7 0.9908 
CO 16.8 1 -1.2 -7 0.5 -15.5 0.8392 
CO2 1.2×102 1.2 3.2×10-2 -4×103 7.5×10-2 3.2×104 0.9794 
CH4 2.2×103 1 -0.5 -8.7×102 0.2 -2.8×103 0.9824 
H2O 1.1×102 0.9 0.9 -0.4 0.6 -1.3×102 0.9951 
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The positive values of θ in the case of CO2 and H2O can be attributed to the fact that the 
ESR reaction is promoted better at higher S/C ratio, probably due to the availability of 
excess water. The positive and larger value of γ in the case of hydrogen proves that the 
production rate of hydrogen in the CMR is directly proportional to the operating pressure. 
the same explanation can be given in the case of ω. Considering the value of α × Fβ, the 
lower value is obtained in the case of H2, which can be attributed to the significant effect of 
pressure, which appears in the exponential term. 
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